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Abstract
The methanation of carbon dioxide (CO2) via the Sabatier process is increasingly gaining interest for power-to-gas application. In this investigation, a microchannel reactor was evaluated for CO2 methanation at different operational pressures (atmospheric, 5 bar, and 10 bar), reaction temperatures (250‒400°C) and space velocities (32.6–97.8 L.gcat-1.h-1). The recommended operation point was identified at reactor conditions corresponding to 5 bar, 400°C, and 97.8 L.gcat-1.h-1. At this condition, the microchannel reactor yielded good CO2 conversion (83.4%) and high methane (CH4) productivity (16.9 L.gcat-1.h-1). The microchannel reactor also demonstrated good long-term performance at demanding operation conditions relating to high space velocity and high temperature. Subsequently, a CFD model was developed to describe the reaction-coupled transport phenomena within the microchannel reactor. Kinetic rate expressions were developed and validated for all reaction conditions to provide reaction source terms for the CFD modelling. Velocity and concentration profiles were discussed at different reaction conditions to interpret experimental results and provide insight into reactor operation. Overall, the results reported in this paper could give fundamental design and operational insight to the further development of microchannel reactors for CO2 methanation in power-to-gas applications.
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	Nomenclature
	Greek symbols

	
	
	
	

	A
	pre-exponential constant
	δs
	catalyst layer thickness, μm

	ai
	stoichiometric coefficient of species i
	ε
	porosity

	 
	local CO2 concentration, mol.m-3
	κ
	permeability, m2

	CF
	Forchheimer drag coefficient
	μ
	fluid viscosity, Pa.s

	Cp
	specific heat capacity of fluid, J.kg-1.K-1
	μeff
	effective Brinkman viscosity, Pa.s

	Dij
	binary diffusivity of species i in j, m2.s-1
	ρ
	fluid density, kg.m-3

	Dij eff
	effective binary diffusivity of species i in j, m2.s-1
	ρs
	catalyst density, kg.m-3

	Ea
	activation energy, J.mol-1
	ωi
	mass fraction of species i

	H
	channel height, μm
	

	ΔHr
	heat of reaction, J.mol-1
	Subscripts and superscripts

	k
	fluid thermal conductivity, W.m-1.K-1
	
	

	keff
	effective thermal conductivity, W.m-1.K-1
	atm
	atmosphere

	K(T)
	temperature dependant equilibrium constant
	cat
	catalyst

	L
	channel length, mm
	eff
	effective

	Mi
	molar mass of species i, g.mol-1
	in
	inlet

	Mj
	molar mass of species j, g.mol-1
	out
	outlet

	n
	empirical factor
	r
	reaction

	 
	total mole flow at inlet, mol.s-1
	s
	catalyst

	 
	total mole flow at outlet, mol.s-1
	
	

	P
	pressure, Pa
	Abbreviations

	Patm
	pressure, atm
	
	

	pi
	partial pressure of species i, bar
	CFD
	computational fluid dynamic

	R
	ideal gas constant, Pa.m3.mol-1.K-1
	d.b
	dry basis

	Rr
	reaction rate, mol.kg-1.s-1
	GHSV
	gas hourly space velocity, L.gcat-1.h-1

	rRWGS
	RWGS reaction rate, mol.m-3.s-1
	P2G
	power-to-gas

	rSB
	Sabatier reaction rate, mol.m-3.s-1
	PV
	photovoltaic

	t
	time, s
	RES
	renewable energy sources

	T
	temperature, K
	RWGS
	reverse-water-gas-shift

	T0
	reference temperature, K
	TCD
	thermal conductivity detector

	vi
	atomic diffusion volume of species i, cm3.mol-1
	wt.
	weight

	vj
	atomic diffusion volume of species j, cm3.mol-1
	
	

	vx
	axial velocity in x direction, m.s-1
	
	

	u
	fluid velocity vector
	
	

	W
	channel width, μm
	
	

	 
	CO2 conversion, %
	
	

	 
	CH4 yield, %
	
	

	yi
	mole fraction of species i
	
	

	
	
	
	




1. Introduction
 Renewable energy sources (RES) such as solar and wind are increasingly gaining acceptance as a significant portion of sustainable energy portfolios across many countries. Indeed, various developments have recently been made on photovoltaic (PV) and wind turbine technologies to exploit renewable sources for large-scale power generation [1]. Despite the recent technological advancements, the intermittency and fluctuation of solar and wind remain arguably the most important challenge in integrating renewable energy sources to the existing grid [2,3]. Recently, Sterner [4] introduced the concept of power-to-gas (P2G) in Germany’s “Energiewende” with the idea of storing excess renewable energy generated using renewable hydrogen. Essentially, the excess power generated by these renewables is harnessed in producing hydrogen (H2) through the water electrolysis process [5]. Since its first inception, the P2G concept has evolved to include various alternative implementation pathways extended to renewable methane (substitute natural gas) production specifically to enable sustainable capture and utilization of carbon dioxide (CO2) [1,6–8]. Carbon dioxide is widely recognized as a major greenhouse gas causing global warming. 
Renewable methane production achieved via methanation of CO2 in the Sabatier process (Eq. 1) is a particularly viable option for P2G implementation owing to an already existing natural gas infrastructure as well as the wide variety of applications (e.g. domestic heating and power generation) in different sectors such as the chemical industry, the mobility sector and the gas sector [8–10]. In the Sabatier reaction, H2 is combined with CO2 over a suitable catalyst to form methane (CH4). In this way, the P2G process has the ability to utilize CO2 which otherwise would have been vented into the atmosphere. The CO2 feedstock for the Sabatier process can be an industrial point source (for example; biogas plant, fossil-fuel fired power plant or cement manufacturing process [6,10,11]). The Sabatier reaction has been studied extensively on various metal catalysts such as Ni [3,7,11–17], Ru [18–27], Rh [28] and Pd [29]. Without exception, the aim of these early studies was performed for the purposes of catalyst screening, and Ru was found to be the most active metal [18,19,21,26]. This investigation also considered the RWGS reaction, as the combination of CO2 and H2 produces carbon monoxide (CO) as a carbon-containing by-product. The reversible Sabatier and RWGS reactions are given by Eqs. (1 and 2) respectively.
	(ΔHr = -165 kJ.mol-1)……………… (1)
	(ΔHr = +41 kJ.mol-1)……………… (2)
Nonetheless, the methanation reaction has often been implemented on a commercial scale using fixed-bed reactors such as the TREMP by Haldor-Topsoe [3]. However, there are several challenges which prohibit the application of conventional fixed-bed reactors to methanation within the context of P2G. Whilst fixed-bed reactors are designed for continuous operation, power-to-gas demands dynamic intermittent (start-stop) operation so that reactors having fast response times as well as load-following capabilities are vital. In view of this, fixed-bed reactors do not conform to these basic requirements seeing as the cold start-up time and ramp rate are in the order of hours. In addition, the highly-exothermic methanation reaction requires fast and efficient heat removal in order to avoid temperature excursions and catalyst thermal deactivation. Whilst there are various ways to circumvent the high exotherms of the methanation reaction, these are difficult to implement in dynamic operation. There is a need therefore to select a suitable reactor technology to satisfy the operational requirements of P2G. Microchannel reactors exhibit high heat and mass transfer rates owing to their small channels which give rise to small diffusion paths [30–33]. So, in the context of P2G, microchannel reactors are most likely to offer enhanced performance through improved heat management, better catalyst utilization and fast response times. 
Brooks et al. [18] demonstrated the Sabatier reaction only at atmospheric pressure in a microchannel plate heat exchanger using pure CO2 as the feedstock. In addition, a one-dimensional reactive plug-flow model was used in their work to interpret their experimental data. Chiuta et al. [34] showed that the flow condition within the porous washcoat and particularly at the inlet zone deviated from plug flow. VanderWiel et al. [24] investigated the Sabatier methanation in a packed-bed microreactor to convert atmospheric CO2 to fuels during manned missions to Mars. Several other studies [35,36] have demonstrated CO methanation in microchannel reactors, but these works are irrelevant to this investigation. Yet other studies [37–39] experimentally investigated selective methanation using simulated reformate CO/CO2 feed in microchannel reactors for fuel cell applications. Clearly, there is not sufficient literature on CO2 methanation in microchannel reactors for extension to P2G applications. In this investigation, the Sabatier process was demonstrated in a microchannel reactor at different operative conditions. In particular, the reactor performance was evaluated by investigating the effect of reactor pressure, temperature and space velocity. In addition, a three-dimensional CFD model was developed to obtain a fundamental insight and understanding into the operation of the microchannel reactor. 
2. Methodology
2.1 Experimental 
This section describes the apparatus and procedure followed during the experimental evaluation of the microchannel reactor for CO2 methanation purposes.
2.1.1 Microchannel reactor design
	The microchannel reactor (Figure 1) used for CO2 methanation experiments was designed in collaboration with Fraunhofer-ICT-IMM (Mainz, Germany). The reactor was fabricated on a 2-mm-thick stainless steel platelet (German grade SS314) onto which 80 microchannels (Figure 1a) was engraved on its surface using a wet chemical etching method described elsewhere [40]. Each microchannel (Figure 1d) had the following dimensions; W = 450 µm, H = 150 µm and L = 5 cm. The adjacent microchannels were separated by 250-µm-wide channel fins. Inlet and outlet distribution manifolds with right-angled triangular shapes were also fabricated to allow for evenly distributed fluid flow. An equally-sized 2-mm-thick stainless steel platelet without channels but with inlet and outlet manifolds (Figure 1b) was laser-welded to the washcoated channel-engraved platelet to complete the microchannel reactor.
Figure 1: Illustration of (a) the SS314 microchannel platelet with 80 microchannels engraved onto its surface with fluid distribution manifolds (b) the second platelet with only fluid distribution manifolds engraved for laser-welding to complete the microchannel reactor (c) five microchannels with catalyst washcoated to channel surfaces and (d) an uncoated microchannel with dimensions.
2.1.2 Catalyst preparation
	A commercial 8.5 wt.% Ru-Cs/Al2O3 (10010™, Acta S.p.A, Italy) catalyst was used for these experiments [41]. The Ru catalyst (BET surface area of 113 m2.g-1 and pore volume of 0.30 cm3.g-1) was washcoated onto each microchannel using sequential washcoating, drying and calcination steps described in the work of O’Connell et al. [40]. A 40-µm-thick porous catalyst washcoat layer was achieved and the reactor contained approximately 92 mg of catalyst.
2.1.3 Experimental Apparatus
	Figure 2 shows the apparatus set-up for CO2 methanation experiments in this investigation. The flow rates of feed (H2 and CO2) were controlled by the respective thermal mass flow controllers (Brooks SLA5850). Prior to the reactor, an ABB continuous gas analyzer (Model EL3020) was used to confirm a stoichiometric feed ratio of 4:1 (H2:CO2). The reactor temperature was measured using two K-type thermocouples positioned just below the reactor substrate wall. Heat was supplied to the reactor using two Watlow FIREROD® electric cartridge heaters (300 W) positioned within the heating block. The reactor pressure drop was recorded with an AT9000 DP pressure transmitter (Model GTX31D) connected to the reactor inlet and outlet piping. A needle valve at the reactor outlet was used to create a back-pressure for experiments performed at 5 bar and 10 bar. Water was condensed out before a product gas sample was analyzed in a SRI gas chromatograph (Model 8610C) equipped with TCDs. An Aalborg digital mass flow meter was used to measure the flow rate of the product gas.
Figure 2: Experimental setup used for CO2 methanation.
2.1.4 Experimental Procedure
Prior to experiments, the catalyst was reduced at 400°C under a pure H2 flow of 50 ml.min-1 for 1 h. Next, a N2 flow of 50 ml.min-1 was used for 30 minutes to remove residual H2 within the catalyst washcoat. For all experiments, a constant stoichiometric feed ratio of 4:1 (H2:CO2) was used. The reactor operating temperatures and feed flow rates were varied between 250–400°C in increments of 25°C and 50–150 ml.min-1 in increments of 25 ml.min-1, respectively. The flow rates correspond to gas hourly space velocity (GHSV) values between 32.6–97.8 L.gcat-1.h-1. In addition, experiments were conducted at atmospheric pressure, 5 bar and 10 bar to investigate the effect of pressure on the overall performance of the microchannel reactor. These temperature and pressure conditions were used to identify operating conditions near equilibrium CO2 conversion. The reactor was operated in a daily start-up and shutdown mode, with each cycle lasting 8 hours. Ten GC data samples taken in intervals of 15 min were averaged to obtain one experimental data point. The experimental data was reproducible within 5%. Lastly, an experiment to establish the long-term reactor stability was performed for a continuous period of 150 hours.
2.2 CFD model development 
This section describes the development of the CFD model, which was subsequently used to characterize and evaluate the reaction-coupled transport phenomena occurring within the reactor.
2.2.1 Model geometry
A discretized 3-D computational geometry (Figure 3) of a single microchannel was used for the CFD simulations presented in this paper to account for the velocity and concentration variations in the axial and transverse directions. The single-channel modelling approach is commonly used in literature and assumes all microchannels are identical and fluid flow is equally distributed among the channels [34,42–44]. In addition, symmetry was imposed at the half-width of the rectangular microchannel. The model geometry consisted of a free-fluid region together with a porous catalytic washcoat layer (δs = 40 µm). 
Figure 3: Discretized microchannel model geometry used for CFD modelling. An adaptive mesh consisting of 43 520 free-triangular elements was used.
2.2.2 Governing equations, model assumptions, and boundary conditions
Partial differential equations (Table 1) were used to describe the respective continuity, momentum, mass and energy conservation. The fluid flow was assumed weakly compressible, steady and laminar. Also, the multicomponent gas mixture was taken as an ideal gas. In addition, the catalyst washcoat was modelled as a pseudo-homogenous porous media where the morphological properties (porosity and permeability) of the washcoat were assumed constant. Furthermore, local thermal equilibrium was assumed to exist within the catalyst washcoat. The reactions were considered to take place in the porous catalyst washcoat and so, any homogeneous gas-phase reactions were ignored. 
	Table 1: Summary of governing equations for modelling the free-fluid and porous catalyst computational domains [34]

	Ideal gas law
	

	Free-fluid phase

	Continuity equation
	

	Navier-Stokes momentum equation
	

	Energy equation
	

	Species continuity equation
	

	Porous catalyst phase

	Continuity equation
	

	Brinkman-Forchheimer extended Darcy equation
	

	Energy equation
	

	Species continuity equation
	



Temperature-dependent correlations for the heat capacity, thermal conductivity and viscosity of each species were obtained from the Korean Thermophysical Properties Data Bank [45] and with the mass-fraction weighted rule, used to describe each property at local points along the microchannel. The Fuller-Schettler-Giddings (FSG) equation (Eq. 3) was used to estimate binary gas-phase diffusion coefficients [46,47]. To estimate the effective binary diffusion coefficients in the porous catalyst phase, the Bruggeman correlation (Eq. 4) was used to account for the porous effects on gas diffusion [48].
………………(3)
……………………..(4)
The governing equations were solved subject to some initial and boundary conditions. A stoichiometric molar ratio as well as a flat velocity profile (using an average inlet velocity) was specified at the channel inlet. At the exit boundary (outlet), the outlet pressure was defined as the reference operational pressure for the specific reactor condition. Furthermore, velocity, temperature and species mass fluxes normal to the outlet were set to zero. The no-slip and constant wall-temperature boundary conditions were applied at the channel walls. A symmetry boundary condition was applied at the center-plane to impose zero normal gradients in velocity, pressure, temperature and species mass fraction. Lastly, a continuity boundary condition was imposed for velocity, pressure, temperature and species mass fraction at the free-fluid porous catalyst interface.
2.2.3 Reaction rate equations
Chemical reaction kinetics for the Sabatier reaction along with the RWGS reaction were used to predict the reactant consumption and product formation as observed during the experiments. In open literature, a reversible elementary rate law is exclusively used for CO2 methanation kinetics. The reversible elementary rate law first derived by Lunde et al. [21,49,50] for the Sabatier reaction was modified by Ohya et al. [23] in Eq. (5 and 6), where reaction order (n), activation energy (Ea), and pre-exponential constant (A) were found to be 0.85, 69.06 kJ.mol-1 and 4.75×105 bar-2.5.s-1, respectively. A different catalyst (0.5 wt.% Ru/Al2O3) was used in both Lunde et al. [21,49,50] and Ohya et al. [23] and at low pressure. 
……………………(5)
…………………(6)
Lebarbier et al. [51] studied the RWGS reaction in methanol steam reforming and found that a first-order kinetic rate law (Eq. 7) with respect to CO2 concentration was adequate. Values were reported for Ea = 83.2 kJ.mol-1 and A = 3.40×108 s-1 for a 10 wt.% Pd/ZnO catalyst over the 250–400°C temperature range. For this investigation, this simplistic first order rate law will be used to predict CO formation. Again, the catalyst and pressure conditions for this evaluation were different to those used in the present investigation.
…………………….(7)
For this investigation, the kinetic parameters therefore needed to be adjusted owing to different catalyst properties as well as the different operative conditions used herein. Consequently, parameter estimation by regression was required and was carried out using the Nelder-Mead optimization algorithm in COMSOL Multiphysics® (finite-element based multiphysics simulation environment), where the objective function was defined as the sum of least squares between the experimentally-determined and model-predicted CO2 conversion. 
3. Results and discussion
This section presents the experimental and CFD modelling results together with the appropriate discussion of the presented results. The reactor performance was assessed using the parameters CO2 conversion and CH4 yield. These parameters were calculated from experimental data on a dry basis (d.b) and are defined by Eq. (8 and 9). 
 ..............................(8)
 ……………………..(9)
3.1 Assessment of kinetic rate equations
The kinetic parameters (rate constant, activation energy, and reaction order) for the Sabatier reaction and (rate constant, activation energy) for the RWGS reaction was obtained (Table 2) for each pressure condition. The experimental results reported in Figures 5 and 6 at all the operating conditions adopted were used. Each set of kinetic parameters was obtained when the model converged to an objective function value of 10-4. 
	Table 2: Kinetic parameter estimation for the Sabatier and RWGS reactions for different reactor pressure

	Atmospheric

	Sabatier 
	RWGS 

	A (bar-2.5.s-1)
	6.17×107
	A (s-1)
	2.94×107

	Ea (kJ.mol-1)
	77.96
	Ea (kJ.mol-1)
	89.83

	n
	0.85
	
	

	5 bar

	Sabatier 
	RWGS 

	A (bar-0.92.s-1)
	7.63×106
	A (s-1)
	1.76×107

	Ea (kJ.mol-1)
	74.73
	Ea (kJ.mol-1)
	85.94

	n
	0.305
	
	

	10 bar

	Sabatier 
	RWGS 

	A (bar-0.67.s-1)
	6.83×106
	A (s-1)
	3.63×106

	Ea (kJ.mol-1)
	69.35
	Ea (kJ.mol-1)
	77.36

	n
	0.222
	
	



	At atmospheric pressure, activation energy values for the Sabatier and RWGS reactions were observed to be within reasonable range of the reference values (69.06 and 83.2 kJ.mol-1, respectively) as reported by Ohya et al. [23] and Lebarbier et al. [51]. On the one hand, the activation energy for both reactions decreases slightly with increase in pressure. Conversely, a more noticeable decrease was observed for the Sabatier reaction order with increase in pressure. The parity plots in Figure 4(a–c) illustrate a good fit to the experimental data was achieved for the optimal kinetic parameters. In particular, the experimental conversion values show good linear relationships with the fitted data with R2 > 0.95 for all operative conditions. Furthermore, statistical analyses involving the 95% prediction interval show that the fitted rate expressions predicted the experimental conversions well enough to be used with confidence in the CFD model. 
Figure 4: Parity plot showing model-predicted CO2 conversion against experimental CO2 conversion at 95% prediction interval for (a) atmospheric pressure (b) 5 bar and (c) 10 bar
3.2 Experimental results
3.2.1 Effect of temperature and space velocity
To give perspective to the reported results, thermodynamic equilibrium data was first calculated using minimization of the Gibbs free energy in AspenPlus™ where the product species for both the Sabatier (Eq. 1) and RWGS (Eq. 2) reactions were used as possible products in the equilibrium calculation. Subsequently, the effect of reactor temperature and space velocity on CO2 conversion and CH4 yield is illustrated at atmospheric pressure in Figure 5(a and b). Generally, CO2 conversion and CH4 yield increased with increasing reactor temperature for all space velocities. For an exothermic reaction, it is expected that the reaction extent decreases with increasing temperature. In this case, however, CO2 conversion increased with temperature up to 400°C. Beyond this temperature, initial modelling results showed that the reversibility became significant in relation to steam reforming of methane (reverse Sabatier reaction) and CO2 conversion decreased. For this reason, reaction temperatures exceeding 425°C were avoided in this investigation. 
The highest CO2 conversion (80.4%) was obtained at 400°C and the lowest GHSV of 32.6 L.gcat-1.h-1. At lower temperatures (250–350°C), conversions below 50% were achieved for all space velocities investigated. Overall, the CO2 conversions at atmospheric pressure were unrestricted by thermodynamic limitations for all reaction temperatures considered. A similar trend with increasing temperature was observed for CH4 yield (Figure 5b). The highest CH4 yield was recorded for the lowest GHSV at 76.3%. The Sabatier reaction therefore dominated methane product formation, whilst small amounts of CO were produced by means of the RWGS reaction. For all operational conditions investigated, the CO percentage (d.b) did not exceed 2%.
The effect of GHSV on CO2 conversion is illustrated in Figures 5 and 6. An overall decrease in CO2 conversion was observed with increasing space velocity at atmospheric pressure (Figure 5a). This trend was more noticeable for reactor temperatures exceeding 325°C. With increasing GHSV, the reactants have a shorter contact time with the catalyst so CO2 conversion decreases. The decrease in CO2 conversion with increase in space velocity was more pronounced at atmospheric pressure than at 10 bar for a specific temperature. For example, a 30% decrease in conversion was observed at atmospheric pressure and 400°C whilst a 10% decrease was observed at 10 bar when the space velocity increased from the lowest to highest (Figure 6).
Figure 5: Effect of reaction temperature and space velocity on (a) CO2 conversion and (b) CH4 yield at atmospheric pressure
3.2.2 Effect of pressure 
An increase in reactor pressure (atmospheric to 10 bar) increased the equilibrium conversion (85.3% to 94.1% at 400°C) to favor product formation. For higher pressure operation, therefore, the CO2 conversion increased significantly with increase in reactor temperature (Figure 6a–b). For instance, the CO2 conversion at the lowest space velocity and 400°C increased from 80.4% (atmospheric pressure) to 90.4% (5 bar) to 94.5% (10 bar). Also, the CO2 conversion and CH4 yield were found to be similar at higher temperatures (>325°C) and 10 bar leading to the conclusion that all the CO2 was converted to CH4. It was observed that CO2 conversion became thermodynamically limited for the lowest space velocity (Figure 6a) for temperatures exceeding 350°C (equilibrium conversion at 10 bar and 350°C was 96.5%). On the other hand, the CO2 conversion was practically the same for 5 bar (83.4%) and 10 bar (83.6%) for operation at 400°C and the highest space velocity (Figure 6b). At these temperature and flow conditions, it would be recommended to operate the reactor at 5 bar owing to the possible savings in compression cost re the balance-of-plant. 
Figure 6: Effect of reactor pressure on CO2 conversion as a function of temperature at (a) 32.6 L.gcat-1.h-1 and (b) 97.8 L.gcat-1.h-1
3.2.3 Performance stability 
The performance durability test (Figure 7) shows that CO2 conversion remained stable (86.04 ± 3%) throughout the 150-h which the reactor endured under demanding reactor conditions (375°C, 10 bar and 65.2 L.gcat-1.h-1). These results suggest no detectible deactivation of the catalyst occurred. Overall, the reactor integrity and its long-term performance were not affected by daily reactor start-up and shutdown cycles at which the reactor was exposed prior to the 150-h continuous time-on-stream. The microchannel reactor can therefore withstand dynamic operation required for power-to-gas applications. 
Figure 7: Performance stability of microchannel reactor showing CO2 conversion vs. time-on-stream. Experimental conditions: Pressure = 10 bar, Temperature = 375°C and GHSV = 65.2 L.gcat-1.h-1
3.2.4 Recommended operating conditions 
Generally, the microchannel reactor showed adequate performance at high temperature, high pressure operating conditions. The recommended operating point needs to be selected as that at which maximum methane throughput is produced. From the results, it is apparent that the maximum CO2 conversion was achieved at 375°C and 10 bar for the lowest space velocity investigated (32.6 L.gcat-1.h-1). However, a specific CH4 production rate of 5.91 L.gcat-1.h-1 was achieved, which is somewhat low. Therefore, high space velocities are essential to maximize the CH4 production rate necessary to implement P2G at a reasonable scale. At the highest space velocity (97.8 L.gcat-1.h-1) and highest temperature, the CO2 conversion for 5 bar and 10 bar is practically the same. Subsequently, the reactor will be more efficient operating at 5 bar pressure to reduce on operational expenditure relating to gas compression. In view of this, the recommended operating point for maximized CH4 production rate are summarized in Table 3. In terms of potential application, the product gas has the same methane content as that normally produced in biogas plants (anaerobic digesters). The advantage of the product gas produced in this instance however resides in the low CO2 content (8% vs. 55% [52]) and absolutely no sulphur compounds making it attractive for direct application. The excess hydrogen can be separated using a hydrogen-selective membrane process and recycled to add-up to the fresh renewable hydrogen. This may also reduce the fresh hydrogen requirement for the methanation process in a realistic power-to-gas application. Given the excess hydrogen in the product stream, it is rather appealing to operate the reactor at a lower H2/CO2 ratio. However, modelling results showed that the CO2 conversion decreased by 10% when the H2:CO2 ratio was lowered to 3:1 at 10 bar, 400°C, and 97.8 L.gcat-1.h-1. Hoekman et al. [7] also showed a similar trend for methanation of a dilute CO2 feed but indicated lower H2/CO2 ratios lead to more efficient use of available hydrogen.
	Table 3: Optimum reactor conditions for CH4 production

	Reactor catalyst
	8.5 wt.% Ru/Al2O3

	Catalyst weight (mg)
	92

	H2:CO2 molar feed ratio
	4:1

	Reactor temperature (°C)
	400

	Reactor pressure (bar)
	5

	GHSV (L.gcat-1.h-1)
	97.8

	CO2 conversion (%)
	83.4

	CH4 yield (%)
	83.5

	CH4 productivity (L.gcat-1.h-1)
	16.9

	Product composition (d.b)
	CH4
	0.43

	
	CO
	0.01

	
	H2
	0.48

	
	CO2
	0.08



3.3 CFD modelling results
3.3.1 Velocity profiles
In Figure 8, the velocity distribution within the microchannel is presented for the different operative conditions (pressure and temperature) at the lowest space velocity. At the lowest reaction temperature and atmospheric pressure (Figure 8a), the axial velocity increases quickly in the channel entrance zone and remains constant at a maximum of approximately 0.41 m.s-1. This velocity profile is more indicative of non-reactive flow (pipe flow). Indeed, the CO2 conversion was very low (6.6%) at these operating conditions and so, the change in velocity profile is unnoticeable. At the same temperature and higher pressure (Figure 8b), the axial velocity initially increases to 0.41 m.s-1 and then a slight decrease along the reactor length is observed as the reactants are consumed at a higher rate. The stoichiometry of the Sabatier reaction dictates a net decrease in moles, and so it is expected that a higher extent of reaction (CO2 conversion) exhibits with a consequent reduction in velocity. The reduction in velocity is more pronounced for high-temperature and high-pressure operation as shown in Figure 8(d). In this instance, the increase in velocity is limited to the entrance region and reduces to a constant value midway along the reactor length. A low fluid velocity is observed throughout the porous catalyst washcoat.
Figure 8: Contours of the axial velocity component (vx) along the microchannel reactor in the x-z plane for (a) 250°C, atmospheric pressure (b) 250°C, 10 bar (c) 400°C, atmospheric pressure and (d) 400°C, 10 bar. The flow conditions correspond to the lowest space velocity where the channel inlet velocity is 0.256 m.s-1.
3.3.2 Concentration profiles
In this section, only the concentration profiles pertaining to high-pressure (10 bar) and high-temperature (400°C) operation are presented in Figure 9(a–d). The species mole fractions were observed to plateau at half-way along the channel length for low-flow conditions (Figure 9a). This also confirms the analysis from the velocity profiles, particularly Figure 8 (d). A more efficient reactor however needs to utilise the full reactor length, and high-flow conditions are required. Figure 9(b) shows that the channel length is utilised with no detrimental effect on the methane concentration at conditions corresponding to the highest space velocity (three times the lowest space velocity). The CO concentration at both low and high-flow conditions remains well below 5%. In fact, an analysis of the reaction mechanism contributions in Figure 9(c) shows the RWGS as secondary to the Sabatier reaction. The rate of CH4 formation is about 20 times higher than that of CO at the inlet of the channel, and tends to decrease down the length of the reactor as conversion reaches equilibrium. However, to describe the formation of CO as a by-product is still important as it contributes to the overall CO2 conversion. It is noteworthy to mention that the simple first-order rate law used in this investigation slightly overestimated CO formation, and we therefore suggest that equilibrium-limited kinetics such as Langmuir-Hinshelwood type is used in future work. Figure 9(d) shows the methane concentration profiles flattening away from the channel inlet indicating the importance of the reaction zone at the inlet relative to the far-field reaction zones.
Figure 9: Concentration profiles along reactor length in terms of (a) species mole fraction (d.b) at 32.6 L.gcat-1.h-1 (b) species mole fraction (d.b) at 97.8 L.gcat-1.h-1 (c) reaction rate at 97.8 L.gcat-1.h-1 and (d) methane concentration as a function of channel height (z/H) at different axial locations (x = 10, 100, 300 and 500 µm) from channel inlet at 97.8 L.gcat-1.h-1. The reaction conditions represent operation at 400°C and 10 bar.
4. Conclusions
	This investigation aimed at evaluating and demonstrating a microchannel reactor for the methanation of CO2 at different operational conditions. The reactor showed good performance in terms of CO2 conversion and CH4 yield with the best results obtained at 10 bar and 375°C for the lowest GHSV (32.6 L.gcat-1.h-1) investigated. At these reaction conditions, a CO2 conversion and CH4 yield of 96.8% and 97.5% was attained, respectively. The recommended operating point was however selected as that at which the maximum methane productivity was produced i.e. a high space velocity (97.8 L.gcat-1.h-1), 5 bar and 400°C. The microchannel reactor could produce methane at 16.9 L.gcat-1.h-1 and still show a CO2 conversion of 83.4% at the recommended operating point. A CFD model was developed to provide important insight into reaction-coupled fluid flow and mass transport phenomena within the microchannel reactor. The Sabatier and RWGS kinetics were used to quantify the formation of CH4 and CO at different operative conditions, respectively. The RWGS was seen to be secondary to the Sabatier reaction for all operating conditions. High-temperature and high-pressure conditions were observed to yield favourable flow characteristics and concentration profiles. High-flow conditions were deemed necessary to achieve an efficient reactor that utilises the entire reactor length. Whilst the stoichiometric H2/CO2 feed ratio provided the best CO2 conversion, more efficient use of hydrogen could be obtained at a lower feed ratio. Overall, the results presented in this paper pinpointed on the important aspects of realizing CO2 methanation at the micro-scale and could provide a platform for further optimization studies. 
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