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ABSTRACT

The demand for energy is increasing throughout the world, and fossil fuel resources are
diminishing. At the same time, the use of fossil fuels is slowly being reduced because it pollutes
the environment. Research into alternative energy sources becomes necessary and important. An
alternative fuel should not only replace fossil fuels but also address the environmental challenges
posed by the use of fossil fuels. Hydrogen is an environmentally friendly substance considering
that its product of combustion is water. Hydrogen is perceived to be a major contender to replace
fossil fuels. Although hydrogen is not an energy source, it is an energy storage medium and a
carrier which can be converted into electrical energy by an electrochemical process such as in

fuel cell technology.

Current hydrogen production methods, such as steam reforming, derive hydrogen from fossil
fuels. As such, these methods still have a negative impact on the environment. Hydrogen can
also be produced using thermochemical cycles which avoid the use of fossil fuels. The
production of hydrogen through thermochemical cycles is expected to compete with the existing
hydrogen production technologies. The sulphur iodine (SI) thermochemical cycle has been

identified as a high-efficiency approach to produce hydrogen using either nuclear or solar power.

A sound foundation is required to enable future construction and operation of thermochemical
cycles. The foundation should consist of laboratory to pilot scale evaluation of the process. The
activities involved are experimental verification of reactions, process modelling, conceptual

design and pilot plant runs. Based on experimental and pilot plant data presented from previous
research, this study presents the simulation of the sulphur iodine thermochemical cycle as
applied to the South African context. A conceptual design is presented for the sulphur iodine

thermochemical cycle with the aid of a process simulator.

The low heating value (LHV) energy efficiency is 18% and an exergy efficiency of 24% was

achieved. The estimated hydrogen production cost was evaluated at $18/kg.

Keywords: Smulation; sulphur iodine; thermochemical cycle; low heating value; exergy.
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Chapter 1 Introduction

CHAPTER 1: Introduction

“A case is made for an energy regime in which all energy sources would be used to produce hydrogen, which could

then be distributed as a non-polluting multipurpose fuel”. (Gregory, 1973:1)
1.1 Background and motivation

The demand for energy is increasing every year, as most developing nations get industrialized
and industrialized nations increase their productivity. Fossil fuels and oil contribute 86% and
33% of the total world energy respectively (World Energy Outlook, 2010). With an energy
supply that is based on fossil fuels, there is so much uncertainty about the future of the world
energy. Fossil fuels emit carbon based gases which are known as the green house gases. Green
house gases have been proven to be the major cause of global warming. The United Nations
(UN) conference held in Copenhagen in 2009 on climate change resulted in the signing of the
Copenhagen Accord by major emitting countries (World Energy Outlook, 2010). The Accord
sets a non-binding aim of limiting the increase of the global temperatufeChyTe aim can be
achieved by cutting global emissions, meaning that there should be a cut in the use of fossil
fuels. The energy demand will still be the same after a reduction in the use of fossil fuels;
therefore a replacement fuel will need to be introduced to meet the demand. Alternative fuels
have been suggested as one of the solutions to the problems brought about by the use of fossil
fuels (Alternative Fuels Data Centre, 2011).

The alternative fuels are biodiesel, bio-ethanol and hydrogen. Biodiesel is produced by the trans-
esterification of oils or fats and is a liquid similar in composition to fossil diesel. The main
sources of the fuel are soy-bean oil, waste cooking oil and animal fat. Bio-ethanotluced
through the fermentation of sugars, starches and cellulose by the action of micro-organisms and
enzymesCorn grains and agricultural waste are one of the most common sources of bio-ethanol
(Alternative Fuels Data Centre, 2011). Biodiesel and bio-ethanol have one major disadvantage,
that some of the raw materials come from agricultural produce. The main method of obtaining
food is through agriculture; therefore a diversion of some food products like soy bean into the

energy sector will create a burden to the agriculture sector.
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Hydrogen is not a natural fuel but can be synthesized from coal, oil, water or natural gas. Also it
can be produced by splitting molecules of water when an electrical current passes through the
water (Gregory, 1973:19). From an environmental perspective, hydrogen produced from water
with a non polluting energy source is environmentally friendly because when hydrogen burns, its
only combustion product is water. None of the fossil fuel pollutants — carbon based oxides,
sulphur based oxides, hydro-flouro-carbons, particulates and photo-chemical oxidants can be
produced in the combustion of hydrogen (Gregory, 1973:19). There are major disadvantages
associated with the use of hydrogen as a fuel. Kreith & West (2004:249) argued that currently no
available hydrogen technology, irrespective of the primary energy source to produce electricity
has a comparable efficiency to using the electric power directly from any of the primary sources.
Therefore it is implied that using hydrogen as an energy carrier has a disadvantage of energy

losses due to inefficiencies of the technologies employed.

Methane gas constitutes 80% as a source of the hydrogen gas produced currently. 10 and 33.5%
of produced hydrogen is used in the metallurgy and petroleum industries respectively today
(Fraser, 2003:6). In comparison to different hydrogen production methods, electrolysis and
thermochemical cycles do not depend on natural gas as the primary raw material. Producing
hydrogen via electrolysis and thermo-chemical cycles has an advantage considering that the
processes can be run at low temperatures and emissions can be controlled depending on the
energy source. However high temperature electrolysis is more favoured than the traditional room
temperature electrolysis because the process is cheaper when energy is supplied as heat and the

electrolysis reaction is faster at high temperatures.

In thermochemical processes, water, heat and electricity are the inputs; hydrogen and oxygen are
produced by a series of reactions (Mulinal. 2006:3). The reactants are compounds which are
consumed and regenerated within the process. The reactions occurring within are fired thermally
or through electrical energy. Heating, cooling and separation processes are applied to reaction
products between reaction vessels. Normally hydrogen and oxygen are produced and separated
in different reactions or sections. This eliminates the problem of having a mixture of the two

gases, hydrogen and oxygen. Figure 1.1 shows a basic two reaction steps thermochemical cycle.
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Figure 1.1: Basic two step thermochemical cycle

It is assumed that the two reactions take the form of Equation 1.1 and 1.2 and take place in
reactors R1 and R2.

A—>B+C+0 (1.1)
B+C+HO —»A+H (1.2)

In Figure 1.1 and Equations 1.1 to 1.2, a simple two step thermochemical cycle involves reactant
A decomposing into B, C and oxygen in reactor R1. Oxygen is separated from the other products
in separator S1, and, B and C are sent to the next reactor R2, where water is added by means of a
mixer. B and C are oxidized into A and hydrogen is produced in reactor R2. Hydrogen is
separated and A is sent to the first reactor, completing the thermochemical cycle. It is clear from
Figure 1.1 and Equations 1.1 to 1.2 that the process only consumes water and the end products

are oxygen and hydrogen.

Unlike high temperature electrolysis, thermo-chemical cycles can convert low-level thermal
energy directly into chemical energy; the temperature of operation can go as low°@s 500
compared to 200C in high temperature water electrolysis. Grél. (2008:4511) performed an
economic sensitivity analysis for three different solar powered hydrogen producing technologies,
i.e. hybrid sulphur thermo-chemical cycle, metal oxide based thermo-chemical cycle and
electrolysis. The hydrogen costs compared well with that for electrolysis. Thermochemical

3
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cycles are set to be the solution for large scale production of hydrogen to meet the consumer
market because they are continuous processes with water as the main fe@tsteckre over

200 documented thermo-chemical cycles (Funk, 2001:185). Conceptual studies and design of
different thermochemical cycles have been presented by different authors. Leybabs
(2009:9060), Gonzaleet al. (2009:4179), Chukwu (2008:1) and Gorensek & Summers
(2009:4097) presented the conceptual designs and simulations of the sulphur iodine, copper
sulphate, copper chlorine, and hybrid sulphur cycles respectively. Included in the conceptual
designs presented where the unit production costs for the processes. Table 1.1 shows a summary

of the thermochemical cycles.

Table 1.1: Summary of thermo-chemical cycles.

Cycle Operating Temperature | Production Cost | Year of evaluation | Factored cost
°C) ($/kg)
Sulphur lodine 867 1.95% 2009 1.95
Hybrid Sulphur 867 1.60@ 2005 1.78
Copper Chlorine 540 2.020 2009 2.02
Copper Sulphate 850 >2.509 2009 >2.50
uT-3 760 5.00® 1996 6.84
Hybrid Chlorine 850 3.00® 2009 3.00

(1) Wanget al. (2009:1); (2) Summers & Buckner (2005:324); (3) Gonzateal. (2009:4179); (4) Sakurait al.
(1996a:866); (5) Gooding (2009:4177)

To factor for the time value of money, annual chemical (CE) indices given by the Chemical
Engineering journal, (Chemical Engineering, 2011) are used. 2009 is chosen as the base year to
create the factored cost column on the table. Saktiedi (1996a:866), evaluated the production

cost for the UT-3 cycle as $35/GJ which translates to a cost of $5/kg.

From Table 1.1, the copper chlorine cycle has the lowest temperature of operation which makes
it favourable; however the presence of solid reactants within the processes is a major drawback.
It is clear that the two sulphur based thermochemical cycles have low hydrogen production costs.
Sulphur cycles are considered one of the simplest thermochemical cycles comprising of only
fluid reactants and a few reaction steps, two and three for the hybrid sulphur and sulphur iodine
cycles respectively (Gorensek & Summers, 2009:4098). Unlike the hybrid sulphur cycle, the

sulphur iodine cycle is purely thermochemical. A cycle is considered hybrid when one of the
4
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reactions requires an electrical input, for example, an electrolysis reaction occurring within the
cycle of reactions. It is against this background that the sulphur iodine cycle was chosen for

study in this dissertation.

Conceptual studies and design of the sulphur iodine thermochemical cycle have been presented
by different authors (Leybrost al. 2010:1018; Wanget al. 2009:1; Normaret al. 1977:2;
Goldsteinet al. 2005:619). The studies have been done with support from different institutions
such as General Atomic, Savannah River National Laboratory, Sandia National Laboratory and
Argonne National Laboratory. Research is being undertaken to evaluate the possibility of using
platinum based catalysts for the high temperature decomposition of sulphuric acid (&irabsar
2007:482). South Africa has become the focus of the world for the research and development of
the production of hydrogen because South Africa has 75% of the world’s platinum mineral
deposits (Cawthorn, 1999:481). Generally, some of the studies that have been presented

concerning the Sl cycle have not addressed the following issues:

The suitable technology and materials of construction used

* The resulting product selling price

* A presentation of a detailed process heat exchanger network
* A detailed exergy analysis

» The possibility of matching of the Sl cycle with a high temperature source

In an effort to foster the research and development on the production of hydrogen, The South
African Department of Science and Technology, through the National Hydrogen and Fuel Cells

Technologies Research, Development and Innovation Strategy established Hydrogen South
Africa (HySA) in 2007. HySA is based in three competence centres:

* HySA Systems hosted by the University of Western Cape, is a technology validation and
systems integration centre on hydrogen and fuel cell technology (HySA, 2011)

* HySA Catalysis co-hosted by the University of Cape Town and MINTEK, focuses on
catalysis associated with the hydrogen production and storage (HySA, 2011)
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* HySA Infrastructure co-hosted by the North West University and the Centre for Scientific
and Industrial Research (CSIR) which focuses on a number of key technologies in
hydrogen production, storage and distribution. Further research on the production of
hydrogen from other energy generators such as natural gas, biomass, solar, wind, and
nuclear is intended (HySA, 2011)

This study falls under the HySA Infrastructure in the Department of Chemical and Minerals
Engineering at the North West University and is intended to be a contribution to research on
hydrogen production through the SI cycle in view of the South African context. However not all
the shortcomings pointed out can be addressed, but a detailed heat exchanger network, an exergy

analysis and an economic analysis to determine the product selling price are performed.
1.2 Objectives

The main objective of this study is to develop an Aspen'Plsisnulation of the sulphur iodine

cycle for the production of hydrogen. The sub-objectives of this study are as follows:

* To give a conceptual design of the sulphur iodine cycle for 1 kmol/s hydrogen
production.
« Complete an economic and energy analysis of the sulphur iodine thermochemical cycle

» Present a comparison with other studies that have been done.
1.3 Scope of study

The hydrogen produced is assumed to meet the hydrogen demand for the replacement of fossil
fuels used in the transport industry. South Africa is the target market, and a design basis is
determined via the market survey. Aspen Pfuis the simulation package that is going to be
used for the production of flowsheets. In the design optimisation, emphasis is on the energy
efficiency and economic viability of the process. The dissertation is structured as follows, with
Figure 1.2 showing a summary of the scope:



Chapter 1 Introduction

» Chapter 1: Introduction — Details of the background and motivation, objectives and scope
of the study.

» Chapter 2: Literature survey — Literature study of hydrogen production and special
attention on different types of thermochemical cycles.

» Chapter 3: Design Framework — Process design, market survey and design basis.

» Chapter 4: Simulation Framework — Simulation packages, their selection and validation.

« Chapter 5: Aspen PIIi Process Simulation — Conceptual development of the sulphur
iodine cycle.

» Chapter 6: Process Energy Optimisation — Heat integration, exergy and energy analysis.

» Chapter 7: Economic Evaluation — Estimation of investment cost, product selling price
and profitability analysis.

» Chapter 8: Conclusion and Recommendations — Conclusions and recommendations for

future work.
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CHAPTER 2: Literaturesurvey

“A man’s feet must be planted in his country, but his eyes should survey the world” George Santayana

2.1 Introduction

The demand for more energy and electrification will increase as developing countries get fully
industrialised, at the same time, the petroleum fuel reserves will be disappearing. Petroleum is
mainly used in the transport industry. The energy consumption share for the transport industry is
20%. Figure 2.1 shows the share of energy consumption for South Africa in 1990 (Winkler,
2006:24)

Agriculture
/ 3%

Industry
45%
Other
2%
Residential Commerce
10% 3%

Figure2.1: Share of energy consumption in South Africa, 1990 (Winkler, 2006:24).

The Non Energy sector consumes 17% of the total energy; this is the energy resource that is

converted into another product such as wood being converted to paper.

There are alternative energy sources to petroleum, the most common being biodiesel, light
natural gas and ethanol. Hydrogen and natural gas have major sources which do not depend on
agriculture, but natural gas may face the same problem as that of petroleum reserves, as the

underground natural gas reserves may run out in the future. Compared to natural gas, energy
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transferred through hydrogen as a carrier has zero emissions when used in fuel cell applications.
Therefore in anticipation of the expected energy crisis there will be a need for supplementation
and the eventual substitution of fossil fuels with clean energy supplied in the form of hydrogen
as a carrier. The estimated annual world total consumption of electricity in 2002 was 16PWh and
when extrapolated to the year 2050 could range between 36 — 82PWh, also the estimated world
vehicle fleet of about 900 million vehicles consuming about 360 billion gallons of petrol will
increase to about 1.5 billion vehicles in 2050 and could be operated by 260 billion kilograms of
hydrogen (Kruger, 2005:1515). To meet the demand, there should be a large scale production of
hydrogen.
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2.2 Hydrogen production

2.2.1 Introduction

The steam-iron process is one of the oldest methods for producing hydrogen from a wide variety
of fossil fuels such as coal (Hacketral. 2000:531). Today, almost half the hydrogen produced

in the world is obtained from natural gas via steam reforming process (Padro & Lau, 2002:2).

The energy efficiency of the processes for hydrogen production varies around 50 — 60%. Energy
efficiency in this dissertation is defined as the ratio of the energy output to the energy input for a
process that is converting one form of energy to another. The different methods of producing

hydrogen are as follows:

e Steam reforming

» Partial oxidation

e Steam-iron process

e Thermal decomposition
» Electrolysis

e Thermo-chemical processes

2.2.2 Methods of producing hydrogen

In steam reforming, natural gas or other fossil fuel such as coal or hydrocarbons reacts with
high pressure steam in a catalytic converter. The process strips away the hydrogen atoms, leaving
carbon dioxide as the by product. Coal can be reformed through the gasification process to
produce hydrogen, but this is more expensive than using natural gas and also releases.more CO
Steam reforming is energy intensive since it operates at very high temperatures (858G)— 950
and pressure (35 atm), the energy efficiency is seldom greater than 50% (Padro & Lau, 2002:2).
Steam reforming of ethanol has also been reported with ethanol conversion as high as 98% at
380°C and 100% at 56T (Sunet al. 2004:1075). One major disadvantage of steam reforming is

the production of carbon dioxide gas.

In partial oxidation processes, a hydrocarbon fuel such as ethanol or methanol and oxygen or

air are combined in proportions such that the fuel is converted into a mixturg afdHCO

13
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(Padro & Lau, 2002:2). There are several modifications of partial oxidation processes, depending
on the composition of the feed and type of the fossil fuel used. Partial oxidation processes can be
carried out as catalysed reactions. The non-catalytic partial oxidation process operates at high
temperatures (1100-1500°C), and can use any possible feedstock, including heavy oils and coal
(Padro & Lau, 2002:2). The catalytic process is carried out at lower temperatures (600-900°C)

and in general, uses light hydrocarbon fuels as feedstock, e.g. natural gas and naphtha. A

conversion efficiency of 50% has been reported by Lyubogsky. (2004:114).

The steam-iron process is one of the oldest methods for producing hydrogen from a wide
variety of fossil fuels, such as coal and petrochemical products (Hatler2000:531). The

steam iron process produces high-purity hydrogen (CO < 10ppm) by separating the hydrogen
production and fuel oxidation steps using an iron oxide reduction-oxidation regenerative system.
The steam iron process has been modified for fuel cell applications, where the sponge iron is
oxidised in a multiple bed reactor to provide high-purity hydrogen to a fuel cell. Depleted beds
are regenerated by a reduction reaction using synthesis gas delivered from a methane-fuelled
steam reformer. The process is multi-stage, requires high temperatures for the reduction of the
magnetite (F¢D,) to sponge iron and has an additional step of natural gas steam reforming
(Padro & Lau, 2002:3). Practically all carbon present in a hydrocarbon fuel used for hydrogen
production is converted into carbon dioxide and vented to the atmosphere. Biteder
(2009:125) reported energy conversion efficiency of 53% for the pyrolysis of oil using the steam

iron process.

Thermal decomposition processes, thermally decompose hydrocarbon fuel, particularly natural
gas, into its constituent elements; hydrogen and carbon. Thermal decomposition has been
employed for the production of carbon black with hydrogen being a by-product and
supplementary fuel for the process (Padro & Lau, 2002:3). Currently, thermal decomposition
processes, as a source of carbon black, have very limited applications. Thermal decomposition of
water has also been practiced (Baykara, 2004:1452), more specifically solar thermolysis. Reactor
operation is at temperatures above 220@nd at atmospheric or sub-atmospheric pressure
levels. A 31% energy conversion efficiency is predicted by Mdad. (2009:7676) for the solar

thermal decomposition of methane.
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In electrolysis, water is decomposed into hydrogen and oxygen in an electrolysis cell upon the
passage of an electrical current through a conductive electrolyte. Hydrogen is produced at the
cathode whilst at the same time oxygen is produced at the anode of the electrolysis cell. By mid
nineteenth century, electrolysis of water was the cheapest method of producing hydrogen
(Bockriset al. 1984:179). High temperature electrolysis involves a supply of heat energy which
results in high temperature, this process is more efficient than room temperature electrolysis as
the heat supplied will result in less electrical energy being supplied to the electrolysis cell,
bearing in mind that electrical energy is more expensive than heat. Above all, high temperatures
increase the rate of electrolysis reaction. Water electrolysis using proton exchange membrane
(PEM) based electrolysers is receiving much attention in the field of research and development
and increased efficiency has been reported by several research authors. The theoretical voltage to
decompose pure water is 1.23 V, but in industrial applications, conventional electrolysers need at
least 1.7 to 2.0 V (Gorensek & Summers, 2009:4099).

In thermo-chemical processes, water, heat and electricity are the inputs, hydrogen and oxygen
are produced by a series of reactions (Muwliral. 2006:3). The reactants are compounds which

are consumed and regenerated within the process. Hybrid cycles include both thermo-chemical
and electrochemical reactions for water splitting. This technology offers the possibility of lower
temperatures in process reactions and the possibility of using electricity as a substitute for one of
the chemical reactions (Summers, 2009:5). The use of nuclear energy or solar as the heat source
for a large-scale hydrogen production operation could result in substantially lower carbon
emissions (Schultz, 2003:13). Nuclear power plants with graphite moderated high temperature
reactors are also capable of co-generating electricity and hydrogen which could provide
additional commercial flexibility. The energy conversion efficiency was evaluated to be 42%
(Gorensek & Summers, 2009:4099).

Table 2.1 gives a comparative summary of some of the different types of hydrogen production

methods.
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Table 2.1: Hydrogen production methods.

Literature Survey

Process Possible I nputs Operating Environmental Efficiency
temperature (°C) | Impact %
Steam reforming | Natural gas, fossil fuel, ethan@50 - 950 C@ SO, and NG | 50%
catalyst, heat emissions
Partial oxidation | Natural gas, fossil fuel, ligh600 — 1500 C@ SQ, and NG | 50
hydrocarbons e.g. naphtha, heat emissions
Steam-Iron Natural gas, fossil fuel, catalyst1000 CO,, SQ.and NQ | 539
heat emissions
Thermal Natural gas, water, heat 2200 CO,, SO, and NQ | 53¥
decomposition emissions
Electrolysis Water, electricity, heat 25 — 2000 Clean if electricity| 68
is from hydro
power plant
Thermo-chemical| Water, electricity, heat >500 Clean if heat is 42
cycle from a clean
source

(1) (Padro & Lau, 2002:2); (2) Lyubovskst al. (2004:114); (3) Bleekeet al. (2009:125); (4) Maaget al.
(2009:7676); (5) (Gorensek & Summers, 2009:4099); (6) (Gorensek & Summers, 2009:4099).
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2.2.3 Comparison of hydrogen production methods

It is clear from Table 2.1 that the efficiencies of the hydrogen production methods mentioned
varies from 50 to 60% and all the methods have negative environmental impact except
electrolysis and thermochemical cycles. The amount of carbon dioxidear8ONQ gases
emitted into the atmosphere when hydrogen is produced by methods other than electrolysis and
thermochemical cycles is destructive to the atmosphere. Producing hydrogen via electrolysis and
thermo-chemical cycles has an advantage considering the following:

* processes can be run at low temperatures and emissions can be controlled depending on

the energy source
» the major raw material is water

» the processes can be coupled with solar energy

Unlike electrolysis, thermo-chemical cycles for splitting water can convert low-level thermal
energy directly into chemical energy by forming hydrogen and oxygen. Water splitting is
achieved by a series of reactions within the cycle. The overall result is a mole of water input
producing a mole of hydrogen and half a mole of oxygen. &raf. (2008:4511) performed a
sensitivity analysis for three different solar powered hydrogen producing technologies, i.e.
hybrid sulphur thermo-chemical cycle, metal oxide based thermo-chemical cycle and
electrolysis. The hydrogen costs were $7.7/kg for the hybrid sulphur cycle, $9.5/kg for the metal
oxide based cycle and $8.2/kg for electrolysis based on a Euro to US$ exchange rate of 1.42. The
results show that there are some thermo-chemical cycles from the possible over 200 documented
cycles that can produce hydrogen at much lower costs than electrolysis. The investment of a
hybrid sulphur cycle is almost 17 times than that of an electrolysis plant. The high investment is
attributed by the construction of a complex chemical plant composed mostly of acid corrosion
resistant and high temperature construction materials. A hybrid thermo-chemical cycle integrates
a Brayton Cycle (Grakt al. 2008:4516; Gorensek & Summers, 2009:4099; Simpoal.
2005:1243). Therefore, a hybrid cycle can generate its own electricity, hence the electrical
energy supplied to the cycle is bound to be lower than that supplied to an electrolysis plant. This

becomes more significant when the cost of electricity is high. The operation and maintenance
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costs of electrolysis are considerably higher than that of the hybrid sulphur cycles(Giaf
2008:4518).

The theoretical voltage for the electrolysis of pure water is 1.23V. However, the majority of
conventional electrolysers need at least 2.0 V when economically reasonable current densities
are maintained (Gorensek & Summers, 2009:4099). This value translates to a water electrolysis
electrical efficiency of about 62%. If a thermal-to-electric conversion efficiency of 45% is
assumed (HTGR powered electrolysis), the total heat requirement is 895kJ/ th@yHroset

al. 2009:9073).

Although very few thermo-chemical cycle plants have been commissioned, the efficiencies
reported by various authors are slightly higher than that of electrolysis and the total heat
requirement is lower than 895kJ/mok KLeybroset al. 2009:9073; Gorensek & Summers,
2009:4097; Lewi®t al. 2005:10; Chukwu, 2008:79).
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2.3 Overview: Thermochemical cycles

2.3.1 Introduction

A number of thermo-chemical cycles have been studied since the early 1960’s (Funk, 2001:185).
Many cycles have been published, i.e. over 200 cycles. Not many cycles have been put through
the rigorous chemical engineering process of detailed thermodynamic calculations, laboratory
testing to verify the calculations or to develop necessary chemical and physical properties,
preparation of process flowsheets including mass and energy balances and showing low,
temperature, pressure and composition throughout the process, equipment design, and finally
making the cost estimates which yield both capital and operating costs (Funk, 2001:189). A
selection has to be made from the wide range of thermo-cycles that have been studied. The
selection was made in the International Round Table on Direct Production of Hydrogen from a
nuclear heat source that was held at Ispra in Italy in 1969. The Ispra program had 24 cycles
selected and documented, the most studied of the 24 Ispra cycles are shown in Table 2.2 together

with the institutions concerned with the study and development of the cycles (Funk, 2001:187)

Table 2.2: Some of the Ispra program documented cycles

Name of cycle Ispra Name | Institution Key Issues

Hybrid Sulphur MARK 11 SRNL, SNL Electrolysis, peak temperature 880, two reactions
Sulphur Bromine| MARK 13 ANL Electrolysis, peak temperature860 three reactions
Iron Chloride MARK 14 ANL, RPI, RWTHA Purely thermochemical, peak°€50ive reactions
Iron Chloride MARK 15 ANL, RPI, RWTHA Purely thermochemical, peak®€g0our reactions
Sulphur lodine MARK 16 GA, JAERI, SNL, CEA Purely thermochemical, peak@30ree reactions

The thermochemical cycles described in Table 2.2 are the most commonly studied of the 24 Ispra
family of cycles. Ispra Mark 11 and Ispra Mark 16 are known as the Hybrid Sulphur and Sulphur
lodine cycles respectively (Leybresal.2009:9073; Gorensek & Summers, 2009:4097).

The conclusions arrived at, during the Ispra program were as follows:
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» Thermochemical production of hydrogen is demonstrated and feasible.

» Construction materials for industrial-scale plants have been identified, improved
materials could be developed.

» Overall thermal efficiency of industrial-scale processes can be higher than 35%.

* Industrial pilot plants can already be built with the present knowledge, chemical
engineering data and commercial materials are available, no critical break-through is
necessary.

* Improvements in technological solutions and chemical engineering design are still
possible.

» Detailed cost evaluations are not yet possible, but the hydrogen production cost, with
rough estimates is nearly the same as for advanced electrolysis.

» Economic competitiveness is likely, using nuclear heat sources (HTGR) and dedicated
plants of very large size.

» Small-size plants are not competitive.

 The availability of the nuclear heat source is critical if the HTGRs are not

commercialised, it is difficult to find other suitable heat sources.

After the Ispra research, thermochemical decomposition of water for hydrogen production was
transformed from a theoretical ideal to a practical, promising reality; even if there are
challenging problems for chemical and nuclear engineers, the prospects are good in the long
term. After the Ispra program, more thermochemical cycles have been developed, the cycles
include:

» Copper chlorine cycle

» Hybrid chlorine cycle

* UT-3 process
The following sections describe two thermochemical cycles presented during the Ispra program,
i.e. Ispra Mark 11 (Hybrid Sulphur cycle) and Ispra Mark 16 (Sulphur lodine cycle) including
three cycles, Copper chlorine, Hybrid chlorine and UT-3 cycles. which were developed outside

the Ispra program
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2.3.2 The sulphur iodine (IspraMark 16)

The Sulphur lodine cycle (SI) also called Ispra Mark 16, is a three reaction cycle involving,
sulphur and iodine based species. The main reaction is the endothermic decomposition of

sulphuric acid at very high temperatures.

The SI cycle has been extensively studied at General Atomics (GA), since the 1970’s (Funk,
2001:188). A patent was presented by GA in 1978 which detailed another version of the cycle
(Normanet al.1977:2).

The Sl cycle consists of three steps:

Step 1: Sulphuric acid decomposition into water, oxygen and sulphur dioxide in two
successive reactions involving the formation of sulphur trioxide at temperatures bef@v 800
as the sulphuric acid rapidly vaporizes above°80@&ulphur trioxide totally decomposes to
sulphur dioxide and oxygen as shown in Reactions 2.1 and 2.2 (Lestbabs2009:9062;
Gorensek & Summers, 2009:4098; Jeehgl.2005:3; Goldsteiet al.2005:619)

H2804(aq)—> SQ(g) + Hzo(g) (397’C) (2.1)
SOs) = SQ(g) + /202(q) (867C) (2.2)

Step 2: The Bunsen reaction is a liquid phase exothermic reaction, involving iodine, sulphur
dioxide and water, the products are two immiscible aqueous acids, aqueous sulphuric acid
(light phase) and a mixture of hydrogen iodide, iodine and water commonly nameg as Hi

(heavy phase) (Goldstegt al. 2005:619). The reaction is summarised as follows:
|2(|) + SQ(aq)+ 2H20(|) —> HSO4(aq)+ 2H|(|) (120)C) (2.3)

Step 3. This step is the thermal decomposition of hydrogen iodide and has a low

endothermic heat of reaction.

2Hlg — 3+ Hyg) (450’C) (2.4)
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All the reactions are purely thermo-chemical and this reduces the amount of electrical power

input, on the other hand the thermal energy input is expected to rise. The Sl cycle schematic is

. @
I q

867°C
| IR |
HzSO4(aq) — SQ(g) + 1/2Q(g) + HzO(g)

shown in Figure 2.2.
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The Sl cycle has been regarded as a large scale, cost effective and environmentally friendly cycle

Figure2.2: The Sl cycle schematic

to the extent that GA has invested approximately 8 million dollars on the project itself (Funk,
2001:188). More research work on the Sl cycle is still done at the Japan Atomic Energy
Research Institute (JAERI), Korea Institute of Energy Research, the Technical University at
Aachen in Germany and the French “CommissatidiEnergie Atomique” (Leybroset al.
2009:9060; Kubeet al. 2004:347; Cheaet al. 2009:501). However, the very high temperatures
involved in the sulphur family of cycles pose a major drawback to the coupling of these cycles
with first and second generation reactors, whereas third and the perceived fourth generation

reactors can be couple with them and cost factors will definitely come into play. On the other
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hand, high temperature solar sources have been reported to reat@ 286ultz, 2003:16),

solar is an attractive alternative source, especially in Africa, although much research is needed to
ascertain its use to drive large scale processes. The cost of producing hydrogen from the Sl cycle
was estimated to be $15/kg (€12/kg) for a hydrogen production capacity of 1 keidG (
t/day), (Leybroset al. 2010a:1008) which is a high cost compared to other cycles. Many
uncertainties were attached to this evaluation, as the author mentioned that the accuracy of the
method used to calculate investment cost was +/- 30%. This makes it difficult to compare the
cost with other competing thermo-chemical cycles. Wetng. (2009:9) estimated a production

cost of $1.60 — 1.93/kg for a production capacity of 200 million t/yr.

A number of experimental evaluations for the reactions occurring in the Sl cycle have been done
(Kubo et al. 2004:347; Nakajimat al. 1999:1). A continuous and closed cycle operation of the

S| process was demonstrated at lab scale and pilot plant scale experiments are underway at the
JAERI. Wonget al. (2007:497) presented an evaluation of the construction materials that can be
used for the SI cycle. Immersion coupon corrosion tests were performed to screen materials
selected from four classes of corrosion resistant materials: refractory metals, reactive metals,
ceramic, and super alloys. Only Ta and Nb-based refractory metals and ceramic mullite were

reported to stand up to the extreme environment in the Sl cycle.
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2.3.3 Thehybrid sulphur cycle (IspraMark 11)

The Hybrid Sulphur cycle has other names such as Ispra Mark 11 and The Westinghouse cycle.
It is a two step reaction cycle. The main reaction in the sulphur family of cycles is the

decomposition of sulphuric acid at very high temperatures, which is endothermic.

The cycle was developed at Westinghouse Electric Corporation in the early 70’s. A patent for
“Electrolytic decomposition of water”, US Patent number 3888750, was issued in 1975 (Brecher
& Wu, 1975:1).

The HyS cycle consists of two main steps:

Step 1. Sulphuric acid is decomposed into water, oxygen and sulphur dioxide in two
successive reactions involving the formation of sulphur trioxide at temperatures bef@v 800
as the sulphuric acid rapidly vaporizes, at abové®08ulphur trioxide totally decomposes

to sulphur dioxide and oxygen as shown in Reactions 2.5 and 2.6 (Ley@io2009:9062;
Gorensek & Summers, 2009:4098; Jeehgl.2005:3; Goldsteiet al.2005:619);

H2S0saq—> SQ + H20() (397C) (2.5)
SOy — SQg + 1120y (867C) (2.6)
Overall reaction is;

H2SQuag) = SQg) + 1/2Qyq) + H:O) (2.7)

The temperatures are approximate and depend on the pressures ranging from 10 to 100

bars.

Step 2: Sulphur dioxide is oxidised, in a process called the sulphur dioxide depolarised
electrolysis, to form sulphuric acid, protons and electrons. The protons are attracted to the
cathode across the electrolyte separator, where they recombine with electrons to form
hydrogen gas:

SOyag) + 2HO@gr>  HSOyaq+ 2H + 2 (2.8)

2H + 22 — Hyy (2.9)
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Overall reaction is;

SOx(aq)+ 2HO(@aq) —» HSOy(aq) *+ Ho(g) (2.10)

As a result, sulphuric acid is produced at the anode and hydrogen at the cathode. The
standard cell potential of the sulphur dioxide depolarised electrolysis is approximately
0.158V at 28C in water. In 50% aqueous sulphuric acid solution, this value has been
determined to be 0.243V.

Figure 2.3 shows the HyS cycle process scheme.

[l i
|

867°C
| |
HoSOuaq) = SOy + 112G + H:O(g)

ELECTRIC ENERGY

H,SO, ﬂ SO, + HO
\\ 100°C
| I |
[ SOs(ag) t 2H:0(g) = HoSOyag)+ Heg) } @

°

Figure 2.3: HyS cycle schematic

Westinghouse pursued the development of this cycle on the other hand GA developed the Sl
cycle (Funk, 2001:188). Much research has been done and is still ongoing on the HyS cycle, of
note is the research done at the Savannah River National Laboratory (SRNL) (Summers,
2009:9). Solar matching of the process has also been discussed and demonstrations have been

carried out at the Sandia National Laboratory (SNL) (Summers, 2009:15). Current research and
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development on the HyS cycle is concentrated on the hydrogen producing step, the step is
electrochemical which makes the HyS cycle a hybrid thermo-chemical cycle. The use of
platinum based catalysts on the hydrogen producing step has been evaluated (Steimke & Steeper,
2006:11) and improved results have been reported, also it has been concluded that sulphur does
not poison the catalyst. Stasetr al. (2007:E17), evaluated the possibility of using gaseous
reactants in the hydrogen producing step and showed an improved process over the liquid phase
process which has been the subject of matter in the previous years. A cost benefit analysis of the
HyS cycle has been presented (Leybebsl. 2010b:1019). The hydrogen production cost was
assessed to be at $9.4/kg of hydrogen produced for a capacity of 150 t/day. However,dteybros

al. (2010b:1019) stress that this estimate is based on quite optimistic assumptions. Many
uncertainties were attached to this evaluation, considering that the technology to be used for the
hydrogen producing step is still under scrutiny. Leykebsl. (2010b:1019) uncertainties are

made apparent by Summers & Buckner (2005:324) who reported a hydrogen cost of $1.6/kg.
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2.3.4 Thehybrid chlorine cycle

The hybrid chlorine cycle is also known as the Hallett Air Products cycle. The Hallett Air

Products cycle is described by the following reaction schemes:

Step 1: The reverse Deacon reaction, it is endothermic and Aspeh"Rimulations show
that the equilibrium constant is 6.8 at 85®ut only 0.0001 at 183G (Gooding, 2009:4168)

Clyg) + H:Oge—>  2HC) + /205 (2.11)

Step 2: The second reaction is the electrochemical decomposition of hydrochloric acid, with

an operating potential of between 0.4 — 0.6V,

2HClag) —> Ch(g) + Ha(g) (2.12)

ELECTRIC ENERGY i

cl, ﬂ 2HCI
0.6V
2HChq) = Chyg) + Hyg) ]

Figure 2.4: Hybrid chlorine cycle schematic
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Gooding (2009:4168) presented an analysis of the hybrid chlorine cycle. A conceptual study of
the hybrid chlorine process known as the Hallett Air Products cycle was presented. The three
process routes for the cycle were evaluated and an efficiency ranging from 30 to 36% was
obtained using Aspen PIi5 simulation software, based on the lower heating value of hydrogen
produced. The cycle appears to be one of the simplest of all the thermo-chemical cycles, given
that no solids are involved in the chemical processes and all the reactions and unit operations
have been demonstrated experimentally at laboratory scale. Singtsah (2005:1241)
presented an experimental analysis of the reactions involved in the Hallett Air Products cycle,
the voltage requirement for the HCI decomposition reaction (Reverse Deacon Reaction) is
equivalent to that of water electrolysis. However, the cycle can be improved if the reactions are
conducted differently, for example, the straightforward single step reverse deacon reaction. A
two step reverse deacon reaction involving magnesium chloride hydrolysis followed by
magnesium oxide chlorination was investigated. From preliminary efficiency estimates and proof
of principle experiments, this route seems to be a promising route compared to low temperature
hydrogen production. Gooding (2009:4168) recommended that the efficiency analysis of the

process should be improved by using a commercial software package such as Asffen Plus

The cost of hydrogen production evaluated by Charles H. Gooding’s analysis is $3/kg (Gooding,
2009:4177) compared to $2.25/kg produced by the direct electrolysis of water @Wahg
2009:9) for 200 and 70 million t/yr capacities respectively. A conclusion that direct water
electrolysis will be more attractive compared to the Hallett Air Products cycle was reached.
Therefore more research work still needs to be done on this cycle. However, regardless of the
energy consumed per unit hydrogen product, the use of this cycle can reduce some of the
atmospheric emissions from the currently employed conventional fuel methods. The low
maximum temperatures in the process can enable the cycle to be coupled with a solar high
temperature source making the production of hydrogen almost environmentally friendly, also the

low temperatures presence a great opportunity of savings on the equipment materials cost.
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2.3.5TheUT-3cycle

The UT-3 is known also as the Calcium-Bromide-lron cycle, and was developed at the
University of Tokyo (Sakuragt al. 1996a:865), hence the name UT-3. Experimental study of the
reactions taking place in the cycle has been studied and verified (Setkaltal996b:875). All
reactions in the UT-3 cycle are gas-solid reactions, the reactions were studied to elucidate the

reaction mechanism which was proposed and checked against experimental results.

The UT-3 process is described by a set of reactions which entail the hydrolysis and bromination
of calcium and iron compounds. Therefore the cycle being described by two pairs of reactions,
one pair ensures the formation of hydro-bromic acid, releasing oxygen and the other ensures the
oxidation of a bromide to yield hydrogen. The two hydrolysis reactions are endothermic. Heat
must be supplied from an external source. The choice of temperature and pressure conditions
depends on the physical and chemical properties of the reactants and the thermodynamics of the
reactions (Lemoret al. 2006:908).

CaQg) + Bryg —» CaBss+ 120s() (845K) (2.13)
C&BI’Z(S)"‘ HzO(g) —> CaQ) + 2HBr(g) (1033K) (2.14)
FeOus) + 8HBrg —> 3FeBig)+ 4H:0) + By (493K) (2.15)

3FeBr2(S) + 4H20(g) — > F@O4(S) + 6HBr(g) + Hz(g) (833K) (2.16)
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Figure2.5: The UT-3 cycle schematic

Oxygen and hydrogen are released as products while other gases are circulated. The solid

reactants are fixed in reactors.

An adiabatic UT-3 process has been reported as highly efficient and with inherent lower costs
than a non adiabatic one. Bench scale plants have been successfully conducted and it has led to a
conceptual design for a commercial size plant so as to assess the thermal efficiency (eadokoro

al. 1996:49). On the contrary, Lemat al. (2006:906), in their study on physicochemical and
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thermodynamic investigation of the UT-3 process, reported that, based on the current trends in
the literature, there are a number of challenges. Leetat. (2006:906) highlighted that their
assessment showed high necessity to make significant technological advances in the field of
process technology. The possibility of a modified UT-3 cycle has been presented @adtor
2002:755), whereby the two stage hydrogen bromide dissociation step is reduced to one stage,
the modification will be done by hydrogen bromide electrolysis or the use of plasma chemistry.
The justification for using this strategy is presented by considering the Gibbs free energies of the
cycle which are lowered from 56.7 to 27.3 kcal.gimdrhis process has become known as the
Calcium Bromide cycle. For a plant producing 30008iinthe cost of producing hydrogen was
reported to be $35/GJ ,H(Sakurai et al. 1996a:866), which should be equivalent to
approximately $5.00/kg H

2.3.6 The copper chlorinecycle

The copper chlorine (CuCl) cycle is a hybrid thermochemical cycle with a solid-fluid system.
The CuCl cycle consists of variations of different numbers of steps ranging from three to five, of
which some are beyond the scope of this presentation; of interest here is the three step cycle.
Step 1. The electrochemical reaction between aqueous acid and copper to produce cuprous
chloride at the anode and hydrogen at the cathode, this reaction has been demonstrated at the
Atomic Energy of Canada, Ltd with the following parameters, 500mAatrd.5V (Lewiset
al. 2005:7; Wanget al. 2009:3273).

Cugs) + 2HClg) —» 2CuCl) + Hy(g) (450C) (2.17)

Step 2: Cuprous chloride dis-proportionation to form cupric oxide according to the following

reaction
4CuCls) —» Cus) + 2CuCh(ag) (80C) (2.18)
Step 3: The cupric chloride is oxy-chlorinated at 83@o form molten cuprous chloride;

2CUCb(aq)+ 5H20(|) —> 1/202(9) + 2CUC[S)+ 4H20(g) + ZHCI(g) (2.19)

31



Chapter 2 Literature Survey

HEAT

o

4 C

ﬁ[ 2Cyq + 2HCly — 2CUClg) + Ha

2Cu 2CuCl

L | / 2HCI
4CUC S) — ZCL{S) + ZCUCb(aq) ]

2CuCl ﬂ HEAT 2CuCj

530°C /
ZCUCb(aq) +5H20(|) — 1/2Q(g) ZCUClS)++ 4H20(g) + 2HC|(g) <_/

Figure 2.6: The three step CuCl cycle schematic

Much research is ongoing at the Argonne National Laboratory (ANL) for the Copper Chloride
cycle (Lewiset al. 2005:1). The ANL'’s research is currently focused on developing low
temperature thermo-chemical cycles. The rationale for the ANL's research and development
effort is to identify new technologies that can produce hydrogen cost effectively and without
greenhouse gas emissions using Generation IV reactor concepts. The CuCl cycle has been
identified as one of the most promising lower temperature cycles. A conceptual design together
with the H2A cost analysis was done (Ferrandbal. 2009:10); the estimated cost of producing
hydrogen was $3.30/kg for a 125 million t/day production, the result from the economic analysis
were for the purpose of guiding the further development of the process. On the other hand Wang

et al. (2009:10) reports a production cost of $2.31/kg for a 10 t/day capacity.
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2.3.7 Comparison of thermochemical cycles

Table 2.3, shows a summary of the comparison of different cycles as studied by different
researchers. The cost figures are factored to 2009 as the base year.

Table 2.3: Comparison of thermo-chemical cycles.

Cycle Variant Name | Heat Input Efficiency Peak Production
Temperature Cost
(kJ/mal H,) (%) (°C) ($/kg)
Sulphur lodine Ispra Mark 16 744.4 38 867 1.95%

) Westinghouse, )
Hybrid Sulphur 685.8 35.3 867 1.78?
Ispra Mark 11

Copper Chlorine - 543.7 45 540 2.02Y

Copper Sulphate - 776.9 25 850 >2.50°)
Calcium

uT-3 _ 494 48.9 760 6.8%
Bromide
Hallett Air

Hybrid Chlorine 677 36 850 3.08

Products Cycle

(1) Wanget al. (2009:1); (2) Summers & Buckner (2005:324); (3) Gonzateal. (2009:4179); (4) Sakurait al.
(1996a:866); (5) Gooding (2009:4177)

Wang et al. (2009:1) made a detailed comparison of the Sl and CuCl cycles based on the
following aspects of the cycles; heat quantity, heat grade, thermal efficiency, related engineering
challenges, and the cost of producing hydrogen. It was found that the heat requirements and the
overall efficiencies were similar and thermal efficiencies ranged from 37 to 54%. The CuCl
cycle has a lower maximum temperature of ®3@ompared to 85C for the Sl cycle, this
presents the CuCl cycle with opportunities to couple it with different heat sources ranging from
fossil fuel power stations through nuclear reactors up to solar concentrators. The CuCl cycle
development and construction is perceived to present fewer equipment materials selection
challenges as compared to the Sl cycle. The cost analysis done showed that the two cycles in

guestion have almost similar hydrogen production costs although the SI is slightly lower,
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$2.02/kg and $1.95/kg for CuCl and Sl respectively, if both cycles use Very High Temperature
Reactor (VHTR) as heat and electricity source. Wangl. (2009:1) analysis showed that the
major difference between the two cycles is the maximum temperatures of operation which
obviously leads to a difference in the materials of construction approach and that the CuCl cycle
will use lower heat grade to achieve the same efficiency as the Sl cycle. Another difference
which was not touched in the analysis is the hybrid nature of the CuCl cycle (éewais
2005:7), brought about by the step which involves the electrochemical reaction between aqueous
acid and cuprous chloride, whereas the Sl cycle is purely thermochemical. There is a big deal of
research to be done to ascertain which of the two cycles, Sl and CuCl; is better. This might turn
to be a sensitive issue as most researchers will tend to be more biased towards the other. Take for
example, it is not expected of a researcher from the GA or JAERI to discredit the Sl cycle and
the same for a researcher under the SNRL or Westinghouse for the HyS cycle or one from the
ANL or University of Ontario Institute of Technology to publicly discredit the CuCl cycle.
Above all, the SI and the HyS cycle have been under study for a several number of years.

Mullin et al. (2006:1) developed a methodology of evaluating and screening water splitting
cycles without the need for process flow diagrams. The thermodynamic efficiency of each cycle
was calculated using pure component enthalpy and entropy correlations to determine the heating
and separation requirements. The author's methodology is reported to result in a quick dismissal
of impractical cycles and a detailed consideration of most promising cycles (Etir2006:1;

Miguel et al. 2009:8986). A strategy for future cycle synthesis was presented where, 1)
exothermic reactions should be positioned at sufficiently high temperatures to fully cascade
released heat to colder zones rather than reject it to cold utility and 2) reactions temperatures
should be investigated to exploit phase differences between equilibrium species. This
methodology suggested that the Hybrid Sulphur cycle is capable of attaining the highest
efficiency of the twelve cycles assessed which included the cycles such as the Sl cycle and the
Ispra Mark 13.

Miguel et al. (2009:8985) in a continuation of the method presented by their work with Mutllin
al. (2006:1), evaluated the thermochemical cycles by considering equilibrium conversions of the
reactions taking place, degrees of freedom of each cycle (temperatures, pressures and excess

reactants). The hot utility, electrical work and separation work relating to the cycles was
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determined by using the classical pinch point analysis that is the Gibbs energy of mixing of ideal
mixtures and the Nernst equation. It was noted that if a cycle has a highly exothermic reaction at
low temperature, it will have a low thermal efficiency such as the UT-3 process. The heat source
of exothermic reaction at low temperature is unrecoverable through heat exchange which leads to
high cold and hot utilities. Miguett al. (2009:8985) noted that processes with endothermic
reactions have a good efficiency and suggested that cycles with a highly exothermic reaction at
low temperature should not be studied further. The methodology was implemented to ten popular
thermochemical and hybrid cycles, the top five cycles based on cycle efficiency included the
Hybrid Sulphur (82.7%), Sulphur lodine (81.3%) and Ispra Mark 13 (53.8%). These efficiencies
are upper bounds of the real efficiencies, since there were no flowsheets prepared for the

analysis.
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2.4 State of the art review of process simulations

2.4.1 Introduction

The evaluation of a thermochemical cycle is a complex and tedious task. Among every aspect of
evaluation, the materials of construction, the corrosion science, the equilibrium and kinetic data
of the reactions involved will need to be determined and verified before conclusion is reached.
Conceptual design of the process is an important step so as to determine the mass and energy
balances of the process. From a conceptual design, simulations of the real process are done, the
thermal efficiency of the cycle will be determined and a more accurate and representative cost
benefit analysis of the cycle is achieved. Simulation can be done using engineering simulation
software such as Prosim PIU§ Aspen Plus", Spencé™ and, or Design-I™ (Kivisari et al.
2001:113). The evaluations have been proven to show little or no overall differences regardless
of the simulation software used (Kivisatial. 2001:120). However, Aspen Pilfshas proved to

be the most popular software employed in industry and research, evidenced by the number of
researchers who have used it for their analyses (Gorensek & Summers, 2009:410&t béwis
2005:1; Chukwu, 2008:31; Gooding, 2009:4169).

The following is a brief account of the results of the simulation papers presented so far for some
of the thermochemical cycles. The efficiency expression used by most of the authors is as
follows (Lewiset al.2005:8; Miguelet al. 2009:8986)

E, = AH{/[Q + (We/e)] (2.20)
- whereAHs is the standard enthalpy of formation of water (242 kJ/myl ® is the sum
of the heat inputs, Ys the work input and is the heat-to-work conversion efficiency.

2.4.2 The sulphur iodine cycle

Leybroset al. (2009:9060) presented a conceptual design of an Sl cycle, the process includes a
counter-current reactor being developed by the French “Commissditatergie Atomique”
(CEA) within the framework of an international collaboration with the US Department of Energy

at General Atomics. The Sl flowsheet was developed using ProsimPlus™. The simulations were

36



Chapter 2 Literature Survey

done using various thermodynamic models; Leybebsal. (2009:9060) point out that the
ENGELS model has been shown to represent 480H- H,O system very well over the entire
composition range and temperatures of abouf@50he SOUR WATER model has been used

to describe the SO- H,0O system in the absorption column. The Bifstem is described using a
modified model derived from the NRTL equation and it has been noted that the predicted
enthalpies of mixing are not consistent with experimental data. The assumptions made were as
follows:

» Passive safety constraints limit the HTGR to be no larger than 60Q. MW

* Minimum temperature difference between hot helium fluid and heat exchangers

implementing heat transfer should be at lea8€50

» Temperature difference for heat exchangers implementing a phase change should not be

less than 5K and should not be more thaiC1for all other cases.
« Cooling water assumed to be available at’@0&l year round.

The resultant flowsheet gave a net thermal efficiency of 38%, and it requires 600 k3/mol H
high-temperature heat and 65 kJ/moj} Electric power. Combining the heat and electric
requirements using a 45% heat-to-electric conversion efficiency, a total of 744.4 k3/msol H
consumed. This compares favourably to HTGR powered water electrolysis which requires 895

kJ/mol H (with an assumed pressure of 120 bars for thprbduct).

2.4.3 Thehybrid sulphur (HyS) cycle

Gorensek & Summers (2009:4097) presented a conceptual design of a HyS process which
employs a proton exchange membrane (PEM) based sulphur dioxide depolarised electrolyser
(SDE) technology being developed at SRNL and a silicon carbide bayonet reactor being
developed at SNL. The HyS process is simulated using Aspen Plus™. An accurate representation
of the HSOWSGO; properties and phase equilibria over the entire concentration range is provided
by the Oleum Data Package for use with Aspen Plus™, the temperature range for this package
extends to not more than 423 Mathias HSO, properties model is used to counter this

limitation. A modification of Mathias’ kSO, properties model was used to track the fluid
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physical and chemical changes for the bayonet reactor. The overall flowsheet was prepared using
OLI Systems, Inc.’s Mixed Solvent Electrolyte (MSE) model. The assumptions taken on the

preparation of the flowsheet were as follows:

» The properties model used for the simulation accurately represent3a&-H,O-SOs-
SO-0O; system.

» Heat transfer can be achieved as needed in the high temperature decomposition reactor in

order to achieve the specified approach temperatures.
» High temperature sulphuric acid decomposition proceeds to thermodynamic equilibrium.

» SDE is assumed to operate at a fixed cell potential of -0.6V, arc@®ersion of 40%

and a fixed 50% kBO, product composition.
* No piping and vessel pressure drops.
« Cooling water is available year round atG0

The calculated cycle efficiency is 35.3% LHV (41.7% HHV) provided the electric power heat-
to-electricity conversion is 45%.

The flowsheet requires 340.3 kJ/mal kigh-temperature heat, 75.5 kJ/mal lew-temperature

heat, 1.31kJ/mol Hlow-pressure steam, and 120.9 kd/meldiectric power. If a 45% heat-to-

power conversion efficiency is assumed, the electric power corresponds to a primary energy
input of 268.7 kJ/mol K This gives a total of 685.8kJ.roH,, which compares favourably

with HTGR-powered electrolysis at 791kJ/mal Borensek & Summe(2009:4097) also noted

that when conventional nuclear reactors are assumed to be the source of electric power, the HyS
process has an even larger advantage over water electrolysis (783 versus 1080 kJ/mol H

respectively).
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2.4.4 The copper chlorinecycle

Chukwu (2008:1) studied two variations of the CuCl cycle, the four step and three step cycles.
Aspen Plus™ simulations are done for the two different flowsheets to determine the efficiencies
of each. The author chooses to use the Electrolyte Non Random Two Liquid (ELECNRTL)
model for modelling processes in stoichiometry reactors. The Soave-Redlich-Kwong (SRK)
cubic equation of state is used to evaluate component properties and phase equilibria where there
is vapour liquid phase change. A sensitivity analysis was also performed to determine the effects
of various operating parameters on the efficiency, yield and thermodynamic properties. The

assumptions presented in this work were as follows:

All reactions go to completion

70% heat exchanger effectiveness

Electrolysis cell potential of 0.5V

50% heat to electricity conversion efficiency

The results of the simulations showed that the efficiency of the four step CuCl process is 45%
and for the three step process is 42%. The total heat requirements were 543.7 and 584.7 kJ/mol
H, for the four and three step cycles respectively. A sensitivity analysis showed that temperature
increase has no effect on the performance of the electrolyser. The efficiency of the hydrolysis

unit decreases with an increase in temperature within the range of 6G- 100

2.4.5 The CuSO4/CuO cycle

The hybrid CuS@CuO cycle was presented by Gonzaesl. (2009:4179), as a four reaction
version of the cycle (known as Cycle H-5). A sensitivity analysis on the effect of the minimum
temperature difference approach on heat losses was performed. A cost analysis on a plant
designed to produce 100 million kmol/yr of hydrogen was done. A process flowsheet was

prepared using Aspen Plus™ simulation engine, employing the Peng-Robinson equation of state
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for separations involving oxygen and sulphur oxides, the author noted that this represents a
significant departure from ideality.
The assumptions considered on the flowsheet simulation were as follows:

» Process water is supplied at 15 2@%t atmospheric pressure.

* Any by-product streams are safe to discharge

* 50% heat-to-electricity conversion efficiency is accounted for

The conclusions drawn from this analysis were as follows:

« Heat input of 795.4 and, 776.9 kJ/mob Ihust be supplied for the 20 and°CO

approaches respectively.

» Electrical energy input of 86 kJ/moklhust be supplied for both approaches and a pinch
heat of 34.3 and 15.7 kJ/mo} Fbr 20 and 18C temperature approaches respectively.

« Efficiency calculation gave a value of 24.1% for thé@@emperature approach and
25.0% for the 18C approach and if the recovery and use of the low quality heat rejected
by the cycle is allowed, the efficiency could reach 50.7% and 52.7% for thea2@l
10°C temperature approaches respectively.

« Aturnkey plant cost of $360 million

* Based on a selling price of $2.50/kg hydrogen, the expected revenue could be $500
million per year.

» The results of the analysis do not rule out this cycle as a viable one.
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2.5 Critical evaluation of literature survey

2.5.1 Introduction

A number of studies have been conducted on different types of thermochemical cycles and their
aspects such as energy, exergy and economic analysis (Leylab2009:9062; Gorensek &
Summers, 2009:4098; Jeomgal. 2005:3; Goldsteiret al. 2005:619; Chukwu, 2008:1; Rosen,
2008:6933). Although the studies have been presented and published successfully, there are

some aspects which have not yet been addressed by the studies.
2.5.2 Summary

Most of the studies on thermochemical cycles have managed to address the issue of energy
efficiency. Detailed energy requirements per section within the cycle have also been presented.
The results show that the thermochemical cycles can be competitive compared to electrolysis.
The viability of the reactions has been verified experimentally in various institutions and
laboratories. Gorensedt al. (2009:4097) reported a HyS cycle efficiency of 35.3% and LHV
(41.7% HHV) provided the electric power heat-to-electricity conversion of 45%. The flowsheet
requires 340.3 kJ/mdH, high-temperature heat, 75.5 kJ/mo} lew-temperature heat, 1.31
kJ/mol H low-pressure steam, and 120.9 kJ/mgl éfectric power. If a 45% heat-to-power
conversion efficiency is assumed, the electric power corresponds to a primary energy input of
268.7 kd/mol H. This gives a total of 685.8 kJ/mob.H_eybroset al. (2009:9060) presented a
conceptual design of an Sl cycle. The flowsheet gave a net thermal efficiency of 38%, and it
required 600 kJ/mol Hhigh-temperature heat and 65 kJ/malétectric power. Combining the

heat and electric requirements using a 45% heat-to-electric conversion efficiency, a total of 744.4
kJ/mol H is consumed. The efficiency figures compare favourably to HTGR powered water
electrolysis which requires 895 kJ/mo} Kwith an assumed pressure of 120 bars for the H

product).

Proof of concept experiments have been conducted by various institutions and laboratories
(Summers, 2009:1; Lewst al.2005:1) GA has invested approximately 8 million dollars on the
Sl cycle project (Funk, 2001:188). More research work on the Sl cycle is still being done at the

Japan Atomic Energy Research Institute (JAERI), Korea Institute of Energy Research, the
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Technical University at Aachen in Germany and the French “Commissarid&Energie
Atomique” (Leybroset al. 2009:9060; Kuboet al. 2004:347; Choet al. 2009:501). Much
research has been done and is still ongoing on the HyS cycle, of note is the research done at the
Savannah River National Laboratory (SRNL) (Summers, 2009:9). Solar matching of the process
has also been discussed and demonstrations have been carried out at the Sandia National
Laboratory (SNL) (Summers, 2009:15). Much research is ongoing at the Argonne National
Laboratory (ANL) for the Copper Chloride cycle (Levasal. 2005:1). The ANL’s research is
currently focused on developing low temperature thermo-chemical cycles. The rationale for the
ANL’s research and development effort is to identify new technologies that can produce
hydrogen cost effectively and without greenhouse gas emissions using Generation IV reactor
concepts.

2.5.3 Limitations of studies
The studies on thermochemical cycles have failed to address the following issues:

* An African based study has not been presented so far, most of the literature for example,
(Leybros et al. 2009:9062; Gorensek & Summers 2009:4098; Jeein@l. 2005:3;
Goldsteinet al. 2005:619; Chukwu, 2008:1) have assumed that prevailing conditions are

15 to 25C temperature. Most African countries have temperatures as highGas 38

 The economic evaluations made in conceptual studies are based on a number of
uncertainties. Leybrost al. (2010:1027) states that many uncertainties are attached to
their evaluation of the production costs of hydrogen from Hybrid Sulphur

thermochemical cycle coupled to a nuclear source.

* Most conceptual studies do not address questions like; what will be the final technology
to be implemented? What will be the resulting price? How often will the equipment have
to be replaced? (Leybres al.2010:1027). There has been no detailed presentation of the
heat integration flowsheets for the processes presented so far. Gorensek & Summers
(2009:4098) presented a pinch analysis for the Bayonet reactor, which is a section in the
Hybrid Sulphur cycle. There is need to present a heat integration flowsheet for the whole

process concern ed.
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* Many studies have not performed an exergy analysis of the processes being studied;
(Leybros et al. 2009:9062; Gorensek & Summers, 2009:4098; Jesingl. 2005:3;
Goldsteinet al. 2005:619; Chukwu, 2008:1). Exergy analysis should be used since
energy analysis on its own does not point out true process inefficiencies, and often does
not provide rational efficiencies. Rosen (2008:6933) has performed an exergy analysis of
Ispra Mark-10 cycle and has reported that there exists a substantial potential for improved
thermodynamic efficiency in thermochemical water decomposition using the Ispra Mark-

10 cycle.
2.5.4 Conclusion and recommendation

The studies on thermochemical cycles presented so far have addressed the issues of process
energy, economic viability and reactions feasibility. The research has brought a clearer
understanding of the aspects concerning thermochemical cycles operation. Although a great deal
of thermochemical processes research has been done, it is clear that some of the aspects pointed

out in Section 2.5.3 have not yet been addressed.

The Aspen Tech packagéfers a capability of performing heat integration, pinch analysis and
exergy analysis using the tools, Aspen Energy Anallizer Aspen HX-Net" for older
versions. The tools will enable researchers to construct detailed heat integration flowsheets,
determine the enthalpy and availability of the process streams thereby acquiring more knowledge

of the performance of the thermochemical cycle.

Considering that the SI cycle, is being regarded as a large scale, cost effective and
environmentally friendly cycle. There is need to have a study of the Sl cycle that is aimed at

addressing all the shortcomings that have been pointed out in Section 2.5.3. GA has invested
approximately 8 million dollars on the SI project (Funk, 2001:188), therefore African institutions

should do likewise.
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CHAPTER 3: Design framework

"Design can be art. Design can be aesthetics. Design is so simple, that's why it is so complicated” Paul Rand

3.1 Introduction

Different designers manage the process of design in different ways. A study done by the design
council of the UK, (The Design Council, 2010) on the design process in eleven leading
companies showed similarities among designers. The design process was found to be divided
into four distinct phases, i) discover, ii) define, iii) develop and iv) deliver. Chapter 2 of this
thesis focused on the ‘discover aspect of the design process. This section concentrates on

process design and development using Asper Pkimulation software.
3.2 Design approach

Process synthesis is the overall development of the process flowsheet by combining individual
steps into an optimal arrangement (Feb al. 2005). There are two methods for process
development, the hierarchical approach and the onion model. The hierarchical approach was
developed by Kusiak & Finke (1987:175) and it consists of three sub-problems 1) tool path
selection, 2) the tool path sequencing, and 3) the process selection. The onion model splits the
candidate set into a number of subsets (“shells” or “layers”). The model makes it possible to
select representative sets of structures throughout any process with reasonable design sizes
(Erikssonet al. 2000:188). Most researchers have done process design and development using
simulation software (Kane & Revankar, 2008:5996; Gorepsek 2009:4098). The design and
development process by Kane & Revankar (2008:5996) and Gorehs&k2009:4098) is as

follows:
» selection of the simulation package
» selection of the thermodynamic model
 validation of the model

+ flow sheet simulation, and
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* process analysis

The method used by Kane & Revankar (2008:5996) and Gorensek & Summers (2009:4098) was
adopted for this study. Figure 3.1 shows a schematic representation of the design and

development process that was used.

DESIGN BASIS
* Market survey
* Production capacity
* Process block diagram

T
/ PROCESSSIMULATION \

/SIMULATE

/SELECT PACKAGE SELECT MODEL

* Aspen Plus * Equation of state * operating conditions
* ProsimPlus -Peng Robinson * unit operations

* Design-II -Redlich Kwong

*Spence * Activity coefficient

*ChemCad -Wilson equation

-NRTL
-ELECNRTL

[ ]
<
/ANALYSI S \
*energy efficiency
*exergy efficiency

*economic
*results

*comparisol
' Chapter 6 Chapter 7

Figure 3.1: Design and development flowsheet

The South African market survey was used in the design to determine the amount of product that
would needs to be produced to satisfy demand. Process simulation included selection of a

simulation package and thermodynamic properties that are suitable for simulating the sulphur
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iodine process. Process conditions were adopted from literature. The analysis included both
economic and critical evaluation of the resultant simulation. The feedback loop is included in

Figure 3.1, from analysis to process simulation, because not all results of the simulation process
will compare well with other results presented in literature. In cases where the results are not

satisfactory, the process simulation step is repeated.
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3.3 Design basis

3.3.1 Introduction

Production systems design is influenced by product demand, of which is directly proportional
production capacity. The Sl cycle presented in this thesis is a thermochemical hydrogen
production cycle for the South African market. The market is composed of the following sectors
(Figure 2.1) (Winkler, 2006:23)

* Industry — 45%

* Transport — 20%

* Non Energy — 17%
* Residential — 10%
* Agriculture — 3%

« Commerce — 3%

e Other -2%

Kreith & West (2004:249) argued that no currenthaiable hydrogen production method,
regardless of whether it uses fossil fuels, nuclear fuels, or renewable technology as the primary
energy source to generate electricity or heat is as efficient as using the electric power or heat
from any of these primary sources directly. Furthermore, depending on the primary source of the
electricity, electric vehicles using batteries to store electricity are shown to be more efficient and
less polluting than hydrogen fuel cell powered vehicles. Therefore replacing energy sources with
hydrogen will be a difficult and an un-economic exercise, considering that some energy sources
such as electricity from hydro power stations are cleaner. In light of Kreith & West (2004:249)
arguments, the scope of the study is limited to the transport sector which takes 20% of the South
African energy share (Winkler, 2006:23).
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3.3.2 Market survey

The petroleum industry is an important source oénexe for the government and contributes to
the South African economy by (SAPIA, 2010):

generating 2% of South Africa’s gross domestic product;

supplying about 18% of South Africa’s primary energy, i.e. natural energy that has not
been subjected to human made conversion such as crude oil and coal,

manufacturing more than 90% of South Africa’s petroleum products;

supporting employment for over 100 000 people directly or indirectly;

investing R30-US billion in refinery technology for the production of unleaded petrol and
low sulphur diesel;

spending more than R115-million on corporate social investment initiatives in 2009; and

collecting over R35-US billion in fuel taxes on petrol, diesel and paraffin

Table 3.1 shows the South African refinery ownership and crude oil throughput (SAPIA, 2010).

Table 3.1: South African refinery ownership and crude throughput (SAPIA, 2010).

NAME THROUGHPUT (barrels/day) OWNERSHIP

ChevRef 100 000 Chevron South Africa

EnRef 125 000 Engen Petroleum

NatRef 92 000 Sasol/Total South Africa

SapRef 180 000 Shell South Africa/BP Southern Africa

From Table 3.1, the total crude oil throughput is approximately 500 000 barrels per day, and it is

refined into various petroleum products including petrol and diesel. The annual consumption of

petrol and diesel is 10.8 and 9.5 US billion litres respectively. Figures 3.3 and 3.4 show the

petrol and diesel usage by region.
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Figure 3.2: Petrol usage in South Africa by region (SAPIA, 2010)

Gauteng consumes 36% of the 10.8 million litres of petrol, and 23% of the 9.5 million litres of
diesel consumed in South Africa. The trend is as a result of two major cities, Johannesburg and
Pretoria, being situated within the province. The Western Cape and KwaZulu-Natal consume
16% and 15%, respectively, of the country’s petrol. This order is reversed in the diesel
consumption, with KwaZulu-Natal consuming 18% of diesel in comparison with the Western
Cape’s 15% consumption (SAPIA, 2010).
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Figure 3.3: Diesel usage in South Africa by region (SAPIA, 2010)

The world fleet is expected to increase by a factor of 1.7 by the year 2050 (Kruger, 2005:1515),
therefore the South African vehicle fleet can also be expected to increase by the same magnitude.
The consumption of hydrogen by the vehicle fleet will also be expected to increase by the same

factor.Table 3.2 shows the expected annual hydrogen corisamiyy province in the year 2050.
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Table 3.2: South Africa’s annual petroleum energy consumption for years 2010 (SAPIA, 2010)

Design Framework

and 2050
REGION PETROLEUM CONSUMPTION | HYDROGEN CONSUMPTION

2010 2050
Gauteng 6 323 336 240 1818612 406 3091 641 091
KwaZulu-Natal 3443 088 238 990 243 559 1683 414 051
Western Cape 3232724331 929 742 204 1580 561 747
Mpumalanga 2 139 880 887 615 436 817 1 046 242 589
Eastern Cape 1472 861735 423 599 904 720 119 836
Free State 1275 665 474 366 885 607 623 705 532
North West 1257 894 124 361 774 508 615 016 664
Limpopo 981 036 758 282 149 415 479 654 005
Northern Cape 557 238 261 160 263 566 272 448 062
TOTAL 20 683 726 048 5948 707 987 10112 803 579

Annual petroleum consumption by province data was provided by SAPIA (2010), whereas the
hydrogen consumption for 2010 was calculated via the standard enthalpies of combustion of
hydrogen, diesel and petralH.) given by Perry’s Chemical Engineers’ Handbook, (Green &
Maloney, 1997:186). Petroleum consumption shown in Table 3.2 represents total amounts of
petrol and diesel consumed. The heats of combustion of petrol and diesel are 48 and 44.8 MJ/kg
respectively. Since the total consumption of petrol and diesel in South Africa is almost shared
equally, an average heat of combustion of 46.4 MJ/kg will be used in the following calculation.
From (Green & Maloney, 1997:186) the following data is obtained;

AH. diesel =44.8 MJ/kg

AH¢ petrol = 48 MJ/kg

AH¢ hydrogen =121 MJ/kg

p (petroleum) = 0.75 (specific gravity)

= 20 683 726 048*0.75*46.4
=719 793 666 470 M J
Annual hydrogen consumption =719 793 666 470/121
= 5948 707 987 kg

Annual energy consumption
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Hydrogen consumption figures shown in Table 3.2 were determined using the same calculation
method; Kruger (2005:1515) estimated that the world vehicle fleet will increase from 900
million in 2010 to 1.5 US billion in 2050, a multiplication factor of 1.7, therefore, figures for the
year 2050 were arrived at by using a multiplication factor of 1.7. The total expected hydrogen
consumption for the year 2050 is given in Table 3.2, as 10 112 803 579 kg, which can be

achieved by a plant or a number of plants producing a total of 163 kmol/s hydrogen.

Conclusions drawn from the market survey were as follows:
» the petroleum demand for the year 2050 can be replaced by approximately 10 US billion
kilograms of hydrogen
* 10 US billion kilograms of hydrogen can be produced by a plant or a number of plants
with a total output of 163 kmol/s.

* the regional hydrogen consumption for the year 2050 is summarised in Figure 3.4
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Figure 3.4: Expected regional hydrogen consumption for year 2050.
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For this study, a flowsheet with a production capacity of 1 kmol/s hydrogen will be presented. A
design basis of 1 kmol/s is appropriate considering the following factors:

» This study seeks to investigate the feasibility of the SI cycle for the production of
hydrogen with the view of replacing petroleum energy in the South African transport
sector

e Most authors (Leybrost al. 2010:1008; Gorensek & Summers, 2009:4098) have
presented flowsheets for 1 kmol/s hydrogen output, therefore for comparison purposes, a

common base of 1 kmol/s is used for this study.
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3.3.3 Process block diagram

The Sl cycle schematic is shown in Figure 3.5. The overall reaction involves the consumption of
water to produce oxygen and hydrogen. The process is divided into three sections, i) Section | —
Bunsen section; ii) Section Il — acid decomposition section and iii) Section Il — hydro iodide

decomposition.

HEAT
SECTION I \}
H,0

Acid
Decomposition

Acid Separation

.

SECTION Il »(  Bunsen
Reaction
I

H>S0.

] ; . H,S0,
W Hydrogen Separation |q > Hydro iodide -
J Decomposition < Acid Separation

SECTION |

HEAT

Figure 3.5: Sl cycle schematic.

Section | is mainly the Bunsen reaction, EquationsBidws the productioof hydro-iodic acid

and sulphuric acid from water, sulphur dioxide and iodine at a temperature®Gf. 120
2H,0¢) + SQyg) * l2(ag) <> H2SOx(aq) + 2Hl(ag) (3.1)
lodine and water should be in excess, at least 9 moles of iodine and 16 moles of water as to 1

mole of sulphur dioxide (Larousse al. 2009:3259). The products distribute into two immiscible

aqueous acid phases. The phase rich in sulphuric acid is sent to Section IlI, sulphuric acid
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decomposition step, Equation 3.2, where the main energy source of high temperature (800-900
°C) heat is put in to decompose the sulphuric acid in the gas phase into sulphur dioxide, water
and oxygen. The decomposition rarely goes to completion; therefore sulphuric acid will still
appear in the products. The acid is separated from the products and oxygen is separated as a
product with sulphur dioxide and water returned to Section I.

H2SQu(g) > ¥2 Oyg) + SOy(g) + H20() (3.2)

The phase rich with hydro-iodic acid from Section | is sent to Section Ill where hydrogen iodide
is decomposed in the vapour phase via Equation 3.3 at 30090, 6@@urning iodine to Section

| and producing the final hydrogen product.

2Hl(ag) <> l2(aq)+ Hz(g) (3.3)

The overall result of the reactiogields the decomposition of water into its constituglements,

hydrogen and oxygen as illustrated in Figure 3.5.
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CHAPTER 4: Smulation framework

“Let's take flight simulation as an example. If you're trying to train a pilot, you can simulate almost the whole

course. You don't have to get in an airplane until late in the process” Roy Romer

4.1 Introduction

Simulation is the act of reproducing the action of some general state of things by means of
something suitably similar (especially for the intention of study or training). It is the technique of
expressing the real world by a computer program (TSED, 2009). Simulation software is a very
powerful and important tool for engineers and scientists in a variety of fields including oil and
gas production, refining, chemical processing, environmental studies, and power generation. The

advantages of simulation are as follows:
* In some cases, simulation eliminates the need for pilot plant construction,
» Various plant configurations can be tested on paper
» Costs are reduced due to the above mentioned advantage

» Saves time as different configurations can be tested in a short space of time

Eliminates human errors

Therefore it is important to simulate a process before work on the ground is commenced. The
major disadvantage of simulation is that in some packages, thermodynamic data is still
insufficient to fully describe some systems. In the development of the SI cycle, a suitable
simulation package needs to be selected; a simulation package whose use will result in a

successful representation of the Sl cycle.

61



Chapter 4 Simulation Framework

4.2 Selection of simulation packages

There are a number of commercial simulation packages available; Table 4.1 shows the various

simulation packages.

Table4.1: Simulation packages

Package Developer Reference

Design-I WinSim Inc http://www.winsim.com/ Date of access 28 Jan. 2011
Spence KEMA http://kema.com/ Date of access 28 Jan. 2011

Aspen Plus AspenTech http://www.aspentech.com/products/aspen-plus.aspx
ProsimPlus ProSim http://www.prosim.net/en/modeling/prosimplus.htmi
ChemCad Chemstations’ http://www.chemstations.com/ Date of access 28 Jan. 2011
CadSim Plus Aurel Systems Inc http://www.aurelsystems.com/csplus.htm. Date of access 28 Jan. 2011
SuperPro Designer Intelligen Inc http://www.intelligen.com/superpro_overview.shtml
ProModel ProModel http://www.promodel.com/ Date of access: 25 Jan 2011
PRO/II SimSci-Esscor® http://simsci.com/ Date of access: 25 Jan. 2011

SolidSim SolidSim Eng. GmbH  http://solidsim.com/ Date of access: 25 Jan. 2011

A brief description of the main simulation packages shown on Table 4.1 is given in Appendix A.
Kivisaari et al. (2001:112) made a study on chemical flowsheeting software as applied to
hydrogen fuel cell systems. The use of three simulation packages, i.e. D&%jgkspen Plut”
and SPENCE was comparedlt was found that there existed some minor diffeesnin the
results given by the three simulators. The study shows that the name of the simulation package
used for a certain research work is of no major importance, but what is important is the selection
of thermodynamic models used to describe the system within the package. Therefore the
selection of a simulation package can be based on the following:

» thermodynamic models inside the package

» cost and availability,

* technical support

* knowledge, and
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« user interface friendliness.

Aspen Plu8" will be used for the simulation of the Sl cycle, the reasons for choosing Aspen
Plus™ are as follows:

« Aspen Plu§" includes the world’s largest database of pure component and phase
equilibrium data for the simulation of conventional chemical, polymer, electrolyte and
solids processes (Aspen Tech, 2010)

* Regularly updated data from the U.S. National Institute of Standards and Technology
(NIST) ensures easy access to the best available thermodynamic data (Aspen Tech, 2010)

» Aspen Plus has been tightly integrated with AspenTech’s industry-leading cost analysis
software and heat exchanger design software (Aspen Tech, 2010)

» Key equipment such as heat exchangers and distillation columns can be accurately sized

from within the simulation environment (Aspen Tech, 2010)
Aspen Plu8” contains a database of physical property methods that describe different physical

and chemical systems that are found in the chemical, polymer, specialty chemical, metals and

minerals, and coal power industries.
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4.2.1 Aspen Plus™ property models

The physical property models in the Aspen Pfupackage are categorised into i) equations of

state and ii) activity coefficient models and iii) special models.

i) Equationsof state
Equations of state describe a relationship between pressure (P), volume (V), and temperature (T)
of pure components and/or mixtures. Equations of state are; i) good for vapour phase modelling
and liquids of low polarity, ii) limited in ability to represent non-ideal liquids and iii) consistent
in the critical region.
The Peng Robinson and Redlich-Kwong equations contain a combination of fitted and
generated interaction parameters for all library hydrocarbon to hydrocarbon pairs, also including
hydrocarbon to non-hydrocarbon binaries. The Peng Robinson equation of state is capable of
predicting some specific component to component interaction parameters. The Redlich-Kwong
(RK) equation of state can calculate vapour phase thermodynamic properties (Soave, 1993:345).
It is reliable for systems which are at low to moderate pressures (maximum pressure 10 atm)
where there is very low vapour-phase non ideality. For a more non ideal vapour phase, the
Hayden-O’Connell model is recommended. Systems containing organic acids exhibit more non
ideal vapour phases. The Hayden-O’Connell model is not recommended for calculating liquid
phase properties. Written for pure spegiéise SRK and PR equations are special cases of the

following expression:

P = RT/(M - b) — a(T)/(Vi + eb)(Vi + ob) (4.1)
where &T) = Qu0(Ti; di)R*T%ilPi (4.2)
b = QR T/ P (4.3)

andg, o, Q,and Qy, are equation-specific constants (Green & Maloney, 1997:18).
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ii) Activity coefficient models
Activity coefficient models are good for liquid phase modelling only and can represent highly
non-ideal liquids but unfortunately they are inconsistent in the critical region.
The Wilson equation, proposed by Grant M. Wilson in 1964 (Wilson, 1964:127) is a
thermodynamically consistent equation for predicting multi-component behaviour from
regressed binary equilibrium data. It can represent almost all non-ideal liquid solutions
accurately except for electrolytes and solutions exhibiting little or limited miscibility, however
the Wilson equation is more complex and requires more processing time than other equations. It
can satisfactorily predict ternary equilibrium systems using parameters regressed from binary
data. The Wilson equation gives results for weak non-ideal systems that are comparable to the
ones given by the Margules and van Laar equations, but it is more accurate than the others for
increasingly non-ideal systems.
The NRTL (Non-Random-Two-Liquid) equation, (Renon & Prausnitz, 1968:135), is a
modification of the Wilson equation. It employs the statistical mechanics and the liquid cell
theory to model the liquid complex. In using the statistical mechanics, the liquid cell theory,
combined with Wilson’s local composition model, produces an equation that can accurately
represent vapour-liquid equilibrium (VLE), liquid-liquid equilibrium (LLE), and vapour-liquid-
liquid equilibrium (VLLE) phase behaviour. The NRT4 reliable for ternary and higher order
systems given that there are parameters obtained from binary equilibrium data. The NRTL has an
accuracy comparable to the Wilson equation for VLE systems. The NRTL can use some of the
equation of state methods for vapour phase thermodynamic calculations e.g. Redlich Kwong and
hence the combination of the two becomes the NRTL-RK.
The ELECNRTL model is a variation of the NRTL model to cater for electrolytes. It involves
the description of the ionic interactions along with pure component and pair-wise parameters for
the ionic and non-ionic components; it is the most flexible electrolyte property method. It can
handle a wide range of concentrations of aqueous and mixed solvent systems with a single pair

of binary systems (Aspen Plus, 1997:19).

65



Chapter 4 Simulation Framework

iii) Special models
Special methods include th&mines Property Package, the amines package contains the
thermodynamic models developed by D.B. Robinson & Associates. The models were developed

for their patented amine process plant simulator, called AMSIM (Asper“PRsference
Manual, 1997).
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4.3 Selection of property method for the Sl cycle system

It is important to select a proper property method for a system because each property method is
suitable for a certain group of components and a range of conditions, and a poor choice of a

property method can lead to unreliable simulation results (Seade2006).

The Sl process chemical species include strong &Eig80, and HI) that dissociate hence an
electrolytic model is essential for accurate and reliable modelling. Bob Sgehateret al.
2006)suggested a method for the selection of a propeetyhod; henceforth this method will be
called the “Bob Seader” method. The method is an algorithm which leads to one choice of
property method, because of the conditions specified in the algorithm that eliminate other
property methods. The application of the algorithm to the selection of the property method for

the Sl cycle system is shown in Figure 4.1.

ELECNRTL

UNIQUAC, >
NRTL, Y

ELECNRTL

Y

N

—><pps L
AVAILABLE
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—> —»-L B8P e
Y Y

>
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?
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N
LG? >
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S

Figure 4.1: Bob Seader property selection method [HC — hydrocarbons; LG — light gas; PC —
polar compound; BIP — binary interaction parameters, PPS — possible phase splitting; E —
electrolytes]
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In the development of the algorithm in Figure 4.1 the following factors for the Sl cycle system
were considered:

* The system has polar compounds, for example water and acid
» The system has light gases, for example hydrogen and oxygen
» There is a possibility of liquid-liquid phase splitting on the $iistem

» Electrolytic compounds, for example acid dissociates into ions.

Such a system can be approximately be represented by an AspEh $doslation using the
ELECNRTL physical property method.

4.4TheELECNTRL

In Aspen PIu8", an electrolyte system is defined as a system in which there is a partial or
complete dissociation of molecular species into ions in a liquid solvent, and some of the
molecular species form a salt precipitation. The dissociation and precipitation reactions occur
fast enough that the reactions can be said to be at equilibrium. The liquid phase equilibrium
reactions that describe this action are referred to as the solution chemistry. All unit operation
models provided in Aspen PlUscan handle electrolytic reactions. The presence of ions in the
aqueous and liquid phase causes highly non-ideal behaviour. Aspeh’ Rusvides
thermodynamic models with a databank of binary interaction parameters between water and over
600 electrolyte ion pairs. The models have been developed specifically to represent the non-ideal

behaviour of liquid phase components (Aspen Plus, 1997:19).

The ELECNRTL model is based on the NRTL theory that incorporates the Wilson local
composition expression. The local composition models in NRTL have proved to be very
successful in representing thermodynamic properties of various electrolyte solutions and have

extensively been used for the correlation of thermodynamic properties of electrolyte solutions.
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The ELECNRTL is fully in agreement with the NRTL for liquid phase property calculation and
uses the Redlich Kwong property method for vapour phase calculations. An ELECNRTL model
can handle everything from concentrated electrolytes through dilute electrolytes to non-polar
species, such as iodine, so it should be able to handle the chemistry of the Sl cycle (Aspen Plus,
1997:19).
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4.5 Validation of the ELECNRTL for the Sl cycle system

The ELECNRTL model must be validated so as to ascertain whether it satisfactorily represents
the system over the composition range and temperature under investigation. The validation will
be done from the following perspective:

* The HI-HO binary system

e The HO-I; binary system

e The SQ-H;0 binary system

» Constant pressure specific heat capacity

The HI-HO-I,-SO-H,SO, system involved in the process is a complex system because of the
various ionisation and complexation phenomena that occur. The system can be split into different
binary systems. The HI- binary system is electrolytic and exhibits a homogenous mixture.
The system exhibits liquid—liquid equilibrium because of iodine’s low solubility in water and the
presence of a miscibility gap in the HL®I binary system. Concerning the®il, binary system,

the system is highly non ideal with liquid-liquid equilibrium shown above iodine’s melting point.
SO,-H,0 binary exhibits complex phase behavior because it hydrates and shows immiscibility
(Lanchiet al. 2009:2123). The model can be considered sufficient if it can give results of the

systems discussed that are comparable with experimental data presented by different authors.

Figures 4.2 to 4.6 show the curves of the bubble pressures of thegOHKHSO,-H,SO, system’s

binary mixtures at different temperatures and pressures presented by different authors (Kane &
Revankar, 2009:5999; Lanchki al. 2009:2128; Gorensek & Summers, 2007:16; Mathias &
Brown, 2003:16) and data obtained from Aspen Plus
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Figure 4.6: Liquid heat capacity of sulphuric acid at 10 bars (Heat capacity (kcal/kg. K) vs %wt
acid): comparison between Fasullo’s experimental data and Aspéff Plus
[ — Aspen PIUY"; & Fasullo] Mathias & Brown (2003:16)

Overall, the results show a good agreement for theélar range of O to 0.15. The electrolytic
binary HI-H,O exhibits an azeotrope at 0.157 HI molar fraction (Laetlal. 2009:2123). For

HI concentrations above the azeotrope, and high pressures (> 20bar) the results given by Aspen
Plus™ deviate from the experimental results. The deviation can be due to the model’s failure to
cater for:

» the solvation of iodides by iodine in the liquid phase,

» the non ideality of the vapour and liquid phases; the binary (}@)-ldr the ternary (HI—

I-H,O) mixtures in the HI section are strongly non-ideal solutions and partially
immiscible
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4.6 Summarised remarks

Although Aspen PIU' ELECTNRTL model has been validated and will be used for the
simulation, it will not predict the sulphur-iodine thermochemical cycle system with 100%

confidence because of the following reasons:

e The HI-H~I,—H,0O quaternary system thermodynamic behaviour is complicated. In the
HI-1—-H,0 ternary liquid phase, #—-I, and HO-HI show a highly immiscible and an
azeotropic liquid—liquid equilibrium respectively (Clat,al. 2009:501).

e SO, —H,O binary exhibits complex phase behaviour of hydration and immiscibility.

* Inclusion of SQ further complicates the system; Henry-comp treatment gfpB&2ludes
the formation of liquid phase.

« Section Il has units that operate at very high temperatures that exceed the critical
temperature of water (373). At these temperatures, ions tend to exist as pairs and this
must be correctly accounted for in the model.

« Section Il encounters complex behaviour of the HH#O system, which includes
multiple liquid phases and possible solid precipitation. While the process conditions, by
design, avoid regions where multiple liquids or solid precipitation actually occur, the
model must correctly account for this behaviour, if only to avoid these unfavourable

regions.

Cho et al. (2009:501) argued that Aspen Pfisuses the Redlich-Kwong equation of state to
handle the non-ideal behaviour ofiHjas phase. The partial pressure of hydrogen is considered
via Henry constant since hydrogen exists in supercritical condition. ELECNRTL equation of
state regresses VLE, LLE, SLE of Hystems successfully. Compared to the Neumann model,
the ELECNRTL shows larger deviations in VLE of Hiata. The ELECNRTL thermodynamic
model identifies the non-ideality of the ionic liquid solutions, however, there are dissociation,

complexation and precipitation reactions occurring in solution, therefore the ELECNRTL model

76



Chapter 4 Simulation Framework

must be coupled with models that describe the reactions. Furthermore multiple chemistry models
need to be employed because of the complexity and variety of phenomena that occur in various

parts of the sulphur iodine process (Mathias & Brown, 2003).
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CHAPTER 5 — Aspen Plus" process simulation

“Deep down, the US, with its space, its technological refinement, its bluff good conscience, even in those spaces
which it opens up for simulation, is the only remaining primitive sdcilgn Baudrillard

5.1 Introduction

Aspen Plu8" is a market-leading process modelling tool for conceptual design, optimisation,
and performance monitoring for the chemical, polymer, specialty chemical, metals and minerals,
and coal power industries (Aspen, 2010). The Sl process has been simulated successfully by
different authors (Leybros & Summers, 2009:9064). The conditions and some of the products
specified into the simulator have been reported by different authors in the field of the Sl cycle

study.

5.1.1 Assumptions
The assumptions taken during the preparation of the Sl cycle flowsheet were as follows:

» The ELECNRTL properties model used for the simulation accurately represent the
HoSOy-HI-1-H,O-SG-S0,-0O, system.

» High temperature sulphuric acid decomposition proceeds to thermodynamic equilibrium.

* No piping and vessel pressure drops.
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5.2 Section |I: The Bunsen section

5.2.1 Literature survey

The Bunsen reaction is a liquid phase exothermic reaction involving iodine, sulphur dioxide and
water. The products are two immiscible aqueous acids, aqueous sulphuric acid (light phase) and
a mixture of hydrogen iodide, iodine and water, referred to aghdavy phase). The reaction is

summarised in Equation 5.1:
l2g) + SQyag) + 2HOp —> HSOuaqg + 2HI) (5.1)

Researchers have suggested the following conditions for the Bunsen reaction. the simulation was

based on a summary of what the following researchers have previously reported:
« The Bunsen reaction occurs at PZ7and 2 bar, (Goldsteist al. 2005:621)

* The exothermic Bunsen reaction takes place mostly in a heat exchanger reactor operating
at 7 bar and 105 - 12, (Giaconiaet al.2007:474)

* An excess of water and iodine characterizes the feed from other sections in order to allow
acceptable reaction rates and easy separation of products into two liquid phases (Giaconia
et al.2007:474). The allowable window ranges from 4 to 6 moles for excess iodine and
11-13 moles for excess water at 572C7qLeybroset al.2009:9064)

* The operating temperature of the iodine entering the reactor should be more than its
melting temperature (Leybra al. 2009:9063). The melting point of iodine is 1135
(Green & Maloney, 1997:18).

» Experimental data indicate that the sulphuric acid phase leaves the reactor with a nearly
constant molar composition close tg§0, + 4H,O]. For process design, Leybretsal.

(2009:9063) suggested an alternative stoichiometry for Equation 5.1,

7l + SQaq + 15HO ) — [HSOyaq) + 4HOp] + [2HI) + 9HO) + 6k]  (5.2)
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5.2.2 Conceptual development

Figure 5.1 shows a basic flow diagram for Section |, the conditions specified in the block

diagram are a summary of the literature presented in Section 5.2.1.

0,
S0,/0,/H,0

from Bayonet

reactor SO, + H,0

— 3] S0,/0,/H,0 B

separator
H.0 v SO, + 15H,0 H,S04 + 4H,0
. 2 K

H,0/Acid H,0/Acid | Mixer from Section I ~

— 5| separator w e
«——

Acid recycle > Bunsen

Separator
Reactor P

105 -127°C
2 -7 bar

»
>

2HI + 9H,0 + 6l,

71, from Section I, > 113.5 °C

»
»

Figure 5.1: Section | process block diagram.

Since SQ should dissolve in the reaction medium and maintain the highest possibpa$al
pressure (Leybrogt al. 2009:9064), the reactants should be in liquid phase. The operating
temperature of iodine entering the reactor should be more than its melting temperature. The
melting point of iodine is 113.%C (Green & Maloney, 1997:18). Therefore, the Bunsen section
should include, i) S®O, separation unit to separate, @referably an S©absorber unit, ii)
H,0O-H,SOy separation unit, preferably a distillation column and, iii) condensers to liquefy SO
which comes from Section Il in gaseous phase, this will not be necessary since most of reactor

feed is the liquid underflow from the absorption column.

The Bunsen section should consist of a reactor and some liquid separation units. Figure 5.2

shows the Aspen PIUY process simulation of Section I.
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Figure 5.2: Aspen Plu§" Section | flowsheet.

83



Chapter o Aspen Dlus™ Drocess Simulation

Table 5.1: Aspen Plu8” Section | flowsheet stream table.

Stream ID 3 4 5 6 7 8 9 13 14 16 1y 19 20 p1 P2 23 26 56
Temperature (°C) 288.6 150 150 15( 57.4 49/6 3151 76.1  106.1 42.3 120 120 120 120 120 120 | 1216 49.6
Pressure (bar) 20 20 20 20 5) 5 5 1 b L b 5 5 5 5 5 5
Vapour Fraction 0.246| 0.160f 1.009 0.00p 0.000 0.0p0O 0.000 0.p20 0020 Q.000 p.000 |0.000 [0.000 | 0.000 | 0.000| 0.000f 0.000 1.000

Mole Flow (kmol/sec) 9.313| 9.313] 1.494 7.81p 50.62 4965 5819 57.46

[4)]

7.46  48.59 #.833 |56.45 |50.43 | 6.018 | 4.001| 2.018 5443 0.512

Mass Flow (kg/seq 459.00 | 459.C| 78.61 | 380. 336: 3301 | 342t 4621 4621 3281 122¢ 4621 443¢ | 189.1| 72.07 | 117.1 451C | 16.2¢

Mole Flow (kmol/sec)

H,O 2.292| 1.970[ 0.02( 1950 3943 3944 0.412 4141 4141  38.38 p.000 |36.36 | 32.36 | 4.001 | 4.001| o0.187 36.3q 0.010
Hy 0.000| 0.000] 0.00q 0.000 0.000 0.0p0 0.000 0.pO00  0{000  Q.000 PD.000 |0.000 |0.000 | 0.000 | 0.000| 0.000 0.000 0.000
[ 0.504| 0.504| 0.504 0.000 0.002 0.0p0 0.00 0.p02  0{002  Q.000 Pp.000 |0.002 |0.002 | 0.000 | 0.000| 0.000 0.002 0.502
H>SO, 0.431| 0.109] 0.004 0.10p 0.000 0.0p0 0.832 0.p00  0{000  Q.000 Pp.000 |0.000 |0.000 | 0.000 | 0.000| o0.187 0.00g 0.000
SO 1.009| 1.009] 0.97( 0.03p 0962 0.0p0 0.00 1.p08 1{008  Q.000 P.000 |0.000 |0.000 | 0.000 | 0.000| 0.000 0.00g 0.000
SGCs 0.00C | 0.00C | 0.00C | 0.00C| 0.00C| 0.00C| 0.00C| 0.00C| 0.00C| 0.00C| 0.00C| 0.00C | 0.00C| 0.00C| 0.00C| 0.00C| 0.00C| 0.00¢

I 0.000| 0.000] 0.00q 0.000 1020 10.p0 0.00 13503 1p.03  10.20 #.833 |14.03 |14.03 | 0.000 | 0.000| 0.000| 14.03@ 0.000
HI 0.000| 0.000] 0.00q 0.000 0.000 0.0p0 0.000 0.pO0  0{000  Q.000 Pp.000 |0.000 |0.000 | 0.000 | 0.000| 0.000 0.000 0.000
HsO" 2.538| 2.861] 0.00d 2.86L 0.008 0.0p0 2137 0.001 0j001 Q.000 Pp.000 |3.027 |2.018 | 1.009 | 0.000| 0.822 2.01§ 0.000
HSO; 0.000| 0.000] 0.00d 0.000 0.008 0.0p0 0.00 0.p01 0f{001 Q.000 Pp.000 |0.000 |0.000 | 0.000 | 0.000| 0.000 0.000 0.000

I’ 0.00C | 0.00C | 0.00C | 0.00C | 0.00C | 0.00C| 0.00C| 0.00C | 0.00C| 0.00C| 0.00C | 2.01¢ | 2.01¢ | 0.00C | 0.00C | 0.00C | 2.01¢ | 0.00C

HSO, 2.538| 2.861] 0.00( 2.86l 0.000 0.0p0 2137 0.p00 0j000 0Q.000 Pp.000 |1.009 |0.000 | 1.009 | 0.000| 0.822 0.000 0.000
OH 0.000| 0.000] 0.00d 0.000 0.000 0.0p0 0.000 0.p00  0{000  Q.000 Pp.000 |0.000 |0.000 | 0.000 | 0.000| 0.000 0.000 0.000
SO* 0.000| 0.000] 0.00q 0.000 0.000 0.0p0 0.000 0.p00O  0{000  Q.000 Pp.000 |0.000 |0.000 | 0.000 | 0.000| 0.000 0.000 0.000
o 0.000| 0.000] 0.00q 0.000 0.000 0.0p0 0.000 0.p00  0f{000  Q.000 P.000 ]0.000 |0.000 | 0.000 | 0.000| 0.000 0.000 0.000
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The product from Section Il (Stream 3) is at a temperature of 288@d consists of 5.4 mol%

0., 10.8 mol% S@in aqueous acid. It is cooled to P80(HX01) so as to remove most of the
H,SO, and remain with an SED,-H,O gaseous mixture (FD01). At 1%0 H,SOy is in liquid

phase whereas SO0, and BHO are in gas phase, therefore at this temperature acid separation
from the HSOs-SO,-0O,-H,O mixture can be achieved by a gas liquid separator, preferably a

flush drum.

The gaseous mixture of $@,-H,O (Stream 5) containing 64.9 mol% $@3.7 mol% @ and

1.4 mol% HO respectively, is fed to the bottom stage of the &83orber (AT01). SOs a polar
compound with a dipole moment of 1.6, whilgi©non-polar (Bae & Lee, 2005:102). A solvent

such as water can be effectively used to separate a mixture, @8Qa) preferably in a spray

tower absorber. The S@bsorber will be at equilibrium stage with vapour-liquid fractionation
device which operates at a pressure of 5 bars with an assumed negligible pressure drop. In this

operation most of the S@s liquefied and is fed to the Bunsen reactor (RX01) via Stream 7.

Stream 5 is mostly aqueous acid and is fed to a distillation column (DCO01). Figure 5.3 shows the
y-x diagram for HSO, — H,O binary system, if we were to use the McCabe-Thiele method, it is
clear that the acid separation could be achieved by only two stages. Since the separation is a two
stage distillation process, the operating conditions of DCO1 are derived by running trial and error
simulations until the simulation converges. The resultant distillation column configuration is as
follows: i) reflux ratio = 1.2 (by mass), ii) fixed distillate rate of 2 kmol/s, iii) pressure of 5 bars,

iv) two stages and, v) the feed is at stage 2. The acid is concentrated from 2.8 wt% (Stream 5) to
23.8 wt% (stream 9) which is sent back to Section Il. The water distillate (Stream 16) which

contains 6.6 wt% SQs sent to the Bunsen reactor.

The Bunsen reactor’s (RX01) inputs are a liquid mixture of, 8&nd HO (Stream 6) from the

SO, absorber, a liquid mixture of $@nd BHO from the distillation column, iodine from Section

Il (Stream 17) and recycled HI from Section Il (stream 23). Goldsteial. (2005:621) and
Giaconiaet al. (2007:474) specified a temperature of 120 and@and pressures up to 7 bar

for the Bunsen reaction. Also the temperature should be above the melting point of iodine

(Leybroset al. 2009:9063). Therefore the specified temperature and pressure conditions will be
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120°C and 5 bar for this simulation. The reactions specified are assumed to be 100% conversion
with respect to S® Since the conversion, temperature and pressure for the Bunsen reaction are
known, an RStoic block is used to simulate the Bunsen reactor. The product from the Bunsen
reactor (Stream 19) is 34.7 mol%® 63 mol% 3, 0.5 mol% HSO,, and 1.8 mol% HI. This
product forms a two phase liquid mixture composed of the light acid phase and the heavy HI

phase.

Mole fraction of water in vapor

0 -""I'"'I""I""I""I""I""I""I""""‘I
0 0.1 02 03 0.4 05 06 0.7 0.8 0.9 1

Mole fraction of water in liquid

Figure 5.3: y-x diagram for HSO, — H,O
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The performance of the Bunsen section depends much on its interaction with other sections. In
this section, the effect of the amount of excess iodine and water on the energy requirements of
the Bunsen reactor is investigated. The allowable window ranges from 4 to 6 moles for excess
iodine and 11-13 moles for excess water at 57C7(I.eybroset al.2009:9064)

To investigate the effect of excess iodine or water on the Bunsen reaction, a separate simulation
is run with the feed entering the reactor atC7@nd 5 bar. The iodine or water mole flow is
varied. Figures 5.4 and 5.5 show that as the amount of excess iodine is increased, the net heat
duty to the reactor increases whilst the effect of excess water is opposite.

150 +
100 +

50 +

20

Reactor Heat duty (MW)

-50 -+

-100 -
Excesslodine in feed (mol)

Figure 5.4: Effect of excess iodine on Bunsen reactor net heat duty
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0 10 20 30 40 50 60

Excess Water in feed (mol)

Figure 5.5: Effect of excess water on Bunsen reactor net heat duty

The trend which is shown on Figures 5.4 and 5.5 can be explained by Leyafq2009:9062)
argument that the Bunsen reaction cannot proceed in the liquid phase, without an excess of
water. Solvation due to excess water is highly exothermic and allows the Bunsen reaction to
proceed spontaneously. Therefore, the increase in the amount of water in the reactor feed
increases the heat energy evolved due to the solvation process.

It can be deducted that, for the operation of the Bunsen reactor, the amount of excess water

should be on the upper side of the optimal range of 9 to 13 moles, whilst the amount of iodine
should be on lower side of 4 to 6 moles.
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5.3 Section Il: Sulphuric acid decomposition

5.3.1 Literature survey

Acid formed in the Bunsen reactor in Section I, must be decomposed in Section II. Sulphuric
acid decomposition into water, oxygen and sulphur dioxide occurs in two successive reactions.
Firstly is the formation of sulphur trioxide at temperatures beloWw®G® the sulphuric acid
rapidly vaporizes, at above 80 sulphur trioxide totally decomposes to sulphur dioxide and
oxygen as shown in Equations 5.3 and 5.4 (Leyletosl. 2009:9062; Gorensek & Summers,
2009:4098; Jeong, 2005:3; Goldsteshal. 2005:619);

HoSOuaq—>  SQ *+ H0(g) (397C) (5.3)

SOs — SQ() + 120z (867C) (5.4)

Extensive research has been conducted to determine the equipment and reaction conditions for
the sulphuric acid decomposition step. The following research findings were used to develop the

simulation:

» HySO, decomposition is the most endothermic reaction in the cycle and requires a
temperature exceeding 880 and pressures up to 90 bar (Barbaresse. 2006:885,

Gorensek & Summers, 2009:4100).

* A Bayonet type reactor being developed at Sandia National Laboratory (SNL) is suitable
for the decomposition reactor (Gorensek & Summers, 2009:4100). The reactor consists of
one closed ended SiC tube co-axially aligned with an open ended SiC tube to form two
concentric flow paths. High-temperature heat is applied externally, except near the open
end. Concentrated liquid acid is fed at the open end to the annulus, where it is vaporised
before passing through an annular catalyst bed. The decomposition reaction takes place in
the catalyst bed, using heat provided by the external heat sourgeOS$@nd HO
vapour product returns through the centre and loses its heat to the feed through
recuperation. Cooled and partially condensed product exits out the open end into a metal
base or manifold at a temperature low enough (€Q@p allow the use of poly-tetra-

fluoro-ethylene (PTFE) seals.
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« The Bayonet reactor inlet is maintained at temperatures beloW 208e water vapour
and the sulphuric acid enter the boiler which heats the sulphuric acid solutiorf@td50
produce a sulphuric acid vapour. The super-heater would heat the sulphuric acid vapour
to 700C and the decomposer would heat the vapours to the maximum operating
temperature to provide the heat necessary to dissociate the sulphur trioxide to sulphur
dioxide and oxygen. The decomposed vapours coming from the decomposer are to be
recuperated in the super-heater. Further heating superheats the acid and the vaporised
acid decomposes almost completely to;S0d HO prior to reaching the catalyst.
Further heating in the catalyst region decomposes tha&OQ and Q (Gorensek &
Summers, 2009:4100).

« The optimum Bayonet reactor feed acid concentration is 80% &€ &k temperature
(Gorensek & Summers, 2009:4104)

* 40% of the acid is decomposed to sulphur dioxide by the decomposition reactor (Norman
et al.1982:1)

5.3.2 Conceptual development

Decomposing the sulphuric acid at high temperature is a major challenge in all sulphur based
thermochemical cycles. Careful selection of materials of construction is of major importance in
the design of equipment especially for Section Il. The conditions in this section will be acidic
and temperatures will be above 800and pressures up to 22 bars. In material selection, silicon
carbide is the material of choice in such conditions (Gorensek & Summers, 2009:4100). Silicon
carbide is ceramic and can contain the process at the required conditions without significant
corrosion or deterioration, while providing adequate heat transfer characteristics. One major
disadvantage is that ceramics are difficult to fabricate into desired shapes. For this dissertation an
alternative material, Incoloy 800 is selected. Incoloy has been stated by researchers as a possible
material for the equipment in the Sl cycle (Leybebsal. 2010:1010). Incoloy 800 is a widely

used material for the construction of equipment having high strength and resistance to oxidation,
carburisation, and other harmful effects of exposure to high- temperatures.
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Figure 5.6 and 5.7 show a block diagram and an Aspen “Pkisnulation for Section II,
respectively. The products of the Bayonet reactor are at a high pressure and there is need to
reduce the pressure because the downstream sections (Section ) operate at a much lower
pressure. Also the products are a vapour-liquid mixture with un-decomposed acid occupying

most of the liquid part. A flash drum can be used to separate the acid froam&Q.

Vapour
Acid —¢
make Bayonet | ' o
Mixer » Reactor Valve p| Flus
H,SO4 + H,0 Drum
A 850°C H2S04 + Hy0 + SO, + O,
lLiquid
Section |
H,SO,4 + H,0

Figure 5.6: Section Il process block diagram

4 SO2 & 02 to Section |

Acid recycle

G
Acid from Section |

(3]

Acid from distillation column

Hamt

HX02 g
PPO1

Figure 5.7: Aspen Plu§” Section Il flowsheet.
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In Figure 5.7, the acid make-up is introduced into the cycle by stream ‘MAKE-UP’; streams 9
and 25 bring sulphuric acid from Section I. Acid and water are mixed in mixer MX01, and
optimum acid concentration must be achieved inside the mixer. The mixer (MX01) is set to
achieve 85% weight sulphuric acid (Stream 1), which is sent into the Bayonet reactor. This
specification in industry can be achieved by introducing a PID controller for example, which
reads off the concentration of stream 1 and then sends a signal to a flow control valve that is
mounted on stream ‘WATER’. The products of the acid decomposition (Stream 2) are sent to
Section | for separation processes before being fed into the Bunsen reactor. The major advantage
of the Bayonet reactor is the internal heat recuperation. A detailed design for the Bayonet reactor

is shown on Figure 5.8.

R-DEC02
R-DEC04 R-DEC03 R-DEC01

Figure 5.8: Aspen Plu8” Bayonet reactor flowsheet.

The feed Stream RO1 contains 84% wt acid and is pre-heated by block R-PREHX which is a
heater block that calculates the heat required to raise the temperature of the reactafi@ to 270
This temperature is chosen because it was found that the transition from low temperature
electrolyte to high temperature, complex forming model occurs 8C2MRorensek & Summers,
2009:4102).

In Figure 5.8, heater and reactor blocks, R-HX01 and R-HX02 respectively, simulate the liquid
phase decomposition of acid below 260 The ELECNRTL property method predicts that
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vaporisation starts at a temperature above€@5R-HX03 is a heater block that vaporizes the
products from R-HX02 (Stream R04) which are then transmitted to the RGibbs block, R-HX04.
In these blocks Aspen P5 ELECNRTL model predicts the formation of gaseous.Skhe
Catalyst is loaded from R-HXO07, through R-DECO1 up to R-DECO04. The catalyst inlet bed
temperature on R-HX07 is 675. The SQ decomposition reaction is assumed to take place in
R-DECO01, R-DECO03 and R-DECO04. Further cooling with recuperative heat interchange with
oncoming feed stream is done in block R-CLRO1. The resultant product stream is at a
temperature of 29C and contains 5.4 mol%,010.8 mol% S@in aqueous acid, which is sent

to Section I, (Stream 2 in Figure 5.7).
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Table 5.2: Aspen PIlu8” Section Il flowsheet stream table.

1 RO1 R0O2 RO3 R0O4 R0O5 RO4 ROy ROB RQ9 R10 R11 RA2 R13 2 3 4 5 Mé\KE;D 9 11 25
Temperature (°C) 226.6 | 230.0f 276.9 270.1 349|]7 359.3 55B.1 555.1 6p51 §889.9 B79.9 4722 |355.1 | 308.8| 289.7] 288.6 150.0 1500 150}0 28 315.1 3]5.1 12
Pressure (bar) 1 1 22 22 22 22 27 22 2p 22 32 p2 R2 22 22 20 20 20 20 1 5 22 5
Vapour Fraction 0 0 0 0 0 0| 0.119 ] 1 L 1L 0.1791 0.299 0.267 0.239 0[244 0.16 1 0 0 0 0 0
Mole Flow (kmol/sec) | 7.800| 7.800] 7.80Q 7.80p 7.8Q0 7.8p0 9.062 9.188 9|345 9.723 P.712 |9.441 |9.313 | 9.313| 9.313 9.313 9.313 1494 7.819 0.002 5.819 5/819 2.0(
Stream ID 459.0| 459.0] 459.0 459.p 459(0 459.0 45p.0 459.0 4p9.0 459.0 £459.0 [459.0 |459.0 | 459.0| 459.00 459.0 4590 78.62 380}4 0.158 3426 3426 116
Mole Flow (kmol/sec)
H,O 0.912| 0.912] 0.988 0.98QL 2.125 0.440 0.008 0.134 0j148 0.154 D.154 [0.011 |2.123 | 2.330| 2.280, 2.288 1970 0.020 1.950 0.000 0.r11 0}711 0.1¢
H, 0.000| 0.000{ 0.00Q 0.00p 0.000 0.0p0 0.000 0.p00 0j00O Q.000 DpP.0OO [0.000 |0.000 | 0.000| 0.000] 0.000 0.000 0.000 0.000 0.000 0.p00 0{000 0.0C
O, 0.000| 0.000{ 0.00Q 0.00p 0.000 0.0p0 0.000 0.p00 0}143 (Q.515 DpP.504 [0.504 | 0.504 | 0.504| 0.504] 0.504 0.504 0.000 0.000 0.000 0.p00 0[000 0.0C
H,SO, 1.068| 1.068] 1.144 1.13f 2.664 0.5p7 0.146 0.020 0j006 Q.000 p.000 [0.173 |0.262 | 0.468| 0.419] 0.431 0.109 0.000 0.109 0.002 0.831 0{831 0.1¢
SG, 0.00C | 0.00C | 0.00C | 0.00C | 0.00C | 0.00C | 0.00C | 0.00C | 0.28€¢ | 1.03C | 1.00¢ | 1.00¢ [ 1.00¢ | 1.00¢ | 1.00¢ | 1.00¢ | 1.00¢ | 0.97C | 0.03¢ | 0.00C | 0.00C | 0.00C | 0.00C
SO 0.000| 0.000{ 0.000 0.00p 0.000 0.0p0 1.262 1.388 1j116 0.377 D.399 [0.128 | 0.000 | 0.000| 0.000] 0.000 0.000 0.000 0.000 0.000 0.p01 0j001 0.0C
I, 0.000| 0.000{ 0.000 0.00p 0.000 0.0p0 0.000 0.p00 0}00O Q.000 pP.0OO [0.000 |0.000 | 0.000| 0.000] 0.000 0.000 0.000 0.000 0.000 0.p00 0{000 0.0C
Hi 0.000| 0.000{ 0.00Q 0.00p 0.000 0.0p0O 0.000 0.p00 0j00O Q.000 pP.0OO [0.000 |0.000 | 0.000| 0.000] 0.000 0.000 0.000 0.000 0.000 0.p00 0{000 0.0C
HsO" 2910| 2910 2834 284)%L 1697 3382 5076 5076 5/076 9§.076 p.076 [4.947 |2.708 | 2501| 2550, 253§ 2861 0.000 2.861 0.000 2..37 2137 0.8]
HSO; 0.000| 0.000{ 0.00Q 0.00p 0.000 0.0p0 0.000 0.p00 0}j00CO Q.000 pP.0OO [0.000 |0.000 | 0.000| 0.000, 0.000 0.000 0.000 0.000 0.000 0.p00 0{000 0.0C
I’ 0.000| 0.000{ 0.00Q 0.00p 0.000 0.0p0 0.000 0.p00 0}j00O Q.000 p.0OO [0.000 |0.000 | 0.000| 0.000, 0.000 0.000 0.000 0.000 0.000 0.p00 0{000 0.0C
HSO4 2.91C | 2.91C | 2.83¢ | 2.841 | 0.931 | 3.381 | 0.06% | 0.06% | 0.06% | 0.06% | 0.06% | 0.38¢ | 2.707 | 2,501 | 2.55( | 2.638 | 2.861 | 0.00C | 2.861 | 0.00C | 2.137 | 2.137 | 0.81¢
OH" 0.000| 0.000{ 0.00Q 0.00p 0.000 0.0p0 0.000 0.p00 0j000 Q.000 p.00OO0 [0.000 |0.000 | 0.000| 0.000, 0.000 0.000 0.000 0.000 0.000 0.p00 0{000 0.0C
SO* 0.000| 0.000{ 0.000 0.00p 0.000 0.0p0 0.000 0.p00 0j00O Q.000 DpP.0OO [0.000 |0.000 | 0.000| 0.000] 0.000 0.000 0.000 0.000 0.000 0.p00 0{000 0.0C
SO 0.000| 0.000f 0.00Q 0.00p 0.383 0.0p1 2505 2.p05 2|505 2.505 P.505 [2.279 |0.000 | 0.000| 0.000] 0.000 0.000 0.000 0.000 0.000 0.p00 0j000 0.0C
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The Bayonet reactor is the most energy intensive unit in the SI process because the high
temperature decomposition of sulphuric acid occurs within the reactor itself. The decomposition
of sulphuric acid is strongly affected by temperature, pressure and the acid strength (Barbarossa
et al. 2006: 889). In this study, the temperature and pressure are fixed°at &0 22 bars
respectively; therefore the acid strength becomes the variable. Since the decomposition reaction
is reversible and has acid as the only reactant, the acid strength has a considerable effect on the
kinetics of the reaction. Therefore there is need to investigate the effect of the Bayonet reactor
feed acid strength. Figure 5.8 and 5.9 shows the effect of acid concentration on the Bayonet

reactor. It is clear that the operating conditions favour high acid strength.

500
450
400 |

350 |

Heat duty, { MW)

300 +

250 +

200 - . . . . . .
80 &1 82 83 84 85 86

%wt Acid

Figure 5.9: Effect of feed acid concentration on reactor heat duty, peak process temperature and
pressure is 89C and 22 bar respectively
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30

25 + -
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20 + __—

15 +

Conversion, {%)

10 +

80 81 82 83 84 85 86

%wt Acid

Figure 5.10: Effect of feed acid concentration on acid conversion, peak process temperature and
pressure is 89C and 22 bar respectively

Gorensek & Summers (2009:4097) presented a flowchart where the acid is concentrated from 30
to 55%.The lowest heating targets of 330 MW were obtairmedded concentrations of 80% at

all pressures. Heating targets were below 450 kJ/melps@vided the feed concentration was
above 60 wt%. The findings of this study do not compare well with the findings reported by
Gorensek & Summers (2009:4097). In this case, the heating target was less than 450 MW for
acid feed concentrations of more than 80 wt%. These differences might be attributed to the molar
feed flowrate. Gorensek & Summers (2009:4097) used a feed flowrate of 5.848 kmol/s whilst the
one used for this study was above 6.7 kmol/s. Also the peak temperature used for this study was
890°C instead of 8T presented by Gorensek & Summers (2009:4097). The results obtained
from this analysis indicate that the amount of feed flow has an effect on the energy requirements

of the reactor. Pumping huge amounts of feed to the reactor means an increase in the pumping
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and separation costs on other Sections of the cycle. It can be deducted from Figure 5.11 that the
optimal acid concentration is within the 82.5 to 83.5% range.

480
460 |
440 -
420
400
380 -

360 -

Heat duty, (MW); Mass flow, (kg/s)

340

320 +

300 e g

wt% acid

Figure 5.11:Bayonet reactor heat duty vs flow analysms | Reactor heat duty; Reactor feed
mass flow]
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5.4 Section lll: Hydrogen lodide decomposition

5.4.1 Literature survey

The hydrogen iodide decomposition reaction occurs atGtpDeybroset al. 2009:9062). The
process is composed of a reactive distillation column and downstream separators such as dryers
and flash drums. As reported by Leybresal. (2009:9062), the thermal decomposition of

hydrogen iodide has a low endothermic heat of reaction.
2Hlgy — 4 + Hyg (450C) (5.5)

A vapour reactive column was adopted in this thesis and it has been studied by Belaissaoui
(2008:396) in the presentation of a vapour reactive distillation process simulation for hydrogen
production by HI decomposition from HkH,O solutions. The system exhibits strong non
ideality and partial immiscibility of the binary HIJB® and the ternary HEHH,O (HIy solution).
Therefore it is difficult to predict the thermodynamic behaviour of the system. Much research is
being conducted on this section (Kane & Revankar, 2008:5999). The main characteristics of this

system are as follows (Kane & Revankar, 2008:5999):

* Azeotropes KHO-HI binary with a liquid-liquid equilibrium

» Highly immiscible HO-I, with liquid-liquid equilibrium

* HI-I,-H,O mixture exhibiting two separate liquid-liquid regions

« High-temperature triple point of (114 °C) which increases the bubble temperature of
the HI-L-H,0 ternary mixture

» existence of azeotropes in the system (Kane & Revankar, 2008:5999; Belagtsaloui
2008:405)

An operating pressure of 22 bars has been proposed because remarkable hydrogen partial

pressures are only found for solutions with HI content higher than the azeotropic molar fraction

and it corresponds to the minimum pressure of the boiling feed stream.
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5.4.2 Conceptual development

Most researchers have reported the existence of azeotropes in the system (Kane & Revankar,
2008:5999; Belaissaow@t al. 2008:405). Figure 5.12 shows the vapour reactive profile for the
HI-1,-H,O ternary system. At this stage the property set ELECNRTL is predicting the vapour-
liquid-liquid immiscibility envelope as shown in Figure 5.12. The property method fails to
predict any azeotropes within the system. This makes it difficult to accurately simulate the
system. For this reason, a modified vapour reactive distillation process presented by Belaissaoui
et al. (2008:396) was adopted for this study.

H20 (217.31°C)

Vapor distillate

.o

[

7

06

(.4

12 :: s B H2
(370.82°C) \ 0.1 0.2 03 0.4 0.5 0.6 0.7 0.8 0.s (-230,05°C)

Liguid residue

Figure 5.12:Vapour reactive profile of an HF-H,O mixture

99



Chapter o Aspen Dlus™ Drocess Simulation

The design configuration consists of a single feed and entirely reactive distillation column. The

column operates under a pressure of 22 bars. The feed of the reactive distillation column, coming
from the Bunsen reaction section, with molar composition (HI = 0,100139; H,O = 051), is

at its boiling temperature. The residue consists of 99% mol iodine. Water and produced hydrogen
are recovered at the distillate with a composition of 91 and 9%mol water and hydrogen as shown
by the component balance line in Figure 5.12. The column operates at a reflux ratio of 5 and is
composed of 11 theoretical plates including the reboiler and the partial condenser with the feed
at Stage 10 (counted downwards). The obtained HI dissociation yield is 99.6%. The reactive

distillation feed composition for this simulation is shown in Table 5.3:

Table 5.3:Reactive distillation feed composition

Temperature: 260°C
Pressure: 22 bar
H.0: 50.1% mol
2 38.9% mol
HI: 11.0% mol

Equation 5.5 is specified in the distillation column with a conversion of 0.996 on HI (Belaissaoui
et al. 2008:405) Therefore no reaction kinetics i.e. reaction rates and equilibrium constants were

supplied to the simulator. Figure 5.13 shows the resultant AspelY Rinsulation.
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Feed from Section Il

1%}

Water to Section Il, SO2 scrubber

0

Figure 5.13: Aspen Plu8" Section Ill flowsheet.

The reactive distillation column configuration given in Table 5.4 gave a converging simulation

for DCO2:

Table 5.4:Reactive distillation column configuration

Aspen Dlus™ Drocess Simulation

lodine recycle to Section Il

Number of stages

11 (stage 1, condenser; stage 2, reboiler)

Number of reactive stages

9 (stage 2t0 9)

Feed location

Above stage 10

Liquid side stream None
Reflux ratio 04
Bottoms rate (kmol/s) 7.96
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The bottoms (Stream 43), contains 99.7% iodine and is recycled to Section | as a reactant in the
Bunsen reactor. The overhead product of the column (Stream 42) contains 9.8% hydrogen in a
hydrogen and water mixture. Chiller HX11 condenses the overhead vapour to 9.8% vapour at a
temperature of 1€ thereby making it possible for the separation of hydrogen from liquid water
using a dryer (DR01). HX14 cools the stream to the desired product temperatuf€.oT 28

hydrogen product purity is 99.6%mol. Stream compositions are shown in Table 5.5.

Table 5.5: Aspen PIu8” Section Ill flowsheet stream table.

Stream ID 40 41 42 43 44 45 46 | HYDROGEN
Temperature (K) 140.9 259.7 216.2 369.6 159 15.9 1%.9 28.050
Pressure (bar) 3.5 22 22 22 5 5 5 1.013
Vapour Frac 0.016 0.562 1 0 0.098 1 0 1.000
Mole Flow (kmol/sec ) 18.31 18.31 10.254 8.056 10.2%54 1.p1 9.244 1.010
Mass Flow (kg/sec ) 2232.765 2232.764 193.444 2039.3p1 198.4 2.095 191/.349 2.095
Mole Flow (kmol/sec)
H,O 7.150 9.164 9.141 0.028 9.141 0.0p4 9.138 0.004
H, 0.000 0.000 1.007 0.000 1.007 1.0p6 0.901 1.006
02 0.000 0.000 0.00Q 0.000 0.000 0.0p0 0.900 0.000
H2SO, 0.000 0.000 0.00Q 0.00p 0.000 0.0p0 0.900 0.000
SO, 0.00(¢ 0.00¢ 0.00¢ 0.00(¢ 0.00¢ 0.00(¢ 0.00(¢ 0.00(C
SO 0.000 0.000 0.00Q 0.00p 0.000 0.0p0 0.900 0.000
I 7.132 7.132 0.105 8.038 0.105 0.0p0 0.105 0.000
HI 0.000 2.014 0.00Q 0.00p 0.000 0.0p0 0.000 0.000
HsO* 2.014 0.000 0.00Q 0.000 0.000 0.0p0 0.900 0.000
HSOy 0.000 0.000 0.00Q 0.000 0.000 0.0p0 0.900 0.000
1- 2.01¢« 0.00¢ 0.00¢ 0.00(¢ 0.00¢ 0.00(¢ 0.00(¢ 0.00(¢
HSO, 0.000 0.000 0.00Q 0.00p 0.000 0.0p0 0.900 0.000
OH 0.000 0.000 0.00Q 0.00p 0.000 0.0p0 0.900 0.000
SO* 0.000 0.000 0.00Q 0.00p 0.000 0.0p0 0.900 0.000
SO* 0.000 0.000 0.00Q 0.00p 0.000 0.0p0 0.000 0.000
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A vapour composition profile of the Hl,, IH,, and HO system in the column is analysed. The
vapour profiles are presented in Figure 5.14.

0.9 |

0.8 |
0.7 -
06 |
0.5 1

0.4

vapor molar fraction

0.3 +

0.1 +

0 L
0 1 2 3 4 5 6 7 8 9 10 11
Plate (downwards)

Figure 5.14:Vapour composition profiles[ HX b & HO; A  HI]

It is clear from Figure 5.14 that the, ldontent remains very low throughout the column and is
attributed to the HI content on the incoming feed (10% mol). The high volatility of water
compared to iodine means that most of the water will vaporize to vapour distillate rather than
flowing into the liquid residue. As a result, most water will dilute the hydrogen product on the
distillate. Belaissaowet al (2008:405) argues that hydrogen production is obtained only for very
low iodine content in the rectifying section because, in this condition, the reaction equilibrium is
shifted towards the production of hydrogen, according to Le Chatelier's principle. The effect is
evident in Figure 5.14 where the vapour molar fraction of hydrogen is 0.1 whereas the vapour

molar fraction for iodine is close to zero.
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Figure 5.15 shows the temperature profile along the distillation column. The temperature
increase in the lower part of the column is due to the increase in the heavy boiling compound

iodine content.
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Figure 5.15: Temperature profile in the reactive distillation column.
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5.5 Overall Sl cycle process flowsheet

The flowsheets for each section are presented in Sections 5.2, 5.3 and 5.4. The majority of the
unit operations are proven chemical process technologies. The acid decomposition reactor,
Bunsen reactor and the reactive distillation column are processes which are still under research.
Figure 5.16 shows the combined flowsheet for the Sl cycle, stream compositions are detailed in

Tables 5.1, 5.2 and 5.5. The basis is a 1 kmol/s hydrogen production rate.

There are three input streams WATERMAKE and MAKE-UP, which represent the process
water feed, iodine make-up and agueous acid make-up respectively. Also there are three output
streams, hydrogen product stream (HYDROGEN), oxygen by-product stream (OXYGEN) and
the purge stream (PURGE). Purge streams and make-up streams are introduced in closed

chemical processes for stability of the system and plant safety measures.
The overall mass balance of the system is summarised in Table 5.6.

Table 5.6:Overall Sl cycle mass balance

Streams In Flow (kg/s)
WATER 19.00:

I, MAKE 0.14¢
MAKE -UP 0.15¢
Total 19.30¢
Streams Out Flow (kg/s)
HYDROGEN 2.09¢
OXYGEN 16.08¢
PURGE 1.35(
Total 19.531
Error (%) 1.2

The software package allowed for an error of 1.2% with respect to the inlet streams. This can be

explained by the convergence error tolerance which has been specified into the simulator.
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)]
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HX14

Figure 5.16: Aspen PIu8" SI cycle flowsheet
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CHAPTER 6: Process energy evaluation

“Should you find yourself in a chronically leaking boat, energy devoted to changing vessels is likely to be more
productive than energy devoted to patching leaks” Warren Buffett

6.1 Introduction

Process energy optimisation through process integration can lead to substantial reduction in
energy requirements, hence the cost of a process. One of the most successful and generally
useful techniques is pinch technology. The term is derived from the fact that in a plot of the
system temperatures versus the heat transferred, a pinch point usually occurs between the hot
stream and cold stream curves (Sinnott, 2005:111). In this chapter heat integration and Pinch
Technology are going to be carried out by means of AspenTech’s Aspen Energy ANalgzer

separate pinch analysis will be done for the Bayonet reactor and downstream processes.

6.1.1 Assumptions

* Heat exchange is in a single phase

» Only counter current and multi-pass shell and tube heat exchangers are considered

» Heat transfer can be achieved as needed in the high temperature decomposition reactor in
order to achieve the specified approach temperatures

» No piping and vessel pressure drops

» Process water is available year round 8€28

* The minimum temperature approach between helium fluid and decomposition reactor

heat exchangers is A and 2C for downstream heat exchangers
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6.2 Heat integration

Heat integration will be divided into two parts, 1) the Bayonet decomposition reactor which is
composed of a series of heat exchangers and reactors and, 2) processes which are downstream
with respect to the reactor. The bayonet reactor had a separate heat integration because high
temperature heat was supplied to the reactor. No heat exchange from other streams within the
whole process was expected because the streams were at a lower temperature than the streams
inside the reactor. Helium is assumed to be entering the bayonet reactoiGan@8Gxiting at

85C°C. The helium stream leaving the reactor may be used as a low temperature heat source for

the downstream processes.
6.2.1 Decomposition reactor heat exchanger network

Pinch analysis was used to predict the high temperature heat requirement for the acid

decomposition reactor. Figure 6.1 shows the Bayonet reactor detailed design.

R-DEC02
R-DEC04 R-DEC03 R-DECO01

Figure 6.1: Aspen Plu§” Bayonet reactor flowsheet.

The reactor model shown in Figure 6.1 contains blocks, R-PREHX, R-HX01, R-HX02, R-HX03,
R-HX04 R-HX05, R-HX06, R-HX07, R-DECO01, R-DEC02, R-DECO03, R-DEC04 and R-

CLRO1. The feed to the reactor is pre-heated, vaporised, superheated and decomposed. The
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products are then cooled and condensed. This process can be achieved by means of a Bayonet
type reactor (Gorensek & Summers, 2009:4100). The feed stream RO1 contains 85% wt acid;
block R-PREHX is a heater block that calculates the heat required to raise the temperature of the
reactants to 27C. This temperature is chosen because it was found that the transition from low
temperature electrolyte to high temperature complex forming model occurs’at (@&F@rensek

& Summers, 2009:4102). Reactor blocks, R-HX01 and R-HX02 simulate the liquid phase
decomposition of acid below 4%D. The ELECNRTL property method predicts that vaporisation
starts at a temperature above 450R-HXO03 is a heater block that vaporizes the products from
R-HX02 (stream R04), and sent to an RGibbs block, R-HX04, in these blocks Asp&h Plus
ELECNRTL model predicts the formation of gaseous;.SCatalyst is loaded from R-HXO07,
through R-DECO01 up to R-DECO04. The catalyst inlet bed temperature on R-HX07@ 61&

SO; decomposition reaction is assumed to take place in R-DECO01, R-DEC03 and R-DECO04. R-
DECO1 and R-DECO03 have zero energy input. Further cooling with recuperative heat
interchange with oncoming feed stream is done in block R-CLRO1. The resultant product stream
is at a temperature of 28D and contains 5.4 mol%,010.8 mol% S@in aqueous acid, which is

sent to Section I. Table 6.1 is the problem table for the Bayonet reactor.

Table 6.1:Bayonet reactor stream heat requirements.

Stream Initial Temperature | Target Temperature MC, Enthalpy
Name (°C) (°C) (kJ/°C-s) (MW)
RO1 211.7 270.1 1506.8 88.3
R02 270.1 348.8 8202.0 645.5
R0O3 348.8 348.8 - 0
R04 348.8 472.3 4846.9 598.6
R0O5 472.3 472.3 - 0
R06 472.3 552.9 26426.8 2130
RO7 552.9 553.2 827333 248.2
R08 553.2 675.1 110.7 13.5
R09 675.1 550.4 - 0
R10 550.4 890.1 99.5 33.8
R11 890.1 655.1 - 0
R12 655.1 880.1 372.4 83.8
R13 880.1 289.7 5863.8 -3462

From Table 6.1, there is 1 hot stream (R13) and 7 cold streams, R09 and R11 appear to be hot

streams but they involve an endothermic acid decomposition reaction which consumes some of
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the energy brought by the streams. If all the energy is assumed to be exchanged ideally, the total
net heat energy is positive, 379.7 MW.

However a minimum temperature of approach between the streams means that more heat should
be supplied. Figure 6.2 shows the cooling and heating curves whé@ anikfdmum temperature
approach is specified.

1000 |
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Figure 6.2: Bayonet reactor heating and cooling curvesClfinimum temperature approach,

peak process temperature, 830catalyst bed inlet temperature, 8zZ5

The lower curve in Figure 6.2 represents the temperature as a function of heat input for the fluid

flowing through the annulus, while the upper curve tracks the temperature of the fluid flowing
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through the central tube of the bayonet as a function of heat removal. For a minimum
temperature approach of °@ the difference between the enthalpies of the two curves at the
highest temperature (8%D0) is 380.7 MW. This is the heating target, which is the minimum

high-temperature heat requirement for the reactor operating at the specified conditions. The

cooling target is 0 MW, which is the difference between the enthalpies of the two curves at the
lowest temperature (2i@). The hot and cold pinch temperatures are 270 andC280
respectively.

Aspen Energy Analyz&f can generate “Recommended Designs” for the heat exchanger

network. Appendix B shows the heat exchanger network for the Bayonet reactor. Tables 6.2 and

6.3 show a summary of the Bayonet reactor heat exchanger network design.

Table 6.2:Bayonet reactor heat exchanger network

Block ID Duty Tin Tout Heat exchanged with Names of Heat
(MW) | (°C) (°C) Exchanger units

R-PREHX | 88.3 211.5 270.1 R-CLRO1, 87.4 MW, High temperature source, 0.9 MW E-109, E-113

R-HX01 645.5 270.1 348.8 R-CLRO01, 639 MW; High temperature source, 6.5 MW, E-108, E-115

R-HX02 0.0 348.8 348.8

R-HXO03 598.6 348.8 472.3 R-CLRO01, 592.6 MW, High temperature source, 6.0 MW E-112, E-114

R-HX04 0 472.3 472.3

R-HX05 2130 472.3 552.9 R-CLRO1, 2107.9 MW; High temperature source, 22.1|MW  E-107, E-110

R-HX06 248.2 552.9 553.2 High temperature source, 248.2 MW E-119

R-HX07 13.5 553.2 675.1 High temperature source, 13.5 MW E-117

R-DECO01 | O 675.1 550.4

R-DECO02 | 33.8 550.4 890.1 High temperature source, 33.8 MW E-118

R-DECO3 | 0 890.1 655.1

R-DEC04 | 83.4 655.1 880.1 High temperature source, 83.4 MW E-116

R-CLRO1 | -3462 880.1 289.7 (R-PREHX, R-HX01, R-HX03, R-HXO05), 3427MW&:107, E-108, E-
Cooling water, 34.6 MW 109, E-111, E-112

From Table 6.2, the pre-heater, (R-PREHX) receive=t from the cooler (R-CLRO1) and the

high temperature source by means of two heat exchangers (E-109 and E-113). The cooler (R-
CLRO1) has a total energy of 3462 MW, of which only 3427.4 MW can be transferred across the

pinch by recuperation within the reactor. The transfer is achieved by five heat exchanger units,
(E-107, E-108, E-109, E-111, E-112) the sizing of the heat exchangers is given in Appendix B,

the rest 34.6 MW is lost to cooling water. The high temperature heat source supplies a total of

415.3 MW by means of helium entering the reactor al@%hd leaving at 85C at a flowrate
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of 735 kg/s. The total number of heat exchanger units is 13 with 305 shells giving a total area of
147 300 square metres (Table 6.3)

Table 6.3:Recommended Bayonet reactor heat exchanger design

Heat Exchanger Network Target % of Target
Heating (MW) 415.3 380.1 109.1
Cooling (MW) 34.61 0.0 -
Number of units 13 9 144.4
Number of shells 305 11 2773
Total area (1) 147 300 139 508 105.7

6.2.2 Process heat exchanger network

The problem table for the downstream processes is given in Table 6.4. There are 8 hot streams
and 10 cold streams. Streams 6a and 6b are the reboiler and condenser streams respectively for
the distillation column DCO1. Streams 41a and 41b are for DCO2 reboiler and condenser streams

respectively. The stream numbers given in Table 6.4 correspond to the ones given in Chapter 5.

Table 6.4:Downstream heat requirements.

Stream Initial Temperature | Target Temperature MC, Enthalpy
Name (°C) (°C) (kJ/°C-s) (MW)
3 288.6 150 1551.9 -215.1

10 315.1 235 2078.7 -166.5
16 42.3 50 3584.4 27.6
13 75.9 105.9 3256.7 97.7
56 28.02 28.03 8200.0 0.082
27 121.6 176.9 37417.7 2069.2
29 176.9 204.9 5175.0 144.9
30 176.9 154.9 50318.2 -1107
32 154.9 157.9 162733.3 488.2
40 140.9 259.7 4391.4 521.7
42 234.5 15.9 2197.2 -480.3
48 187.6 45.9 12910.4 -1829.4
49 187.6 120 473.4 -32
45 15.9 28 28.5 0.345
6a 153.1 315.1 2637.7 427.3
4la 302.4 337.8 6590.4 233.3
6b 315.1 153.1 504.9 -81.8
41b 270.3 243.8 6467.9 -171.4
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The heating and cooling curves for2emperature difference is shown in Figure 6.3.
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Figure 6.3: Downstream processes heating and cooling cunis, ni@inimum temperature
approach.

For a minimum temperature approach &€ 2the difference between the enthalpies of the two
curves at the highest temperature is 1043 MW. This is the heating target, which is the minimum
high-temperature heat requirement for the downstream processes. The cooling target is 1190
MW, which is the difference between the enthalpies of the two curves at the lowest temperature.
The hot and cold pinch temperatures are 121.6 and $23téspectively. Table 6.5 shows the
recommended Aspen Energy Analy?érdesign. The design is 131.5% above target. The
detailed description is given in Table 6.6.
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Table 6.5:Recommended downstream heat exchanger design

Heat Exchanger Network Target % of Target
Heating (MW) 1372 1043 131.5
Cooling (MW) 1519 1190 127.6
Number of units 15 266.7
Number of shells 3395 11 8488
Total area () 1681 000 2 577 430 65.22

Table 6.6 shows the process streams heat exchaegeork. CDO1 and CDO02 denotes the

condensers for distillation columns DCO1 and DCO02 respectively, the same applies for RBO1 and

RBO2 for re-boilers. A detailed heat exchanger network is given in Appendix B.

Table 6.6: Downstream process heat exchanger network

Block ID Duty Tin Tout Heat exchanged with Names of Heat
(MW) (°C) (°C) Exchanger units

HX01 -215.1 288.6 150 HX06, 172.7MW; HX10, 17.9MW,; HXQ9E-127, E-145, E-155
22.4AMW; Refrigerant, 2.2MW E-159

HX02 -166.5 315.1 235 HX09, 164.8MW, Refrigerant, 1.7MW E-129, E-137

HX03 27.6 42.3 50 HX08, 27.3MW; Low temperature soulcE;128, E-136,
0.3MW

HX04 97.7 75.9 105.9 HX08, 96.7MW,; Low temperature source,1.0MW E-138, E-148

HX06 2069.2 121.6 176.9 HX01, 172.7MW; HX08, 971.9MW; HX1E-127, E-130, E-132
(129.9 + 48.6)MW; HX12, (199.4 + 476.4)MW ,E-133, E-140, E-149
HX13, 6.6MW, CDO01, 42.9MW,; Low E-150, E-157, E-160
temperature source, 20.7MW

HX07 144.9 176.9 204.9 Low temperature source, 144.9MW E-144

HX08 -1107 176.9 154.9 HX03, 27.3MW; HX06, 971.9MW,; HX16:-128, E-138, E-140
96.7MW, Cooling water, 11.1MW E-154

HX09 488.2 154.9 157.9 HX01, 22.4MW; CDO02, 126.8MW; CDODE-129, E-131, E-153
46.4MW, HX02, 164.8MW, Low temp sourceE-155, E-161
158.7MW

HX10 521.7 140.9 259.7 HX01, 17.9MW; HX11l, 39.5MW; HX13E-135, E-141, E-142
13.6MW; CDO01, 34.6MW, Low temperatureE-143, E-159,
source, 416 MW

HX11 -480.3 234.5 15.9 HX06, (129.9 + 48.6)MW; HX10, 39.5MWE-132, E-143, E-150
Cooling water, 227MW; Refrigerant, 35.3MW | E-158, E-165

HX12 -1829.4 | 187.6 45.9 HX06, (476.4 + 199.4)MW; HX10, 19.1MWE-130, E-149, E-151
Cooling water, 1153 5MW E-156,

HX13 -32 187.6 120 HX06, 6.6MW; HX10, 13.6MW,; Cooling watelg-141, E-147, E-157
11.5, Refrigerant, 0.3MW E-164

HX14 0.345 15.9 28 High temperature source, 0.3MW E-163

RBO1 427.3 153.1 315.1 Low temperature source, 427.3MW E-162

RBO02 233.3 302.4 337.8 Low temperature source, 233.3MW E-134

CD01 -81.8 315.1 153.1 HX09, 46.4MW; HX10, 34.6MW; Cooling wateE-131, E-142, E-166
0.8MW

CDO02 -171.4 270.3 243.8 HX06, 42.9MW; HX09, 126.8MW; Cooling-146, E-160, E-161
water, 1.7MW
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From Table 6.6, it can be deduced that the total energy supplied by the low temperature heat
source is 1273 MW. It is achieved by means of hot helium entering &€ &5@l leaving the

plant at 578C at a flowrate of 735 kg/s. The two re-boilers for DC0O1 and DCO02 need a total of
660.5 MW, of which 596.5 MW of energy comes from the low temperature heat source and the
remaining 64 MW is achieved by heat exchange with HX02. Cooling water cools process stream
to temperatures down to 3C, a suitable refrigerant (ammonia, R-717) is used to further cool
streams to temperatures belowW@0HX11 is a chiller which cools the vapour distillate from the
reactive distillation column from 234.5 to 1%9for separation of hydrogen as product. The
stream through the chiller (HX11) loses some of its heat to the reactive distillation column feed
via heat exchangers HX06 and HX10 up to a temperature®Gf 82 rest of the heat is lost to

the refrigerant to reach the target temperature of°C5.8he amount of refrigerant pumped is

772 kg/s with an inlet temperature ¢0and exiting at 1.

The total work for the pumps is 0.73 MW. If a thermal to electric conversion efficiency of 50%

is assumed, the total electric power requirement corresponds to a heat input of 1.46 MW.
6.2.3 Utilities schedule

For the Sl cycle, it is proposed that there are three types of utilities. Heat is transferred from a
high temperature source to the Bayonet reactor by means of helium entering the systém at 950
and leaving at 85C. Heating requirements of other unit operations is achieved by transfer from
helium entering at 85C and leaving at 57&. Overall, the helium enters the whole process at
95(°C and leaves at 576. Cooling water entering at Z8is used to cool streams up td3G0an
industrial refrigerant (Ammonia, R-717) is used to cool streams which require cooling down to

temperatures less than°82 Table 6.6 shows a summary of the utilities schedule.

Table 6.7: Utilities schedule

Utility Inlet Temperature Outlet Temperature Flow (kg/s) Target load
(C) (°C) (MW)
Helium 950 575 735 1424
Water 28 33 55410 1159
Ammonia, R-717 0 10 772 30.87
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6.3 Energy and Exergy analyses

Total energy consists of available energy plus unavailable energy. Considering flows of energy
in a process, total energy is simply called energy and available energy is called exergy and are

defined mathematically as:
Energy = enthalpy x flow (MW) (6.1)
Exergy = availability x flow (MW) (6.2)

Exergy analysis combines the principle of conservation of energy with the second law for the
design and analysis of energy systems. Exergy is a measure of a numerical quantity of a flow and
is defined as the maximum work that can be produced by a flow of energy as it comes to
equilibrium with a reference point. Exergy analysis can point out whether or not, by how much;

it is possible to design more efficient energy processes by reducing the inefficiencies in existing
ones (Rosen, 2008:6922). It is assumed in this analysis that the heat is generated by a high
temperature gas cooled reactor (HTGR) and electricity is generated from a hydro electric power
plant. Helium is used as the heat transport fluid in the HTGR and transports thermal energy from

the nuclear reactor at 9%D, and returns at 576.

6.3.1 Analysis methodology
Energy efficiency (E) and exergy efficiency (Eare defined as follows:
E, = (energy in products)/(total energy input) (6.3)

E. = (exergy in products)/(total exergy input) (6.4)
The reference point has a temperature of 298K, a pressure of 1 atm. The reference point emulates
the natural environment and has been extensively used in analyses of energy systems in the past

(Rosen, 2008:6922).
Figure 6.4 shows the Energy and Exergy flow diagram for the Sl cycle presented in this study.
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Figure 6.4: Energy flow diagram for the SI cyclef—» process stre&—; utility streams]

The decomposition reactor is heated by a high temperature source in the form of hot helium
coming from an HTGR at 95Q. The helium exits the decomposition reactor at’@5énd is

used as a low temperature source for the Bunsen reaction and HI decomposition sections.
Overall, the helium enters the system at°@5and leaves at 576 at a flow of 735 kg/s. The
separation units include heat exchangers where the streams need to be cooled to a temperature
below that of the incoming cooling water. Ammonia (R-717) is used as a refrigerant in this case,
it enters the system af® and leaves at 20 at a flow of 772 kg/s. The electricity supplied to

the system is assumed to be converted from a heat source at a heat to electric conversion
efficiency of 50%. The total electric energy for the process is 0.73 MW and corresponds to a low
temperature heat source supplying 1.46 MW of energy. Aspef“Akisised to simulate the
flow-rates, enthalpy and availability of process streams, and Aspen Energy AHAigzesed to
simulate the recommended heat exchanger network together with the flow-rates of utility

streams.
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6.3.2. Results and discussion
The results of the energy and exergy analysis are shown in Table 6.8.

Table 6.8: Process data extracted from the Aspen'Plasid Aspen Energy AnalyZét Si cycle
heat exchanger network model.

Stream Temperature Flow Availability Enthalpy Exergy Energy

(°C) (kg/s) (MJ/kg) (MJ/kg) (MW) (MW)
Water 28 19.002 -13.175 -15.842 -250.35 -301.03
I,-Make 28 0.145 0.016 0.063 0.00 0.01
Acid-Make 28 0.158 -7.088 -8.358 -1.12 -1.32
Helium-In 950 735 4.533 4.813 3331.76 3537.56
Cooling Water-In 28 55410 -13.175 -15.863 -730026.75  -878968.83
Ammonia-In 0 772 -0.948 -2.740 -731.86 -2115.28
Hydrogen 28 2.095 -0.390 -0.343 -0.82 -0.72
Oxygen 28 16.086 -0.015 -0.013 -0.24 -0.21
Purge 99 1.350 -5.570 -6.475 -7.52 -8.74
Helium-Out 575 735 3.159 2.876 2321.87 2113.86
Cooling Water-Out 33 55410 -13.175 -15.842 -730026.75  -877805.22
Ammonia-Out 10 772 -0.950 -2.700 -733.40 -2084.40

The lower heating value of hydrogen is 242 kJ/mol (Gorensek & Summers, 2009:4098),
therefore for a hydrogen production rate of 1 kmol/s the power output from the system is 242
MW. The total exergy input is the difference between the exergies of the helium incoming and
outgoing streams (3331.76 — 2321.87 = 1010 MW). The total exergy of the streams entering and
leaving the system in Figure 6.4 is -727 768 and -728 446 MW respectively. The difference in
the incoming and outgoing exergy is 768 MW, the value corresponds to the total exergy

consumed by the whole process. The sum of the exergy consumed by the system and the power
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output is equivalent to the total exergy input. The results of the exergy analysis are shown in

Figure 6.5.

Exergy Out Exergy In

d I

v

h 1 l

Figure 6.5: Exergy pie diagram.

The total energy input is also (3537.36 — 2113.86 = 1423.5 MW). The process streams leaving
the system i.e. (purge, oxygen and hydrogen streams), carry energy out of the system which is
the heat lost by the system. The heat carried out of the system by the utility streams is the
difference between the energy of the outgoing and incoming utility streams. The heat rejected by
the system is the total of the heat contained in the process streams leaving the system and the

heat carried out by the utility streams. Therefore:
Heat rejected = heat loss + cold utility load
From Table 6.7, cold utility load = 1159 + 30.87 = 1189.87 MW

Therefore:
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Heat rejected = (-7.52 - 0.24 - 0.82) + 1189.87
=1181.29 MW

The results of the energy analysis are shown in Figure 6.6.

Energy Out Energy In
| |

v

A

Figure 6.6: Energy pie diagram

From Figures 6.5 and 6.6 that the energy and exergy efficiencies of the Sl cycle proposed in this
study are 18 and 24% respectively. The energy and exergy efficiencies of an Ispra Mark-10 cycle
were determined to be 20.5 and 24.7%, respectively (Rosen, 2008:6922). Currently there are few
studies on the Sl cycle that have included exergy analyses to complement the energy and other
information presented. For example, in an assessment of solar hydrogen production via a two-
step water-splitting thermochemical cycle based on Zn/ZnO redox reactions, a maximum exergy
conversion efficiency of 29% is reported for the closed cycle when using a solar cavity-receiver
operating at 2030C and subjected to a solar flux concentration ratio of 5000 (Steinfield,
2002:611). Energy and exergy analyses of the four-step adiabatic UT-3 thermochemical process

for hydrogen production were undertaken and the efficiencies of the process were determined to

122



Chapter 6 rocess Enerey Evaluation

be 49% and 53% based on energy and exergy respectively (Setkardi996:858). The values
for the energy and exergy analyses obtained in this study compare well with an analysis of the
Ispra Mark-10 cycle done Rosen (2008:6922). The Ispra Mark-10 is also a sulphur based cycle.
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CHAPTER 7: Economic evaluation

“There can be economy only where there is efficiency”. Benjamin Disraeli (1804-1881)

7.1 Introduction

A suitable plant design is one that presents a process that is capable of operating under profit
yielding conditions (Peters & Timmerhaus, 1991:150). Hence, there is need to identify all costs
associated with the running of the Sl cycle. The aim of this chapter is to present a preliminary
economic evaluation of the process presented in this study. The economic evaluation presents an
opportunity to evaluate the economic viability of the Sl cycle compared to other hydrogen
producing technologies. The different economic evaluation methods for industrial processes are:

» Order-of-magnitude estimate (ratio estimate) based on similar previous cost data.

» Study estimate (factored estimate) based on knowledge of major items of equipment.

* Preliminary estimate (budget authorisation estimate; scope estimate) based on sufficient

data to permit the estimate to be budgeted (Peters & Timmerhaus, 1991:160)

In this study, the economic evaluation was done using the Order-of-magnitude estimate in
conjunction with a study estimate based on the knowledge of the equipment of the Sl cycle

process.
7.1.1 Assumptions

* The cost of high temperature heat and refrigeration is equivalent to the cost of the same
amount of energy delivered by the local electricity grid

« Sl plant is coupled to an already existing high temperature heat source

e Sl plant construction and commissioning is similar to a typical nuclear plant; 5 years
(World Nuclear Association, 2011)

e The products are not stored, but are pipelined

» Cost of labour is $28/hr (Bridegam, 2010:41)

* The expected plant operating life is above 25 years
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7.2 Capital investment

The investment cost of an industrial plant can be estimated using the total cost of equipment. The
Sl cycle presented in this study is composed of the following major processing equipment:

» Heat exchangers

* Reactors

* Absorber

» Distillation columns

» Centrifugal Pumps

» Electric Motors

» Agitators (Mixers)

Seideret al. (2004:505) presented the equations for calculating the purchase costs of a variety of
chemical processing equipment. The detailed equipment cost calculation is presented in

Appendix C.
7.2.1 Equipment cost
The Sl equipment cost is categorised into the following:

» The Bayonet reactor, which constitutes of internal reactors and heat exchangers
» The process heat exchanger network, and

» Other equipment such as columns, flush drums and mixers.

A summary of the equipment costing done in Appendix C is shown in Table 7.1. It is clear that

the heat exchanger network constitutes most of the total cost of equipment for the Sl process.
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Table 7.1: Share of equipment cost for the proposed Sl cycle.

Equipment Cost (%) Percentage (%)
Bayonet React: 233 427 69 15.¢
Heat Exchanger Netwao 1233856 47 83.7
Othel 6 401 53! 0.5
Total 1473685 7C 10C

The Sl process is a process that converts water into hydrogen with the input of water, the energy
supplied to the process should be comparable with the power output of the process, therefore a
lot of heat integration is needed in order to utilize all the energy supplied as much as possible.
The total SI cycle equipment cost is comprised of 15.8% Bayonet reactor and 83.7% heat
exchanger network (Table 7.1). There is need to optimize the heat exchanger network in terms of
cost and energy efficiency because the results of the optimisation will greatly affect the

performance of the whole process.
7.2.2 Estimation of capital investment

The aim of this section is to estimate the amount of fixed-capital investment for the Sl cycle
process plant if the purchased-equipment cost is $1.4 US trillion (Table 7.1). The ranges of
process-plant component cost outlined in Appendix C, Table C.6, given by Réetais
(1991:167) will be used in the estimation. The cost of purchased equipment is the foundation
step for the estimation of capital investment in this study. The ratio with respect to the cost of
equipment in the ranges given in Appendix C, Table C.6 is used in Table 7.2. The flowsheets for
each of the sections are presented in this study. Besides the main components i.e. the Bunsen
reactor, Bayonet reactor and the reactive distillation column the equipment combine a set of
proven chemical process technologies (Leybebsal. 2010: 1010). The whole set of heat
exchangers are sized using Aspen Plusdeater block and Aspen Energy Analy2&rthe results

of sizing are given in Appendix B. All fluid properties used in the sizing calculations were

determined using Aspen Plissoftware.

The results of the estimation are shown in Table 7.2.
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Table 7.2: Estimation of fixed capital cost for the Sl cycle

Feonomic Evaluation

Components % of purchased Cost ($)
equipment

Purchased equipme 10C 1473685 70
Purchased equipment installai 35 51E 78€99¢€
Instrumentation and controls (install 20 294737141
Piping (installec 50 73€ 842851
Electrical (installec 25 36842142¢
Buildings (including service 45 662 15€ 56€
Yard improvemen 12.5 18421C 713
Service facilities (installe 50 736 842 85
Lanc 5 73 684 28
Engineering and supervisi 52.t 772684994
Construction expen 40 589 474281
Contractor’s fe 15 221052 855
Contingenc 37.t 552 632 13¢
Total 7 184 217 800

The fixed capital cost of the proposed Sl cycle process is $7.2 US trillion (Table 7.2). The
estimated capital cost per unit power output is $ 29 862/kW, however, the value does not
compare with other processes presented by the US Energy Information Administration (EIA).
The estimated capital cost per kilowatt for a solar thermal power generating plant is $3 149/kW
(EIA, 2007). The huge difference between the Sl cycle and the solar thermal power plants may
be due to the difference in technologies used for each system. Also there are many uncertainties
linked with the evaluation of the SI thermochemical cycle because most of the technologies have

not yet been applied on large scale.
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7.3 Profitability measures

A chemical plant must demonstrate the capability of making profit so as to attract investors. The
profitability analysis was carried out by estimating the production cost, working capital and

calculating the rate of return on investment, (ROI) and payback period (PBP).
7.3.1. Production cost and profit

The total annual production cost is equal to the sum of the cost of manufacture and the total cost
of the general expenses (Seiderl. 2004:577). Busche, (1995:1) presented a typical cost sheet
outline for an industrial plant, where general expenses are estimated as a percentage of the total
sales revenue. The cost sheet outline presented by Busche, (1995:1) was used as the foundation
for the estimation of production cost for the Sl cycle process. The cost outline is shown in

Appendix C.

The aim of this sub-section is to estimate the anprealuction cost for a 7920 hr/yr continuous

Sl cycle process operation with the following conditions:

Feedstock 18 kg/s @ $0.19/tonne (Conratled.2001:21)
Hydrogen product 2 kg/s @ $21/kg (Nicholas & Orgden, 2009)
Oxygen by-product 16 kg/s @ $0.25/kg (NASA, 2001)

Total bare module costs $ 67 862 399 (Appendix C)

Site preparation and service facilities $ 921 053 564 (Table 7.2)

Cost of contingencies at 5% of direct permanent investment

High temperature heat 1424 MW @ $0.04/kWh (NERSA, 2010)
Cooling water 55 410 kg/s @ $0.013/tonne, (Busche, 1995)
Refrigerant 32.9 MW @ $0.04/kWh (NERSA, 2010)
Total cost of 1 year utilities $ 482 083 969

Allocated costs for utilities $ 500 000 000

Operators 6 per shift (2 per section per shift)

Labour cost $28/hr (Bridegam, 2010:41)
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Outdated unit costs of materials have been updated by factoring inflation indices.
Total depreciable capital {&c) is computed as follows:

Crpc = direct permanent investment + contingency (7.2)
The direct permanent investment( is the sum of the total bare module, site preparation and

allocated utilities costs.

Copi = $67 862 399+ $921 053 564 + $500 000 000
= $1 488 915 963
Croc = $1 563 361 761

Table 7.3 shows the cost sheet for the estimation of the hydrogen production cost of the Sl cycle.
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Table 7.3: Estimation of production cost.

Feonomic Evaluation

Cost Factor

Annual cost ($)

Feedstock (water)

98 842

Utilities

Cooling water (CW)

20 854 019

High Temperature Heat

451 123 200

Refrigerant

10422 720

Total Utilities

482 399 939

Operations (O)

Direct wages and benefits (DW&B)

1747 200

Direct salaries and benefits

262 080

Operating supplies and services

104 832

Technical assistance to manufacturing

312 000

Control laboratory

342 000

Total labour -related operations

2768112

Maintenance (M)

Wages and benefits (MW&B)

54 717 662

Salaries and benefits

13679 415

Materials and services

54 717 662

Maintenance overhead

2735883

Total maintenance

125 850 622

Total of M&O-SW&B

70 406 357

Operating overhead

General plant overhead

4998 851

Mechanical department services

1689 753

Employee relations department

4 153 975

Business services

5210070

Total operating overhead

16 052 649

Property taxes and insurance

31 267 235

Depreciation (D)

Direct plant

77 868 941

Allocated plant

35 400 000

Total depreciation

113 268 941

COST OF MANUFACTURE (COM)

771 706 340

General Expenses

Transfer expense

13124 644

Direct research

62 998 290

Allocated research

6 562 322

Administrative expense

26 249 288

Management incentive compensation

16 405 805

TOTAL GENERAL EXPENSES (GE)

125 340 349

TOTAL PRODUCTION COST (C)

897 046 689

Sales

Hydrogen product

1197 504 000

Oxygen co-product

114 960 384

TOTAL SALES

1312 464 384

GROSS EARNINGS

415 417 695

NET EARNINGS (PROFIT) at Income tax of 40%

249 250 617

PRODUCTION COST ($/kg)

16
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The estimated production cost for the proposed Sl cycle is $p6dkigled that the plant will run
continuously for 7920 hours per year. Leybebvsl. (2010:1008) evaluated the cost of producing
hydrogen from the Sl cycle to be $15/kg for a hydrogen production capacity of 2 kg/s (57024
t/yr). Also Wanget al. (2009:9) estimated a production cost of $1.60 — 1.93/kg for a production
capacity of 200 million t/yr. The production cost value obtained in this study compares well with
Leybroset al.(2010:1008) because the production capacities are the same e\&n@009:9)

value is way less because production capacity factors affect the cost of production.
7.3.2 Working capital

Working capital is funds needed by a firm to meet its obligations until payments are received
from others for goods they have received from the firm. In general, the working capital is current
assets minus current liabilities, where current assets are cash reserves, inventories and accounts
receivable (Seideet al. 2004:580). Seideet al. (2004:580) state that the working capital for a
chemical plant is the sum of cash reserves, inventory and account receivable minus accounts

payable, the basis of calculation which follows general accounting principles is as follows:

» 30 days of cash reserves amounts to 8.33% of the annual cost of manufacture, COM,
(assuming 30 days is 1/12 of a year)

e 7 days of inventories of liquid and solid products (excluding gas) at their sales price,
which assumes that the products are shipped out once each week, whilst gas products are
not stored, but are pipelined. Amounting to 1.92% of the annual sales of liquid and solid
products

» 30 days of accounts receivable for product at the sales price, amounting to 8.33% of the
annual sales of all products, meaning a customer is given 30 days to make payments.

« 30 days of accounts payable by the company for feedstock at the purchase price,

amounting to 8.33% of the annual feedstock costs.
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For the proposed Sl cycle process:

Croc =$1 563 361 761
COM =$ 771706 340
Hydrogen sales =$1 197 504 000
Oxygen sales =$114 960 384
Cost of feedstock =$98 842
Therefore:
Cash reserves =0.0833(771 706 340) = $ 64 283 138
Inventories = zero (products are not stored)
Accounts receivable =0.0833(1 197 504 000 + 114 960 384) = $ 109 328 283
Accounts payable = 0.0833(98 842) = $ 8 233
Therefore:
Working capital =$ 173 603 188

7.3.3 Rate of Return on Investment (ROI)

ROI is the yearly interest rate made by profits on the initial investment (Seider et al. 2004:582).
A high ROI means that investment profits compare favourably to investment costs. ROl analysis
compare investment cash inflows and cash outflows by constructing a ratio, or percentage. In
most ROI analysis, a ROI percentage greater than zero means the investment returns more than
its cost. For the analysis, the plant is assumed to operate each year at full capacity for 7920 hours
per year for its expected operating life of more than 25 years. The year-end ROI for the plant

operating life is calculated by use of spreadsheets using Equation 7.2 as the Simple ROI formula.
Simple ROI = [(Total cash inflows) — (Total cash outflows)]/(Total cash outflows) (7.2)

Table 7.4 shows the Simple ROI for the investment, in each period. For the years of plant

operation, the cash inflows are the product sales revenue given Table 7.3 and the cash outflow is
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the total production cost also given in Table 7.3. The values are assumed to be consistent for the

25 years of the plant operating life.

Table 7.4:Simple ROI for the project’s first 25 years

NOW | Yearl | Year2 | Year3| Yeard| ...... Yearl Yearl9 Year24d Year25
CASH INFLOW ($mil) 0 1312 | 1312 | 1312| 1312 1312 1312 131p 1312
CASH OUTFLOW ($mil) 7184 | 897 897 897 897 897 897 897 897
NET CASH FLOW ($mil) -7184 | 415 415 415 415 415 415 415 415
CUMULATIVE INFLOW -7184 | -6769| -6354| -5939 -5524 286 701 2776 3191
SIMPLE ROI 100% | -84% | -71%| -60%| -51% 1% 3% 10% 119

From Table 7.4, it is clear that the ROI is positive at year-end 18 and further on the assumption
that the cash inflows and outflows are going to be consistent for the plant operating life. It takes
18 years for the investment ROI to be positive because the initial capital investment is large,
magnitude of above 5 times, compared to the cash inflow for the first year of production. This is
expected for a project of this magnitude.

7.3.4 Payback analysis

The time required for the annual earnings to equal the original investment is called the payback
period (Seideret al. 2004:583). Payback period (PBP) should not be used for final decisions
regarding large projects because it gives no consideration to the period of plant operation after
the payback period. The cumulative cash flow graph in Figure 7.1 shows roughly the point in
time when the cumulative cash flow breaks even, that is, when cumulative incoming returns

exactly balance cumulative outflows.
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Figure 7.1: Cumulative cash flow graph

Using Conradieet al. (2001:21) argument about urban water supply, it can be argued for the
energy supply industry that private operators want a scenario where there can be little
competition, need a fair return on capital. Similarly, for public sector operators a sensible return
on capital is important. For any given hydrogen unit price, a very low return on capital implies
overuse of capital which means capital is being wasted relative to other uses of that capital.
Similarly, high returns on capital indicate opportunities to increase production and reduce
hydrogen prices. Conversely, the return on capital will vary directly with the hydrogen selling
price. The Sl cycle project is a low risk project because the product, hydrogen, will be the
driving force of the perceived hydrogen economy (Gregory, 1973:13). Although the project
requires large amounts of capital investment and operating costs a ROI of 11% on year 25 and a

PBP of 17.3 years respectively reflects that the Sl cycle is capable of operating profitably.
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7.3.5 Discounted cash-flow rate of return (DCFRR)

The DCFRR is the annual rate of return that makes the net present value of all cash flows (both
positive and negative) from a particular investment to be equal to zero. By calculating the net
present worth for various interest rates, it is possible to find an interest rate at which the
cumulative net present worth at the end of the project is zero (Sinnott, 2005:273). The DCFRR
rule states that an investment is acceptable if the DCFRR exceeds the required rate of return (or
the interest rate for discounting purposes) and it should be rejected otherwise (Discuss-

Economics, 2011).

The DCFRR is determined by trial and error method with the help of a spreadsheet to establish
the interest rate to be applied to the cash flow each year, such that the original investment would
be reduced to zero during the useful life of the project (Seider et al. 2004:608) A value of 43.1%
is obtained for a hydrogen selling price of $18.6/kg, that gives an annual sales revenue of $1176
million (Appendix C, Table C.8). The DCFRR is expected to be higher if the hydrogen selling

price is increased to $21/kg. The DCFRR is a measure of the maximum rate that the project
could pay and still break even by the end of the project life, and is also independent of the
amount of capital used. Considering an income tax of 40%, a DCFRR value of 43.1% shows that

the project is profitable.

136



Chapter 7 Feonomic Evaluation

7.4 Project sensitivity analysis

The profitability of a project depends on the cash flows associated with the project, which in turn
depend on many factors (Discuss-Economics, 2011):

» The capital investment required by the project.

* The revenues to be expected and their evolution in time.

» The discount interest rate, which in turn depends on the required return on the project.
* The inflation component and the uncertainty component.

» The selling price and or production rate

The selling price and or production rate can be affected by inflation; generally inflation obliges

to increase the selling price and production rate. To study the effect of the increment on the
profitability, the dependence of the DCFRR on production rate, operating costs, ROl and capital
investment is investigated. Spider diagrams illustrate the impact on project economics when any
one parameter is changed while other parameters are held constant. The steeper the curve the
more sensitive project economics is to the change in the parameter.

Figure 7.2 shows the results of the sensitivity analysis.
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Figure 7.2: DCFRR sensitivity analysis for the Sl cycle projem [ Production #ate;  Operating
and Maintenance costs¢  Capital Investment; x ROI]

It is clear from Figure 7.2, basing on the steepness of the lines, that the project is more sensitive
to the production rate and the capital investment. The production rate is proportional to the
selling price; therefore the production rate and selling price should be most closely examined for
accuracy and reliability. The results of the sensitivity analysis compares with one presented by
Smith (1999:4), i.e. the analysis shows the general trend for most large scale projects. Smith
(1999:4) stated the following points:

* Price and revenue are usually the only positive component of the cash flow. They are
largely determined by selling price, but any production factors that influence the amount
of product sold will have a parallel effect.

* The cash flow is a direct function of the margin between revenue and operating costs, so

operating costs exert a negative impact on the cash flow and the return.
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In terms of the total cash flow, the capital cost can be a relatively small number.
However, capital is input at the very beginning of the project and has a high negative
influence on the discounted cash flow, since the positive cash flows which follow are

discounted increasingly the further away they are in time.
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CHAPTER 8: Conclusion and Recommendations

“A conclusion is the place where you get tired of thinking”. Arthur Bloch

8.1 Introduction

In this study an Sl cycle flowsheet for producing hydrogen has been developed. The SI cycle
splits water into hydrogen and oxygen. The combined process flowsheet is presented in Chapter
5. The energy, exergy and economic analysis are presented in Chapters 6 and 7 respectively. The

results obtained are used to come up with a conclusion on different aspects of the Sl cycle.

The main objective of this study was to develop an Asper Pkimulation of the Sl cycle for
the production of hydrogen. The development of the study required the production of an

optimised flowsheet and an economic and energy analysis of the Sl thermochemical cycle.
8.2 Findings of the study

The majority of the processes within the Sl cycle can be described accurately by the ELECNRTL
model. However, the system exhibits a high degree of non ideality and partial immiscibility of
the binary HI-HO and ternary HI2FH,O systems. Leybrost al. (2009:9060) described the HI
system using a modified model derived from the NRTL equation. The ELECNRTL is also a
modified NRTL equation. Therefore it can be concluded that the simulation presented using the

ELECNRTL proves to some greater extent that the Sl cycle is feasible.

The lower heating value (LHV) energy and exergy efficiencies of the Sl cycle proposed in this
study are 18 and 24% respectively. The flowsheet requires 380.1 MW high temperature heat and
1043 MW low temperature heat. A total of 1423.1 MW is consumed. The energy input is 59%
higher than that of HTGR powered water electrolysis which requires 895 MW (with an assumed
pressure of 120 bars for the product) (Leybrogt al. 2009:9074).

The estimated production cost for the proposed SlI cycle is $p6dkgled that the plant will run

continuously for 7920 hours per year. The evaluated cost compares well with the value obtained

by the evaluation done by Leybret al. (2010:1008), which gave the cost of producing
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hydrogen from the Sl cycle as $15/kg for a hydrogen production capacity of 1 kmol/s.eWang

al. (2009:9) estimated a production cost of $1.60 — 1.93/kg for a production capacity of 200
million t/yr which is equivalent to 3510 kmol/s. The annual CE Indices for the years 2009 and
2010 are 521.9 and 556.2 respectively (Chemical Engineering, 2011). ThereforeeiNang
(2009:9) cost extrapolated to 2010 would be in the range $1.7 — 2.06/kg.&tvah¢2009:9)
production cost is less than the value obtained for this analysis, one of the reasons may be

because of production capacity factors.

The ROI of the investment becomes positive after 18 years, with a payback period of 17.3 years.
This is typical of a low risk project with a huge amount of capital investment. However, such

projects do not attract funding from the private sector as the period for the investors to recover
the initial funds used is long. Therefore this is a project that needs to be undertaken by the

governments of the individual nations.
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8.3 Recommendationsfor further study

Studies should be extended to the production of hydrogen by thermochemical cycles coupled
with a high temperature solar heat source. In a presentation to the Stanford Global Climate and
Energy Project (Schultz, 2003:16), it was reported that solar furnaces at the National Renewable
Energy Laboratory demonstrated 51% collection efficiency at ZD@® the process fluid for
thermal cracking of methane. Sandia National Laboratory (SNL) also demonstrated the matching
of solar energy to thermo-chemical cycles and hot sand temperatures of up“® K80 been
reported (Summers, 2009:16).

The experimental proof of concepts was based on literature presented by authors from different
institutes, funding should be made available for researchers to perform validation experiments of
results which have been presented by other authors.

In order to demonstrate fully the Sl cycle, an integrated, closed-loop laboratory or pilot scale
model should be constructed consisting of all the unit operation units. A pilot plant with an input

of water as low as 10 kg/min is possible.

The OLI Systems, Inc.’s Mixed Solvent Electrolyte (MSE) model used by Gorensek & Summers
(2009:4097) describes the;$u-H,0-SG;-SO,-O, system better than the ELECNRTL model.
Therefore the MSE model should be made available and incorporated into the Asp&n Plus
database for future researchers, especially for the purposes of modelling the high temperature

acid decomposition step.
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Appendix A: Simulation packages
A.1 Design-II™

Design-1M™

developed and marketed by WinSim is a steady-state process simulator, It has been
licensed to WinSim since 1995, when the company purchased the rights to the program from
ChemShare Corporation. WinSim has over a thousand subscribed users of D¥sign-II
throughout the world. The company is based in Sugar Land, Texas (WinSim, 2010). Among
other characteristics, Desigri-fl has the capabilities of performing accurate process simulation
for chemical and hydrocarbon processes including refining, refrigeration, petrochemical, gas
processing and treating, pipelines, fuel cells. Desifh-for Windows was the first process
simulator developed specifically for Windows computing. Desigh-for Windows has been

leading the way in simulation technology since the early 90s.

A.2 SPENCE®

KEMA has developed a software package called SPENfE simulation of processes for
energy conversion systems and electricity production. SPEN&Citended to support chemical
engineers employed within electricity companies or industry. SPENER static flow sheet
simulator based on thermodynamics to determine the technical data and merits of energy
conversion systems, including:

» efficiency

* environmental impact

« cost benefits
Developed in 1982, the program has been continuously improved during 25 years of research
activities in improving the processes of electricity production (KEMA, 2010).
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A.3 Aspen Plus™

Aspen Plu8" is a market-leading trademark in process modelling tools for conceptual design,
optimisation, and performance tracking and checking for the chemical, polymer, specialty
chemical, metals and minerals, and coal power industries. Aspef” Risan element of
AspenTech’s AspenONEProcess Engineering applications (AspenTech, 2010).

A.4 Prosim Plus™M

Prosim Plu§" is a process/chemical engineering software that performs accurate mass and
energy balance calculations for different kinds of industrial steady-state processes. It is used in
design as well as in operation of existing plants for process optimisation, units troubleshooting or
debottlenecking, plants revamping or carrying out front-end engineering analysis.
Prosim Plu8" has many applications in industries such as chemical, pharmaceutical,
petrochemical, oil, gas treatment, refining, specialty chemical, and in engineering companies. Its
rich thermodynamic package and its flexible structure permit the simulation of almost all
systems encountered (Prosim, 2010).
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Appendix B: Process heat exchanger network (HEN)
B.1 Bayonet reactor internal heat recuperation

The streams shown in Figure B.1 (RO1 to R13), are the Bayonet reactor internal streams presented in Chapter 6. For example, the feed
stream RO1 is pre-heated to 22by the high temperature heat source through heat exchanger E-113, heat exchange with stream 13
by means of heat exchanger E-109 brings the stream to the desired temperatufCofa2@lef description of the Bayonet reactor

HEN and the sizes of the individual heat exchangers is given is Table B.1.
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Figure B.1: Bayonet reactor HEN
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B.2 Aspen Energy Analyzef Bayonet reactor HEN sizing results

Table B.1: Aspen Energy Analyz&Y Bayonet reactor HEN sizing results

Heat Load Area Shells| LMTD | Overall U Fouling Hot Hot T;, Hot T, | Cold Stream Cold T, Cold Tout
Exchanger MW) | (m?) (°C) (kd/s.m”.C) | Factor Stream (©) (C) (C) (C)
E-107 2108 3.65E04 74 144.9 0.4250 0.9371 R13 880.1 520.5 R0O6 473.1 552.9
E-108 6.455 25.28 1 600.9 0.4250 1.0000 Heliym  950.0 948.4 R0O2 348.0 348.8
E-109 87.42 2016 5 420.8 0.1619 0.9972 R13 520.5 499.7 RO1 212.1 473.4
E-110 22.08 109.8 1 268.6 0.4250 1.0000 Heliym 948.4 943.1 R06 472.3 553.1
E-111 34.62 104.1 1 473.1 0.6929 0.9999 R13 520.5 499.Y Cooling water  28.0 33.(
E-112 592.6 4.60E04 93 37.56 0.4250 0.8059 R13 499.7 398.6 RO4 348.8 472.3
E-113 0.883 7.468 1 730.5 0.1619 1.0000 Heliym 943.1 941.% RO1 211.5 212.1
E-114 5.986 26.62 1 529.5 0.4250 0.9999 Heliym 943.1 941.% RO4 348.8 472.3
E-115 639.0 5.53E04 111 32.72 0.4250 0.8290 R13 398.6 2896 RO2 270.1 348.0
E-116 83.80 4816 10 115.6 0.1619 0.9309 Helium 9415 850.0 R12 655.1 880.1
E-117 13.53 115.9 1 281.4 0.4250 0.9761 Heliym 9415 850.0 RO8 553.1 675.1
E-118 33.80 609.5 140.8 0.4250 0.9278 Heliym 9415 850.0 R10 550.4 890.1
E-119 248.2 1714 4 340.7 0.4250 1.0000 Heliym 9415 850.0 RO7 552.9 553.1
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B.3 Aspen Energy Analyzef™ Downstream processes HEN sizing results

Table B.2: Aspen Energy Analyz& Downstream processes HEN sizing results

Heat Exchanger | Load Area Shells| LMTD |Hot Stream Hot Tin Hot Tout | Cold Stream Cold Tin | Cold Tout
Mw) | () (©) (©) (©) (©)
E-148 0.997 9.66 1 624.8 He 716.6 686.4 HX16 75.9 76.2
E-150 48.62 32010 66 16.04 HX11 157.4 135.2 HXO06 122.9 137.0
E-140 971.0 44710 360 14.58 HX08 174.4 155.1 HX06 137.0 162.9
E-138 96.73 11550 24 83.88 HX08 176.9 174.4 HX16 76.2 105.9
E-142 34.60 13960 28 27.14 CDO01 223.2 154.7 HX10 145.0 165.0
E-135 416.1 4536 10 570.2 He 850.0 715.6 HX10 165.0 259.7
E-133 20.69 209.40 1 610.9 He 850.0 715.6 HXO06 162.9 176.9
E-166 0.818 28.46 1 151.4 CDO01 154.7 153.1 Refrigerant 0.0 5.0
E-151 18.29 667.80 2 144.4 HX12 172.2 133.8 Refrigerant 6.5 9.2
E-153 127.8 1527 4 517.2 He 686.4 660.7 HX09 155.8 156.6
E.157 6.628 2384 5 27.82 HX13 158.2 144.2 HX06 122.7 122.9
E.161 126.8 12550 26 101.1 | CDO02 270.0 243.8 HX09 154.9 155.7
E-159 17.89 15180 31 12.46 HX01 161.5 150.0 HX10 140.9 145.0
£.149 476.4 24330 100 20.74 HX12 172.2 133.8 HX06 122.9 137.0
E-139 72.86 4197 9 91.43 DECO01 120.0 119.0 Cooling water 28.0 28.2
E-147 0.320 10.34 1 163.0 HX13 187.6 158.2 Refrigerant 9.2 9.8
E-134 233.3 3138 7 460.9 He 850.0 715.6 RB02 302.4 337.8
E-136 0.276 232 1 734.8 He 850.0 715.6 HX03 42.3 50.0
E-128 27.32 2110 5 129.5 HX08 176.9 174.4 HX03 42.3 50.0
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Table A.2 continued

E-165 3.275 9162 19 20.94 HX11 32.0 15.9 Refrigerant 0.0 5.0
E-162 427.2 7011 15 3825 He 660.7 575.0 RBO1 153.1 315.1
E-158 227.0 40160 81 30.56 HX11 135.2 32.0 Cooling water 28.2 29.0
E-160 42.89 3193 134.4 CDO02 270.0 243.8 HX06 121.6 122.7
E-144 144.9 1756 4 510.1 He 715.6 686.4 HXO07 176.9 204.9
E-146 1.714 3463 260.7 CDO02 270.3 270.0 Refrigerant 9.2 9.8
E-127 172.7 37540 76 47.48 HX01 288.6 177.3 HX06 162.9 176.9
£.131 46.38 4403 9 105.5 | CDO1 315.1 223.2 HX09 156.6 157.9
£.129 164.8 14570 30 113.3 HX02 315.1 235.0 HX09 156.6 157.9
E-164 11.47 584.0 2 103.4 HX13 144.2 120.0 Cooling water 28.2 28.2
E-163 0.345 6.64 1 321.4 He 660.7 575.0 HX14 289.0 301.1
E-155 22.35 19400 39 11.55 HX01 175.9 161.5 HX09 155.7 155.8
E-137 1.665 3333 1 263.1 HX02 315.1 235.0 Refrigerant 9.8 10.0
E-141 13.59 8477 18 17.53 HX13 187.6 158.0 HX10 145.0 165.0
E-143 39.55 39880 80 11.38 HX11 175.4 157.4 HX10 145.0 165.0
E-145 129.9 67.77 1 167.1 HX01 177.3 175.9 Refrigerant 9.2 9.8
E-132 2.151 46020 94 29.47 HX11 234.5 175.4 HXO06 162.9 176.9
£.130 199.4 122000 386 9.943 HX12 187.6 172.2 HX06 162.9 176.9
E-154 11.07 390.70 1 149.2 HX08 155.1 154.9 Refrigerant 5.0 6.5
E-152 0.736 34.88 1 111.1 DECO01 119.0 119.0 Refrigerant 6.5 9.2
E-156 1135 131400 263 46.98 HX12 133.8 45.9 Cooling water 29.0 33.0
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Appendix C: Economic Evaluation

C.1 Calculation of Equipment cost

An investment cost of an industrial plant can be estimated with knowledge of the total equipment
cost. The Sl cycle presented in this study is composed of the following major processing
equipment:

» Heat exchangers

* Reactors

* Absorber

» Distillation columns

» Centrifugal Pumps

» Electric Motors

» Agitators (Mixers)

Seideret al. (2004:505) presented the equations for calculating the purchase costs of a variety of

chemical processing equipment. The form of the equations is as follows:
Cp = exp{Ao + A{[IN(S)] + AIN(S)]* + .....] (C.1)

Where G — purchase cost ($)

A — constant

S — size factor
The costs of processing equipment change with time; a correction factor called the cost index
(Seideret al. 2004:483) is used to obtain the current value of the equipment cost. The index
commonly used is the Chemical Engineering (CE) Plant Index (Chemical Engineering, 2011).
Table C.1 shows the CE Index for 2010.
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Table C.1: CE Index for October 2010 (Chemical Engineering, 2010)

Equipment CE Index
Heat exchang 667.5
Process machine 617.¢
Pipe, Valves and Fittin 627.(
Process Instrumer 840.2
Pumps and Compresst 426.(
Electrical equipmel 902.t
Structural supports and Miscellane 484.
Constructiorlaboul 330.¢
Buildings 503.2
Engineering and Supervisi 336.¢

C.1.1 Bayonet reactor

The Bayonet reactor consists of a heat exchanger network and six internal reactors (Chapter 6).
The six reactors are considered to be pressure vessels with a volume ot @a6hnand the

liquid phase reactors (R-HX02, R-HX04 and R-HX06) are equipped with agitators driven by
electric motors. The individual heat exchangers in the Bayonet reactor heat exchanger network
are shown in Appendix B.

The objective is to calculate the total cost of the Bayonet reactor consisting of six cylindrical
vessels, with an inside diameter of 3 m (118 in.) and a length of 10 m (393.7 in). The reactor feed
is 85% aqueous sulphuric acid pumped at 7.8 kmol/s (61776 Ibmol/hr), at a pressure of 22 bar
(319 psia). The vessel will be oriented in horizontal position. Three reactors handle the liquid
phase which is perfectly mixed by an agitator for each with a 700 Hp, 3600 rpm electric motor.
The internal heat recuperation is achieved by an internal heat exchanger network with individual
shell and tube heat exchanger units outlined in Appendix B, Table A.1, and each tube length is 6
m. The materials of construction are Incoloy 800 for the pressure vessels and stainless steel for
the heat exchanger network. The barometric pressure at the plant site is 1 atm (14 psia). The CE
indices for the pressure vessels and heat exchangers, and for the electric motor are assumed to be
667.5 and 902.5 respectively (Table C.1)
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Seideret al. (2004:527) suggested the following equations for the calculation of the purchase

cost of pressure vessels, electric motors and heat exchangers for a base CE Index of 394.

Pressure vessels

Cp = (RuCv + Cp)(667.5/394) (C.2)

Cv = exp{8.717 — 0.233[In(W)] + 0.04333[In(\W)] (C.3)

W =x(D; + t5)(L + 0.8D)tsp (C.4)

CpL = 1580(D)°2%% (C.5)

t» = PDi/(2SE — 1.2B) (C.6)

Py = exp{0.606008 + 0.91615[Ing} + 0.0015655[In(P)]*} (C.7)
Where:

Cy — cost of empty vessel

Fu — material factor = 3.7 for Incoloy 825 (Sei@eal. 2004:531)
CpL — cost for platforms and ladders

W — weight of the shell (Ib)

Di — internal diameter of vessel (inch)

Py — internal design gauge pressure (psig)

P, — operating pressure (psig)

ts — shell thickness (inch)

tp — wall thickness (inch)

S — maximum allowable stress = 14500 psi (SMC, 2004)
E — weld efficiency (1.0)

p = density of material (Ib/)

Electric motors for agitators

Cr = (FrmCg)(902.5/394) (C.8)
Cs = exp{5.4866 + 0.13141[In@] + 0.053255[In(R)]
+0.028628[In(P)]* — 0.0035549[In(B]*} (C.9)
Where:

Frm — motor type factor = 1.0 (Seideral. 2004:511)
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Cg — base cost

Pc — power consumption (hp)

Heat Exchangers

Cp = (FPFFLCs)(667.5/394) (C.10)
Cs = exp{11.147 — 0.9186[In(A)] + 0.09790[In(&)] (C.11)
Fu = 2.7 + (A/200§°" (C.12)
F> = 0.9803 + 0.018(P/100) + 0.0017(P/700) (C.13)

Where:
R — tube length correction factor
A — surface area (jt

P — shell side pressure (psig)
The specifications and costs of the reactors and the heat exchanger network after applying
Equations C.1 to C.13 are shown in Table C.2 and C.3. The total cost of the Bayonet reactor is

$233 427 699 of which the internal heat exchanger network constitutes 98% of the total cost.

Table C.2: Bayonet reactor internal reactors cost and specifications

Reactor R-HX02 R-HX04 R-HX06 R-DECO1 | R-DECO03 | R-DEC04
Diameter (m 3 3 3 3 3 3

Length (m 1C 1C 10 10 1C 1C

Inlet Pressure (be 22 22 22 22 22 22
Design Pressure (b 26 26 26 26 26 26

Inlet Temperature°C) | 348.7 35¢ 552 67° 89C 655
Desigr Temperature®C) | 100( 100( 100C 100( 100( 100(
Internal: Agitator Agitator Agitator Nil Nil Nil

Wall thickness (cn 4.C 4.C 4.C 4.C 4.C 4.C

Cost ($mil) 872 30( 872 30( 872 30( 814 60( | 814 60( | 814 60(
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Table C.3: Bayonet reactor internal heat exchangers cost and specification.

Heat Exchange Area (m2) Cost ($,

E-107 3.6E0¢ 51 021 02
E-108 25.2¢ 135 87
E-109 20.1¢ 131 69!
E-110 109.¢ 208 53¢
E-111 104.1 203 92:
E-112 4.6E0¢ 73 632 45
E-113 7.46¢ 128 11:
E-114 26.62 137 02!
E-11°% 5.5E0¢ 96 870 85
E-11€ 481¢ 3792 99!
E-117 115.¢ 213 43¢
E-118 609.5 563 46!
E-119 171 1327 57

228 366 999
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C.1.2 Downstream heat exchangers

Equations C.10 to C.13 are used to calculate the sizes of the individual heat exchangers. The
material of construction is stainless steel, shell and tube with a tube length of 6 m.

Table C.4: Downstream heat exchanger network equipment cost and specifications

Heat Exchanger Area (m°) Cost($)

E-148 9.66 119 642
E-150 32010 40 349 492
E-140 44710 66 237 299
E-138 11550 10 123 453
E-142 13960 13 692 756
E-135 4536 3550215
E-133 209.40 267 556
E-166 28.46 138 633
E-151 667.80 603 066
E-153 1527 1122182
E-157 2384 1707 275
E-161 12550 11 206 334
E-159 15180 15 281 503
E-149 24330 27 269 393
E-139 4197 3261530
E-147 10.34 126 756
E-134 3138 2 397 452
E-136 2.32 147 042
E-128 2110 1522919
E-165 9162 8 039 363
E-162 7011 5 497 501
E-158 40160 60 012 220
E-160 3193 2292 523
E-144 1756 1275105
E-146 34.63 144 123
E-127 37540 50 980 406
E-131 4403 3227 382
E-129 14570 13 599 475
E-164 584.0 546 130
E-163 6.64 120 533
E-155 19400 19 938 279
E-137 33.33 142 957
E-141 8477 7312 622
E-143 39880 59 388 372
E-145 67.77 173519
E-132 46020 69 202 149
E-130 122000 331 629 935
E-154 390.70 413 678
E-152 34.88 144 347
E-156 131400 400 651 355
E-148 9.66 119 642
TOTAL 1233856 474




Appendix

C.1.2 Other equipment

The process flowsheet contains 6 flash drums which can be treated as pressure vessels containing
little internals. Also there are two pumps (PP0O1 and PPO02), a centrifugal pump should be

selected if the pumping requirements are as follows: (Seti@er2004:507)
« Volumetric flow rate up to 0.32 s
* Total head up to 975 m, and
« Kinematic viscosity less than 0.0002/m

For requirements that are outside the specified range, it is assumed that two or more centrifugal
pumps are placed in parallel. Therefore pump PP02 which pumps/s.8friiquid is considered

to be four centrifugal pumps installed in parallel to achieve the required flowrate. The Bunsen
reactor, absorber and distillation columns are considered as pressure vessels. The other
equipment on the list is mixers (agitators). Seideral. (2004:505) gives the following

correlations for the purchase costs of the equipment listed in this sub-section

Pumps
Cp = FrpFuCs (C.14)
Cs = exp{9.2951 — 0.6019[In(S)] + 0.0519[In(3)] (C.15)
S = F(HY® (C.16)
Where:

Frp — pump type factor = 2.0 for single stage pump (Sedidar 2004:508)
S — size factor

H — pump head (ft)

F — flowrate (gal/min)

The cost electric motor for the pump drive will be added to the cost of the pump, the correlations

for determining the purchase coats are given in Equations C.8 and C.9
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Agitators

Cp=18108>*

Where:

S — size factor (Hp)

(C.17)

Table C.5 is obtained when Equations C.2 to C.17 are used for equipment costing.

Table C.5: Cost of other equipment

Equipment Quantity | Description Unit Cost Total Cost
$) $

Bunsen Reactor

Vessel 1 Diameter, 3 m; Length, 10 m; Stainless Steel 246 673 246 673

Agitator 1 250Hp, 1800rpm 25 342 25 342
Distillation Column

DCO1 1 Diameter, 1 m; Length, 5 m; Stainless Steel 72 799 72 799

DCO02 1 Diameter, 2 m; Length, 10 m; Stainless Steel 178 189 178 189
Centrifugal Pumps

PPO1 2 total flow = 0.25 m3/s; total head = 130m 40 200 80 400

Motor drive 2 max 250Hp, 1800rpm 34 264 68 528
PP02 4 total flow = 1.34 m3/s; total head =7 m 43 469 173 87y
Motor drive 4 max 250Hp, 1800rpm, 34 264 137 056

Flush Drums

FDO1 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951

FDO02 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951

FDO3 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951

FDO0O4 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951

FDO5 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951

FDO6 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951
Dryers

DRO1 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951

DRO02 1 Diameter, 2 m; Length, 5 m; Stainless Steel 121 951 121 951
Absorber 1 Diameter, 2 m; Length, 10 m; Stainless Steel 178 189 178 189
Mixers 9 Diameter, 8 m; Length, 5 m; Stainless Steel 473 874 4 264 867
Total 6401530
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C.2 Estimation of fixed capital investment

The fixed capital investment of an industrial plant can be estimated with knowledge of the total
equipment cost. The typical share of equipment costs for multipurpose plants is shown in Table
C.6.

Table C.6: Typical percentages of fixed capital investment values for direct and indirect cost
segments for multipurpose plants or large additions to existing facilities (Betbr$991:167).

Component Range, %
Direct cost
Purchased equipme 15-4C
Purchased equipment installin 6-14
Instrumentation and controls (install 2-8
Piping (installec 3-2C
Electrical (installec 2-1C
Buildings (including service 3-18
Yard improvemen 2-5
Service facilities (installe 8-2C
Land 1-2
Indirect cost
Engineering and supervisi 4-21
Construction expens 4-16
Contractor’s fe 2-6
Contingenc 5-15

The ranges of process-plant component cost outlined in Table C.6 are used for the estimation of

the fixed capital investment.
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C.3 Estimation of production cost

Table C.7: Cost sheet outline [DW&B = direct wages and benefits; MW&B = maintenance
wages and benefits; M&O-SW&B = maintenance and operations salary, wages and benefits;
Crpc = total depreciable capitalfgc = allocated costs for utility plants] (Busche, 1995:1)

Cost Factor

Typical Factor

Feedstock (raw materials)

Utilities

High temperature heat

$0.041/kW

Cooling water (CW)

$0.013/tonne

Refrigeration

$0.057/kKW.hr

Operations (labour related) (O)

Direct wages and benefits (DW&B)

$28/operator-hr

Direct salaries and benefits

15% of DW&B

Operating supplies and services

6% of DW&B

Technical assistance to manufacturing

$52000/(operator/shift)-yr

Control laboratory

$57000/(operator/shift)-yr

Maintenance (M)

Wages and benefits (MW&B)

Fluid handling process

3.5% of Gpc

Salaries and benefits

25% of MW&B

Materials and services

100% of MW&B

Maintenance overhead

5% of MW&B

Operating overhead

General plant overhead

7.1% of M&O-SW&B

Mechanical department services

2.4% of M&O-SW&B

Employee relations department

5.9% of M&O-SW&B

Business services

7.4% of M&O-SW&B

Property taxes and insurance

2% of Goc

Depreciation

Direct plant

8% of (Grpc — 1.18Gnc)

Allocated plant

6% Of 1.18Gyoc

COST OF MANUFACTURE (COM)

Sum of above

General Expenses

Selling (or transfer) expense

3% (1%) of sales

Direct research

4.8% of sales

Allocated research

0.5% of sales

Administrative expense

2.0% of sales

Management incentive compensation

1.25% of sales

TOTAL GENERAL EXPENSES (GE)

TOTAL PRODUCTION COST (C)

COM + GE
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C.4 Estimation of the Total bare module costs

To produce the estimate, two variables are needed, the production rate and the flowsheet
showing reactors, separation equipment and gas compressors. Pumps and heat exchangers are not
considered (Seidet al. 2004:498).

The production factor,dg and module costs,Care computed as follows:

Fer = [(Main product flow rate, Ib/yr)/10000006¥] C.18

Cw = FerFu(design pressure, psia/168Y$130000) C.19
where F is the material factor, 2.0 and 2.5 for stainless steel and Incoloy 825 respectively.

The total bare module costyéy, is computed using the Marshall and Swift Process Industries
Average Cost (MS) Index as follows (Seideal. 2004:499):

Crmam = Fp|(MS Index/llOB):CM C.20

where I is the piping and instrumentation factor, 2.15, for fluids handling processes (&eider
al. 2004:499) and the MS Index for 2010 is 1457 (Chemical Engineering, 2011).

From Table C.8,
> Cwm = $23 894 982
Crem = 2.15(1457/1103) $23 894 982
= $67 862 399
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Table C.8: Estimation of the total bare module costs

Equipment Design Pressure Material [ Fer Cu
(psi)
Reactors
RX01 72 Stainless steel| 2 4.5 1077752
RX02 319 Incoloy 825 2.5 4.5 1954535
Distillation Column
DC01 72 Stainless steel| 2 4.5 1077752
DC02 319 Stainless steel| 2 4.5 1563628
Flush Drums
FDO1 290 Stainless steel| 2 4.5 1526811
FDO02 50 Stainless steel| 2 4.5 983849
FDO3 50 Stainless steel| 2 4.5 983849
FD04 50 Stainless steel| 2 4.5 983849
FDO5 50 Stainless steel| 2 4.5 983849
FDO06 50 Stainless steel| 2 4.5 983849
Dryers
DRO1 72 Stainless steel| 2 4.5 1077752
DRO02 319 Stainless steel| 2 4.5 1563628
Absorber 72 Stainless steel| 2 4.5 1077752
Mixers
MX01 15 Stainless steel| 2 4.5 728130
MX02 29 Stainless steel| 2 4.5 858589
MX03 15 Stainless steel| 2 4.5 728130
MX04 15 Stainless steel| 2 4.5 728130
MX05 50 Stainless steel| 2 4.5 983849
MX06 72 Stainless steel| 2 4.5 1077752
MXO07 50 Stainless steel| 2 4.5 983849
MX08 50 Stainless steel| 2 4.5 983849
MX09 50 Stainless steel| 2 4.5 983849
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C.5 Estimation of the DCFRR

Table C.9: Estimation of the DCFRR (values in $million), for a hydrogen price of $18.6/kg and
an income tax of 40%.

Year | Total Working | Depreciation | Production Sales Net Cash Cumulative
Depreciable | Capital Cost Revenue| Earnings | Flows Present
Capital Excluding Value

Depreciation @43.1%

1 -22.65 -22.65 -22.65
2 -22.65 -22.65 -42.35
3 -22.65 -22.65 -53.48
4 -22.65 -22.65 -61.27
5 -22.65 -162.25 -184.90 -105.86
6 5.66 869.00 1176 180.91 186.57 -74.33
7 10.76 869.00 1176 177.85 188.61 -52.0Q
8 9.68 869.00 1176 178.50 188.18 -36.38
9 8.72 869.00 1176 179.07 187.79 -25.46
10 7.85 869.00 1176 179.60 187.45 -17.82
11 7.06 869.00 1176 180.07 187.13 -12.48
12 6.68 869.00 1176 180.30 | 186.98 -8.73
13 6.68 869.00 1176 180.30 186.98 -6.11
14 6.69 869.00 1176 180.29 186.98 -4.27
15 6.68 869.00 1176 180.30 | 186.98 -2.98
16 6.69 869.00 1176 180.29 186.98 -2.08
17 6.68 869.00 1176 180.30 186.98 -1.45
18 6.69 869.00 1176 180.29 | 186.98 -1.01
19 3.34 869.00 1176 182.30 185.64 -0.70
20 869.00 1176 184.31 184.31 -0.48
21 869.00 1176 184.31 184.31 -0.33
22 869.00 1176 184.31 184.31 -0.23
23 869.00 1176 184.31 184.31 -0.15
24 869.00 1176 184.31 184.31 -0.10
25 196.25 869.00 1176 184.31 | 346.56 -0.03




Appendix

Appendix D: References

ASPEN TECH. 2010. Aspen Plus. http://www.aspentech.com/core/aspen-plus.aspx. Date of
access: 03 Apr 2010

BUSCHE, R.M. 1995. Venture Analysis: A framework for venture planning. (Course notes
delivered as part of the lecture for Bio-en-gene-er Associates in Wilmington.) Delaware.
(Unpublished)

CHEMICAL ENGINEERING. 2011. Economic Indicators. http://www.che.com. Date of access:
25 Sep 2011

KEMA. 2010. KEMA-SPENCE for simulation of process for energy conversion and electricity
production. http://www.kema.com/Images/Spence process simulation description.pdf. Date of
access: 28 Jan 2011

PETERS, M.S. & TIMMERHAUS, K.D. 1991. Plant design and economics for chemical
engineers. McGraw-Hill. 923p

PROSIM. 2010. ProsimPlus. http://www.prosim.net/en/modeling/prosimplus.html. Date of
access: 03 Apr 2010

SEIDER, W. D., SEADER, J.D., & LEWIN, D.R. 2004. Huzt and Process Design Principles:
Synthesis, Analysis, and Evaluation. Wiley. 802p

SPECIAL METALS CORPORATION. 2004. The story of thiNCOLOY® alloys series,”
from 800, through 800H, 800HT. http://www.specialmetals.ddate of access: 15 Sep 2011

WINSIM. 2011. Design Il for windows. http://www.winsim.com/design.html. Date of access: 28
Jan 2011

A-20



