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ABSTRACT

South Africa has large coal reserves and produgpsogimately 74% of its primary
energy from coal. Coal gasification using movingl lgasifiers is one of the most

important coal utilisation technologies, consumint7.5% of locally produced coal.

This study was motivated by the need to investigdternative coal gasification
technologies for the utilisation of fine, high-aahd caking coals for future Integrated
Gasification Combined Cycle (IGCC) and coal to iagu(CTL) plants. These coals
are estimated to form a large percentage of theaireng coal reserves in South
Africa and could be difficult to utilise efficientin moving bed gasifiers.

Fluidised bed gasification was identified as a tetbgy that could potentially utilise
these coals. Coals from the New Vaal and Grooté&getllieries were selected as
being suitable for this investigation. The coals revesubjected to detailed

characterisation, bench-scale and pilot-scaleifieilbed gasification tests.

The results of the pilot-scale atmospheric bubblingdised bed gasification tests
show that stable gasification is possible at telempees between 88 and 98C°C.

The maximum fixed carbon conversion achievableha pilot plant is, however,
limited to £ 88% due to the low reactivity of th@als tested and to thermal
fragmentation and attrition of the coal in the §asi It was found that oxygen
enrichment of the gasification air from 21% to 3&% means of oxygen addition
produces a significant increase in the calorifitugaof the gas (3.0 MJ/Nnto

5.5 MJ/Nnf). This observation has not previously been replaatepilot-plant scale.

A mathematical model for a bubbling fluidised be&dlcgasifier was developed based
on sub-models for fluidised bed hydrodynamics, cdalolatilisation, chemical
reactions, transfer processes and fines generaiawnal devolatilisation sub-model
to predict the products of coal devolatilisation anfluidised bed gasifier was
developed and incorporated into the model. Parametgsociated with the rates of
the gasification reactions and the devoltilisatpyocess were obtained by means of
bench-scale tests. The heat loss parameter (Qeimbdel was estimated by means

of a heat loss calculation.



The results from the pilot-scale gasification tegése used to evaluate the predictive
capability of the model. It was found that for tesrgiture, fixed carbon conversion
and calorific value of the gas the difference befmveneasured and predicted values
was less than 10%. Recommendations are made tbefuefinement of the model to

improve its predictive capability and range of aqgdion.

The model was used to study the effect of majorraipe variables on gasifier
performance. It was found that increasing the eedctjas (air, oxygen and steam)
temperature from 250 °C to 550 °C increases theritial value of the gas by + 9.3%
and the gasification efficiency by + 6.0%. Increasihe fluidised bed height has a
positive effect on fixed carbon conversion; howewatrhigher bed heights the benefit
of increasing the bed height is less due to théimhg effects of H and CO on the

rates of char gasification.

Keywords: High-ash coal, gasification, fluidised bed, reattkinetics, modelling.



OPSOMMING

Suid-Afrika besit volop steenkoolreserwes en predusngeveer 75% van sy primére
energie uit steenkool. Steenkoolvergassing deudehidan bewegende bedvergassers
is een van die belangrikste steenkoolbenuttingsiegieé en benut bykans 17.5%

van die steenkool wat plaaslik geproduseer word.

Hierdie studie is gemotiveer deur die behoefte onlterrmatiewe

steenkoolvergassingstegnologieé te ondersoek girbdnutting van fyn, asryke en
koeksteenkole vir gebruik in toekomstige geintegleevergassingsstelsels en
viloiebare brandstof uit steenkool-aanlegte. Dit dvdyeraam dat hierdie tiepe
steenkool ‘n groot persentasie van die oorblywestdenkoolreserwes van Suid-
Afrika verteenwoordig en dat effektiewe benuttirgnwdié steenkool in bewegende

vastebedvergassers ‘n moeilike taak sal wees.

Sweefbedvergassing is as ‘n tegnologie geidengifise/at potensieel vir die

vergassing van fyn, asryke en koeksteenkole aanmgkvwan word. Steenkool
afkomstig van New Vaal en Grootegeluk-myne is askie vir hierdie studie

uitgeken. Gedetailleerde karakteriseringstoetsesweefbedvergassingstoetse in ‘n
proefaanleg is op hierdie steenkole uitgevoer.

Die resultate van die vergassingstoetse in diefpandeg toon dat stabiele vergassing
van die steenkool teen temperature tussen €80en 980°C moontlik is. Die
maksimum omsetting van die vaste koolstofinhoudegser tot £ 88% beperk as
gevolg van die lae reaktiwiteit van die steenkoal termiese fragmentasie en
verbrokkeling van die steenkool in die vergasset.ibevind dat veryking van die
vergassingslug van 21% tot 36%, deur middle vanmssoiubyvoeging,n buidende
toename in die hittewaarde van die gas tot gevetg(8.0 MJ/Nmi — 5.5 MJ/Nn).

Hierdie waarneming is nog nie voorheen op n progégaskaal gemaak nie.

‘n Wiskundige model vir ‘n sweefbedvergasser iswokitel wat op sub-modelle vir
sweefbedhidrodinamika, steenkoolontvlugting, chemieaksies, oordragprosesse en
steenkoolverbrokkeling gebaseernsSteenkool ontviugtings model om die produkte

van steenkool ontvlugting te voorspel is ontwikleh in die model ingesluit.
Vi



Parameters wat verbonde is aan die tempo van digasgings reaksie en die
steenkool ontvlugtingsproses word deur middel vankkskaal toetse bepaal. Die

hitteverlies parameter word geskat deur middelrvaitteverlies berekening.

Die resultate van die proefaanlegtoetse is gebonik die model se voorspellende
vermoeé te evalueer. Vir temperatuur, vaste koashsktting en hittewaarde van die
gas is die veskil tusssen die voorspelde en gemetardes minder as 10%.
Aanbevelings is gemaak om die model verder te werbm sodoende die

voorspellende vermoé en aanwendbaarheid te verbeter

Die model is aangewend om die effek van belangniset-veranderlikes op die
bedryf van die vergasser te ondersoek. Dit is gedait’n toename in die temperatuur
van die reaksiegas (lug, suurstof en stoom) var’25ot 550°C, die hittewaarde van
die gas met £ 9.3% en die vergassings-effektiwiedt + 6.0% laat toeneem het.
Alhoewel toename in die hoogte van die sweefbegositiewe effek op die vaste
steeenkool-omsetting het, is die effek laer by Hmithoogtes weens die inhiberende

effek van CO en Kop die tempo van die vergassingsreaksies.

Sleutelwoorde: Asryke steenkool, sweefbedvergassing, reaksieikmeanodellering.

Vii
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GLOSSARY OF SPECIALISED TERMINOLOGY

Char residence time

Average residence time of char particles in a gasbased on the feedrate of dry

devolatilised coal and the mass (inventory) offthiglised bed.

Cold gas efficiency

Chemical energy content of the product gas reldbvide chemical energy content of

the coal, usually expressed as a percentage.

Dry gas calorific value

Gross chemical energy content of the gas on a ¥i@erbasis, usually expressed as
MJ/Nm?®

Fixed carbon conversion

Fixed carbon in the coal converted to gas relatvéhe initial fixed carbon in the

coal, usually expressed as a percentage.

Fluidisation velocity

Gas velocity in the fluidised bed based on thedred of the gasifier

Gas composition

Concentration of species in the gas on a volumegméaige basis

Gross heat content of the gas

Energy released during the combustion of a unitim@ of gas, including the latent

heat of evaporation of the water formed during costion.

Oxygen-enriched air

Oxygen enrichment is the difference between thegeryconcentration (vol.%) in the

enriched air and the oxygen concentration of &airV@.%).
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Total carbon conversion

Carbon in the coal converted to gas relative toitial total carbon in the coal,

usually expressed as a percentage.
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CHAPTER1 GENERAL INTRODUCTION

CHAPTER 1 GENERAL INTRODUCTION

This introductory chapter consists of six sectioSgction 1.1 gives background
information on the importance of coal in the Sa@iftican economy, estimated future
coal use and the need for new coal utilisationretdgies. Commercial fluidised bed
coal gasifiers and fluidised bed coal gasifier nilotlg are discussed in Sections 1.2
and 1.3. The motivation, objectives and scope ef ithvestigation are given in

Sections 1.4, 1.5 and 1.6.

1.1 Background information

1.1.1  The importance of coal in South Africa

To sustain economic growth in South Africa an iaseein the primary energy supply
of £ 2.5% per annum is required (Subramomtyal, 2009). The primary energy

supply sources of South Africa and the world aveiin Figures 1.1 and 1.2.

Renewables 7.4%

Hydro - 60%
Biomass - 39.5%
Solar - 0.4%
Wind - 0.1%

Nuclear 4.2%
Gas 2.3%

Total primary energy = 5.64 EJ/annum |

Figure 1.1: South African primary energy sources\(Vinkler, 2006)

Figure 1.1 shows that due to abundant reservedi{Bdn tons), coal is the most
important energy source in South Africa, supplyirdg1% of its primary energy.
Figure 1.2 shows that due to higher gas and oilhyséhe rest of the world, coal

contributes a significantly lower percentage (24&dhe world energy mix.
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Renewables 6%

Biomass — 47%
Hydro — 45%
Geothermal — 5%
Wind -2 %
Solar — 1 %

Nuclear 8%

Total primary energy = 480 EJ/annum]

Figure 1.2: World primary energy sources (Winkler,2006)

Figure 1.3 shows that the coal supply in Southcaficonsists of 287 Mt/a of run-of-
mine production and 10 Mt/a that are reclaimed faiatkpiles. Of the 297 Mt/a that
is supplied, 40 Mt/a is utilised by Sasol for syelfproduction, 110 Mt/a by Eskom
for electricity production, 21 Mt/a by smaller irgtties for heat generation and
metallurgical production, 69 Mt/a is exported, 5%/&Mis discarded and 2 Mt/a is
stockpiled. The technologies used for coal utilisatconsist mainly of Sasol-Lurgi
FBDB gasifiers, PF boilers, chaingrate boilers,idiked beds, Corex and blast

furnaces.

In the preliminary South African coal roadmap preéagon by Hall (2011), three
future coal use scenarios were presented in owlendet the increase in energy
demand (2.5% per annum) in South Africa for thetr#xyears. The three scenarios

presented are:

Scenario A:  Significant coal use

South Africa’s extensive coal resources are furtrgroited. New coal combustion

and gasification plants are commissioned in the eWarg, Soutpansberg and
Limpopo coalfields. Coal exports are sustained iagceased post 2020. Renewable
and nuclear power plants are limited due to capiaktraints and delays.
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_E I Grate, FB, Corex and Blast furnaces |
g 10 Mt/a 3
| Industrial use 21 Mt/a |
Export
232 Mt/a 69 Mt/a
_ 54 Mt/a 33Mt/a 65 Mt/a
‘. Discards Synfuels | | Electricity
‘ 55 Mt/a 40 Mt/a 110 Mt/a
Run-of-mine 1 Mt/a 7 Mt/a 45 Mt/a
Production
287 Mt/a
55 Mt/a v v 2 Mt/a
| Fixed bed gasification | | PF combustion |

Figure 1.3: South African coal supply chain (Prévst and Msibi, 2005)

Scenario B: Moderate coal use

New coal combustion and gasification plants arenpa for the Waterberg and other
coalfields. Projects are, however, implemented lainger rate due to requirements to
achieve carbon emission reductions at these plaftes. 2020 coal exports increase

slowly, if at all. Renewable and nuclear industea&perience growth.

Scenario C: Low coal use

Renewable and nuclear industries experience aggeeggowth due to binding
agreements on climate change. No new large coatpkre built after Medupi and
Kusile power stations. The Waterberg coalfield @ developed beyond the current
mines. Exports decline after 2015.
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In the case of either scenario A or B being redlisgynificant new investment in coal
combustion and gasification plant will be requir@dhe estimated increase in the
amount of coal consumed by gasification in 2036vali006 levels is 18 Mt/a, i.e. 48
Mt/a in total (Appendix A.1). The estimation is bdn:

* The supply of primary energy increases at 2.5%apaum.
» The contribution of coal to the total energy mixases to 60% by 2036.

» Gasification utilises 17.5% of all coal utilisedrdestically to 2036.

Coal gasifiers are expected to be applied in ful@€C and CTL plants. The
advantage of IGCC power plants based on coal gasSdn compared with
conventional PF power plants that are based on @wabustion is that their water

consumption and C£&&mission rates per unit of energy generated arerlow

It is projected that, in future, more than 50% oufh Africa’s coal demand will be
supplied from the Waterberg, Soutpansberg and Lpopooal basins (Hartnady,
2010). Characterisation of these high-ash coalsfiicient and clean utilisation by

underground and surface gasification technologi¢lsarefore important.

1.1.2  Coal gasification technologies

Technologies used for the gasification of coal a@@minated by three basic

configurations which are:

* Moving (or fixed) bed gasifiers.
* Fluidised bed gasifiers.

» Entrained flow gasifiers.

Although there are many variations within the thbasic configurations, the principle
of operations remains essentially the same. Theethrasic configurations are

presented in Figure 1.4.
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Moving bed gasifier

Advantages:

*High gasification efficiency
*Long coal residence time
*High-ash coals can be gasified
*Low Oz consumption.
Disadvantages:

*Coal size § — 50 mm
*Produces tar and CHj
«Rotating grate

*Caking coals - agglomeration.

Fluidised bed gasifier

Advantages:

*Coalsize 0 - 5 mm

*High-ash coals can be gasified
*Low tar and CHs concentrations
*Extended refractory life
Disadvantages:

*Lower gasification efficiency
*Mixed flow reactor

*Bed agglomeration at hich pressure
+High bed voidage imits gas output.

Entrained flow gasifier

Advantages:

*Very low tar and CH: concentrations
*Caking coals can be gasified

*High pressure operation possible

* Fine coal can bhe gasified.
Disadvantages:

*Reduced refractory life

*High sensible heat losses

*High oxvgen consumption

*Low-ash coals required.

Figure 1.4: Basic gasifier configurations (Adaptedrom Morehead, 2006; Radtke, 2011)
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1.1.2.1 Moving bed gasifiers

Sized lump coal (8-50 mm) is fed into the top & fasifier. A bed of coal moves
slowly down under gravity in plug flow and is gasd by reacting gases (air, oxygen
and steam) moving upwards in a counter-currentidashThree separate coal-
processing zones are present in the gasifier: ¢heldtilisation zone, the gasification
zone and the combustion zone. At the top of thdiggsthe coal is devolatilised by

hot gases leaving the gasification zone.

In the gasification zone, char is gasified by h@,@nd HO leaving the combustion
zone. In the high-temperature (1 3%L) combustion zone, residual char is combusted
by oxygen entering the bottom of the gasifier, itasy in a high fixed carbon

conversion.

Due to the low temperature (50C) in the devolatilisation zone at the top of the
gasifier, the gas produced by the gasifier contaigs concentrations of Citars and
oils. Coals that have a high free swelling inded arhigh caking index are difficult to
process in moving bed gasifiers since swelling aalling of the coal results in
agglomeration, which interferes with the free dowandv movement of the coal.
Stirrers and rotating arms can be fitted to brepkthe agglomerates, but these

components require extensive maintenance.

The oxygen consumption is low since the coal ish@ated with the existing gas, and
due to separation of the combustion and gasifinationes, oxygen consumption by

gas combustion is reduced to a minimum.

1.1.2.2 Bubbling fluidised bed gasifiers

In a fluidised bed gasifier, the reacting coal jges (0.5-5 mm) are suspended
(fluidised) by the reactant gases (air, oxygen stea&m) entering the bottom of the
bed through a distributor plate. The coal partieles well mixed in the bed, resulting
in an uniform temperature distribution in the be&tuidised bed gasifiers operate at

temperatures (900-1 03Q) that are well below the ash softening pointhaf toal to
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avoid ash melting, agglomeration and subsequettidisiation of the bed. Although
the good mixing of gas and solids in a fluidised asifier promotes good heat and
mass transfer, it has its disadvantages. Whensasktiacted from the bed in order to
maintain a constant bed height, this will inevital@sult in the removal of unreacted
carbon particles, thereby reducing the fixed carbomversion that can be achieved.
Thermal fragmentation and attrition in the bed Mssin the entrainment of fine
unconverted char particles from the gasifier with &xit gas, which also reduces the
fixed carbon conversion. Fluidised bed gasifiersodpce significantly lower
concentrations of CHand tar concentrations in the exit gas compared mioving

bed gasifiers, since:

* The feed coal is devolatilised at a higher rate a@ral higher temperature.
* The volatiles are released throughout the wholedretireact with oxygen in

the lower part of the bed.

1.1.2.3 Entrained flow gasifiers

In an entrained flow gasifier, the coal and reartases flow co-currently through the

gasifier. The coal is fine enough (< 100 um) arelghs velocity high enough so that
the coal particles are conveyed pneumatically éaméd) by the reacting gases to the
exit of the gasifier. Due to the low residence tiofecoal particles, a high operating

temperature is used (> 1 500) to increase the fixed carbon conversion.

The operating temperature is usually above thenaslting point so that the molten
ash is removed from the gasifier as a liquid shafjuxing agent such as limestone is
often used to reduce the ash melting point of W§f- coals, thereby reducing the
oxygen consumption. The high operating temperatfrentrained flow gasifiers
results in very low concentrations of Chihd tars in the gas. The disadvantages of the
high operating temperature of entrained flow gassfiare:

« High sensible heat losses reduce the gasificaffanency.
« Attack of refractories and syngas coolers is acatdd.

* Oxygen consumption is high.
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Entrained flow gasifiers are not specific to a jgater coal and can gasify practically
any type of coal. The use of coals with very higih @ontents and high moisture
contents, however, increases the oxygen consumgpti@nder to maintain the high

operating temperature.

1.1.3  Coal gasification in South Africa

The moving bed gasifier has been used extensineBouth Africa since 1955. Sasol
currently operates 84 moving bed gasifiers at ysfuigel plants in Secunda, which
gasify £ 30 Mt/a of high-ash, non-caking coal.

Six Kopers-Totzek entrained flow gasifiers wereraped between 1975 and 1999 by
African Explosives and Chemical Industries (AECI)Modderfontein for ammonia
production. The gasifiers gasified + 1 Mt/a of Iiinous coal and produced + 100
000 Nn/h of syngas containing 60 vol.% CO.

Fluidised bed gasification has not been used cowiallgr in South Africa. A few
pilot-scale investigations and a demonstrationes@avestigation have been carried
out. Limited information on these investigationshiswever available in the public

domain.

Although the moving bed gasifier has been succlgsipplied in South Africa for
many years, in future new gasification technologmesy be required for the utilisation
of coal from the Waterberg, Soutpansberg and Liropogal basins. The coals from
these basins are known to have caking propertieséro et al, 1999), which could
be problematic for their utilisation in moving bedsifiers (Van Dylet al, 2005).

Although entrained flow gasifiers are able to gast#iking coals, the high ash content
of coal from the Waterberg, Soutpansberg and Liropgpal basins could be

problematic when they are utilised in entrainedvflgasifiers.
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Although fluidised bed gasifiers are able to gasifgh-ash South African coals, the
low reactivity of these coals may result in lowasijication efficiencies for the

reasons given in Section 1.1.2.2.

1.2  Commercial fluidised bed coal gasifiers

Three variations of the fluidised bed coal gasifiave been applied commercially.

1.2.1  The Winkler fluidised bed coal gasifier

The first Winkler gasifier started commercial ogena in 1926, in Central Germany,
producing fuel gas for gas engines that compressechonia synthesis gas and
hydrogen for tar hydrogenation (Squires, 1983). fitst Winkler gasifiers operated
at atmospheric pressure and at temperatures of@36 950°C, utilising lignite as
fuel. The Rheinische Braunkohlenwerke in Germanywelied the High-
Temperature Winkler (HTW) process which can be afger at pressures up to 30 bar
(Brungelet al, 1989). The basic configuration of the HTW Winkgasifier is given
in Figure 1.4. A commercial HTW gasifier, with aete capacity of 25 tons/h dry
lignite, operated from 1989 to 1999 at BerrenrahrrCologne, West Germany. The
gasifier operated at a pressure of 10 bar and pesti84 000 Nrith synthesis gas for
methanol production. The major disadvantage of K&V gasifier is that only
reactive non-caking coals can be used as feedsiduek.use of unreactive caking
coals in the HTW process results in low carbon eosions and de-fluidisation of the

bed. Currently, there are no commercial HTW gasifie operation.

1.2.2  The U-GAS fluidised bed agglomerating ash gasifier

The U-GAS fluidised bed gasifier, which has the advantage ¢aking coals can be
gasified, was developed by the Gas Technology tiuteti (GTI) in the USA.
A schematic representation of the gasifier is giwenFigure 1.5. The operating
concept involves maintaining two distinct zoneshimitthe same vessel. The bottom
‘hot zone’ generated by a jet of steam, oxygen@va is maintained at temperatures
above the ash sintering temperature. At these terpes the ash is sticky and

agglomerates into particles that are low in cardre agglomerates grow in size until

9
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they defluidise and drop out of the bed throughltbttom classifying throat. The first
commercial U-GAS fluidised bed gasifier was commissioned during 806
Shandong province, China. High-ash discard cogassfied, producing 28 000 Nh

of syngas for methanol production. A second plarscheduled for start-up in 2014 in
Henan province, China, to produce 45 000°3fnof syngas for ammonia synthesis
(Preston, 2012).

high /-Q—
V-

pressure \
steam )
— = E 3
\ J
char
4 «—Steam
coal

ash agglomerates

Figure 1.5: U-GAS’® agglomerating ash gasifier (Preston, 2012)

1.2.3  The KBR - TRIG™ transport gasifier

The transport gasifier shown in Figure 1.6 is amaaded circulating fluidised bed
gasifier designed to operate at higher pressur@&NMP®a), gas velocities and solids
circulation rates than conventional circulatingdised bed gasifiers.

Finely ground coal (< 0.25 mm) and air are fed ith® upper mixing zone where the
coal is devolatilised and the oxygen in the aicteavith the char (devolatilised coal)

to form CO and C@ Tar formed during devolatilisation is crackedhe riser due to

10
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the high temperature (950-1 0B0). Fine char particles leaving the riser are aagutu
by a two-stage cyclone system which delivers the bt a standpipe from where it is
recirculated to the riser by means of a J-valvee fidtycled char reacts with oxygen
and steam, which are injected into the lower mixaoge. To maintain a constant
gasifier inventory (hold-up), ash is removed peidatty from the lower region of the
standpipe. The transport gasifier operates as askgging gasifier, thereby

increasing the refractory life (Pinkston and Mort2006).

First Syngas
Separation
Device .
™~ Second
Riser i Separation
N Device
aY Y
Upper
Mixing
Zone ~_ e
Coal _.=l= Seal
Air —p Leg Standpipe
r ,',;;
f‘/ ’
Startup
Burner
Lower
Mixing
Zone Ash

Figure 1.6: The KBR - TRIG™ transport gasifier (Pinkston and Morton, 2006)

Three plants that are scheduled to be commissiwiteh the next two years have
selected KBR - TRIG" technology for coal gasification.A 550 MW IGCC plds
scheduled for start-up during 2014 in Kemper CouMississippi, USA. The plant
will use two TRIGM gasifiers for the gasification of lignite and theneration of fuel
gas to be fired into two Siemens SGT6-5000F gdsirtes. Three million tons per
annum of CQwill be captured and sequestrated to saline aguife

11
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In Dongguan province, China, a 120 MW IGCC plardaeeduled for start-up during
2014. The feed coal to the plant will be high-adurbinous coal. A third plant is
scheduled for start-up during 2015 in Inner MongoliChina, to produce
35 000 Nnih of syngas for ethylene glycol synthesis usinghkash lignite (Rush,
2011).

1.3 Mathematical modelling of fluidised bed coal gsifiers

Due to advances in computers and software, modeflas become one of the most
important tools available to developers, desigaeid operators of fluidised bed coal
gasifiers. The gasification of coal in a fluidisbdd reactor is a complex process
involving many sub-processes such as hydrodynandesplatilisation, chemical
reactions, heat transfer and mass transfer, alwbich occur simultaneously.
Prediction of the effect of input variables suchtlas gasifier configuration, flow,
composition and temperature of the reactants orpémormance of the gasifier is
therefore not straightforward. The human mind caniderpret any single
phenomenon or combination of phenomena in whichentban three variables are
involved. The use of graphical methods is alsoteohito a maximum of three input
variables (de Souza-Santos, 2010). Mathematical elaog@rovide a systematic
methodology based on combinations of fundamentdlesmpirical equations and can
therefore predict the effect of an unlimited numbdr input variables on the
performance of a process (Grace and Abba, 2005).

The value of models to engineers and scientists are

* During model development an in-depth understandingnd insight into the

process and the various sub-models used in thelracelebtained.
* Models can be used to identify factors that linfie tperformance of the

process. Research efforts can therefore be focus#tese areas in order to

overcome these limitations.

12
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 The performance of the gasifier can be exploredsidet the range of
experimental data, thereby reducing the numbexpémsive pilot-scale tests

that are required.

* The process can be analysed in areas where theuraesnt of conditions is
difficult or impossible. In a fluidised bed gasifighis would be the
temperature and gas composition of the bubble amaston phases in the
bed.

* Models that have been calibrated using experimetdt can be used for the
design, optimisation, scale-up and adaptive contrfolfluidised bed coal

gasifiers.

When modelling a complex system such as a fluidised coal gasifier, it is

important to incorporate the appropriate degreecomplexity relative to the

application of the model. For example, if one ivaleping a model to predict the
thermal performance of a gasifier in terms of fbadbon conversion and calorific
value of the gas, inclusion of reactions involvisiglphur and nitrogen species to
predict the emission of pollutants such aSHCOS, S@ NO, NG, N.O and NH

would not be required.

1.4 Research motivation

The motivation for conducting an experimental ammbtlgiling study into the fluidised

bed gasification of high-ash South African coaleig®xygen-enriched air is:

* In future, new gasification technology may be reggito gasify coals that
cannot be effectively gasified by Sasol FBDB gasdi The generation of
pilot-scale and bench-scale gasification data ascthat are expected to be

utilised in these gasifiers (Waterberg coals) es¢fore important.

13
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* The ash content of South African coal for domess$e is expected to increase
since lower-grade coal seams are being mined agic-dsh waste coal is

being generated due to the need to beneficiatefaotie export market.

* A pilot-scale fluidised bed coal gasifier is avhllaat the CSIR in Pretoria, as
well as extensive know-how regarding the set-upmrogssioning and

operation of pilot-scale fluidised beds.

* The decision to use oxygen-enriched air for gaaiiicy was motivated by the
low gas calorific values that were obtained (Engedht, 2008) during earlier
pilot-scale fluidised bed gasification tests catrieut on high-ash South

African coals at the Council for Scientific and Ustrial Research.

The motivation for developing a model for a bubglftuidised bed coal gasifier is:

* An existing commercial fluidised bed coal gasif@mulation model was
found to be unsuitable for simulating the gasifmatof high-ash unreactive
South African coals in a fluidised bed at tempeeduhigher than 900C.
Under these conditions the model produces stifedéhtial equations, which

results in convergence problems and the generafiorass balance errors.

* An in-depth understanding of the chemical and pajsprocesses that take
place in a fluidised bed coal gasifier can be olg@di during model

development.

« The model can be used for process analysis, dagigimisation and scale-up.

« The model can be extended later to other processdsas:

o Circulating fluidised bed gasifiers.

o Chemical looping fluidised bed systems.
o Dual fluidised bed gasifiers.

14



CHAPTER1

GENERAL INTRODUCTION

15 Objectives of the study

The overall objectives of this study are to:

* Conduct the following tests on two high-ash Southcan coals:

o

Characterisation tests using standard coal analygchniques.
Thermogravimetric analyser tests to determine ldngarameters for
the char-steam and char-ggasification reactions.

Devolatilisation tests using a bench-scale fluididged reactor to
determine evolution rates of volatile gases.

Pilot-scale fluidised bed gasification tests usoxygen-enriched air

and steam as the gasification agents.

* Develop a fluidised bed coal gasifier model thab@sed on fluidised bed

hydrodynamics, coal devolatilisation, rates of cloainreactions and rates of

heat and mass transfer in the gasifier.

Carry out simulation runs using the model with kingparameters
obtained from the thermogravimetric analyser antthescale tests on
New Vaal and Grootegeluk coals.

Test the predictive capability of the model by campg model
predictions with the data from the pilot-scaledised bed gasifier.
Gain insight and understanding into the coal geeifon process in a
bubbling fluidised bed gasifier by studying theigion of the reaction
rates, temperatures, gas concentrations and bedgmias a function
of bed height in the gasifier predicted by the niode

Study the effect of major operating variables ogifger performance

by using the fluidised bed coal gasifier model.

15
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1.6 Scope of the investigation

1.6.1 Background and motivation

Chapter 1 gives an overview of coal as an energycsoin South Africa and of coal
gasification technology and gasifier modelling.also gives the motivation for the
project, followed by the objectives of the inveatign.

1.6.2 Coal selection and characterisation

Chapter 2 contains information on the origin of twe coals selected and the criteria
for their selection. The results of the detaile@dlocharacterisation tests are given.

The characterisation tests consisted of:

* Proximate, ultimate and calorific value analyses.

* Ash melting temperature and ash analysis.
« Petrographic analysis and rank.

» Structural and physical properties.

* Free swelling index and Roga index.

* Hardgrove grindability index.

» Particle size analysis.

1.6.3 Bench-scale gasification and devolatilisatioexperiments

Chapter 3 describes thermogravimetric analyser badch-scale fluidised bed
devolatilisation tests carried out on New Vaal ar@rootegeluk coals.
Thermogravimetric analyser tests were carried @uatetermine kinetic parameters for
the Johnson char-steam and a first-order char+@@ equation which are included as
sub-models in the fluidised bed coal gasifier matkdcribed in Chapter 5. FB coal
devolatilisation tests were carried out using artf diameter fluidised bed reactor to
determine parameters for a coal devolatilisatiob-mwdel also included in the

fluidised bed coal gasifier model.
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1.6.4 Pilot-scale fluidised bed coal gasificatiorests

In Chapter 4 a detailed investigation is conduatéa the gasification of coal in pilot-

scale fluidised bed gasifiers. Included in Chagtas a literature review of selected
pilot-scale fluidised bed coal gasification studibst have been reported in the
literature. Descriptions of the pilot-scale fluieitsbed coal gasifier at the CSIR, the
experimental programme and the results of gasificaests on two high-ash South

African coals are given.

1.6.5 Fluidised bed coal gasifier modelling

In Chapter 5 a detailed investigation is condudtéd the modelling of fluidised bed
coal gasifiers. Included in Chapter 5 is a literatteview of selected fluidised bed
coal gasifier modelling studies that have been mepoin the literature. The
development of a fluidised bed coal gasifier ratedel, its predictive capability and

application are described.

1.6.6 Conclusions and recommendations

In Chapter 6 conclusions are drawn based on thdtsesf this investigation. The
contribution the investigation has made to the Kedge base of science and
technology is stated. Finally, recommendations ragele for future work on the

gasification of high-ash South African coals.
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1.8 Chapter 1 and Appendix A nomenclature

Acronyms/Abbreviations

AECI African Explosives and Chemical Industries
AFT ash fusion temperature

CH, methane

CO, carbon dioxide

CSIR Council for Scientific and Industrial Resgar
CTL coal to liquids

EJ Exajoule (1% J)

FB fluidised bed

FBDB fixed bed dry bottom

GTI Gas Technology Institute

H.0 steam

HTW high-temperature Winkler

IGCC integrated gasification combined cycle
KBR Kellogg Braun and Roots

Mt million tons
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Mt/a million tons per annum

O, oxygen

PF pulverised fuel

TGA Thermogravimetric analyser
TRIG™ Transport Integrated Gasification
USA United States of America
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CHAPTER 2 COAL CHARACTERISATION

2.1 Introduction

This chapter describes aspects concerned with dceaisation of the two coals
selected for the bench-scale experimentation,-pate fluidised bed gasification and
fluidised bed gasifier modelling described in Cleapt3, 4 and 5. The formation
process of coal and how it has resulted in thgirorof different types of coal, is
reviewed in Section 2.2. Section 2.3 gives theeddtused for coal selection and
information on the origin of the coals. Section 8ides a description and results of
the various coal characterisation tests carriedoouthe two coals. The results are
compared to the analysis of other South Africanisctaat are utilised for power and
synthetic fuel production. The coal characterisatesults that are required as input to
a fluidised bed coal gasifier model is given int&et2.5. Finally, a summary of the

coal characterisation tests is given in Section 2.6

2.2 Literature review

The formation process of coals has resulted inotigin of many different types of
coal that today affect their mining, processing attisation. Coal is known to have
originated from dense forests that were coveret wail and water millions of years
ago. The buried vegetation was subjected to incrgaemperature and pressure as
more soil layers were deposited over the courdana. The degree of metamorphism
that the vegetation underwent resulted in the foiomaof coals with different ranks.
Coals are usually classified as low-rank, mediunkrar high-rank depending on
their degree of metamorphism and maturity as showmable 2.1 (Ergun, 1979).
With increasing rank, the carbon content of coalsrdases while the moisture,

hydrogen and oxygen contents decrease.

Coals of the same rank can have different progedieeh as mineral matter content
and maceral composition depending on the conditiom$er which the coal was
formed. These include:

» the prevailing climate.

» the nature of the underlying soil and rock.
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» the physiography of the area surrounding the actatedivegetation.
« the nature of the swamp water, that is, its pHllané its oxygen and mineral

contents both in solution and in suspension.

The type of plants that were present when the swaagpformed also has an effect

on coal properties (Horsfall, 1993).

Table 2.1: Rank classification system of coal

Coal rank Ag[g)reozi/ln;?)te GEOIOg(i)(;%li rr:eriod of
Lignite 30- 100 Tertiary and Cretaceous
Low-rank  ~syp hituminous 80250 | Cretaceous, Jurassic and Tria$sic
Medium-rank Bituminous 250 320 Permian and Carboniferous
Semi-anthracite Carboniferous
High-rank Anthracite 300~ 360 Carboniferous

The majority of South African coal reserves (95%@ @nked as bituminous (Pinheiro
et al, 1999). On the other hand, more than 50% of ta ieserves of North America

and China are ranked as sub-bituminous and lignite.

During the Permian geological period South Afribadia and Australia formed the

supercontinent of Gondwanaland in the southern $@mere. Other major coal

regions of the world such as North America, Eurdpassia and China formed the
supercontinent of Laurasia in the northern hemisphi is thought that different

climatic conditions and types of vegetation betweba northern and southern
hemispheres contributed to the differences in ateristic properties between typical
northern hemisphere and southern hemisphere bitwsinoals that are found today
(Arnold, 2013).

Bituminous coals from South Africa, India and Aaditx generally have higher ash
(mineral matter) contents and ash fusion tempegattitan coals from North America
and Europe. On the other hand, northern hemisphieneninous coals have higher
sulphur and volatiles matter contents than southemisphere bituminous coals
(Hattingh, 2012).
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The mineral matter in South African and Indian scatle often described as inherent
and included, which means that the minerals areedddx in bands of vitrinite and
inertinite (Falcon, 2013). When minerals are mixath coal in this fashion it limits
the extent to which coal can be beneficiated (dee@dseconomically. Fluidised bed
combustors and gasifiers are therefore being irgagst for the utilisation of high-
ash South African coals that would otherwise notshéable for pulverised fuel

combustors and entrained flow gasifiers.

2.3 Coals selected for this study

The two coals chosen for the study are from the N&@al and the Grootegeluk
opencast coal mines. Geographical, technical armstorical information on the
selected coals is given in Table 2.2 and FigurgRidheiroet al, 1999).

Table 2.2: Information on the selected South Afrian coals

Colliery New Vaal Grootegeluk
Location of mine Free State province Limpopo proein
Coalfield Vereeniging — Sasolburg Waterberg
Production rate (Mt/d) 15.2 15.0

Started production 1985 1985

Estimated lifetime (years) | 40-50 40-50

Coal preparation Washing and screening ~ Washing
Receiving power station Lethabo Matimba
Power station rating (GWe) 3.6 3.6

! Mine production and estimated lifetime of the mim&005
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Figure 2.1: Location of selected coal mines and Eksm power stations
(Adapted from Pinheiro et al., 1999)

New Vaal and Grootegeluk coals were selected dimeg are potential feed coals to
new coal gasification plants in the future. Theecia used for selection were:

 Extensive reserves of these coals are available.
* They have high ash contents.

* They have differing reactivities.

The SABS Coal Bulletin 113 (Pinheiet al, 1999) was used to obtain estimates of
the coal reserves, the ash contents and the r#igstiof coals produced by South
African coal mines. It was therefore a useful aidhe final selection of the two coals

for this study.
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2.3.1 New Vaal coal

Figure 2.1 shows that the New Vaal coal collieryiasated in the Vereeniging —
Sasolburg coalfield and is a dedicated supplic&iso?2 Mt/a coal to the Lethabo power
station. The colliery is situated 10 km south ofd@émiging on the Free State bank of

the Vaal River.

At the New Vaal colliery, three seams are mineduiameously using opencast strip
mining techniques. The top seam (No. 3 seam), wisi€h7 m thick, is covered with

28.5 m of overburden (sand and shale). The mideéns(No. 2 seam) is 11.0 m
below the top seam and has a thickness of 6.0 m.bbttom seam (No. 1 seam) is
located a further 2 m below the middle seam andahthsckness of 4.9 m. Coal from
the top seam has the lowest quality, and afterfizaton in two Drewboy washers,

is blended with coal from the middle and bottomnsedo yield a product with an ash
content of + 38% (Laybourne and Watts, 1990).

The blended sample that is supplied to the Lethmdweer station is the coal that was
used for this study. New Vaal coal is the coal with highest ash content currently

being utilised in an Eskom power station.

The reserves of the current New Vaal colliery hbeen estimated (2005) to be 750
Mt, which at current extraction rates would last%0 years. In future the colliery can
also be extended to the west (Machauvlei area) twhias estimated additional

reserves of 100 Mt.

2.3.2  Grootegeluk coal

Figure 2.1 shows that the Grootegeluk coal mineNiBE& located in the Waterberg
coalfield and supplies 15 Mt/a of steam coal to Bskom Matimba power station,
1 Mt/a metallurgical coal for Exxaro’s Corex anda® Furnace plants and 0.5 Mt
sized steam coal for use in chain grate stoked-fir@lers. The coal obtained for this

study is the steam coal supplied to the Matimbagvaiation.
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The Waterberg coalfield has vast in situ coal resesl estimated to be more than
those of the Witbank and Highveld coalfields coneir{Pinheircet al, 1999). The

recoverable coal reserves using conventional eddgratechnologies are estimated to
be 15.5 Bt (Jeffrey, 2005, after Bredell, 1987)eToal in the Waterberg coalfield is
present in two coal sequences. The upper sequémoetégeluk formation) is £ 60 m

thick and contains seven thin coal seams thatraezlaminated with carbonaceous
mudstone, siltstone and sandstone. The GCM isddcat the area of the coalfield
where the Grootegeluk formation is shallow, anddfee surface mining techniques

are used to extract the coal.

Due to the embedded and intercalated nature afdak siltstone and mudstone bands
in the Grootegeluk formation, the ash content @& ¢xtracted coal (ROM) is high
(= 55%). Before being transported to the Matimbavgostation, the coal is washed
(beneficiated) in order to reduce the ash contehft 55% (as mined) to £+ 35%.
Discards with an ash content of + 75% are produttgthg the washing process. The
GCM is currently being expanded to supply an addél 15 Mt/a of beneficiated coal

to the new Eskom Medupi power station which is daihed to start operation in 2014.

The lower coal sequence of the Waterberg coal{iétgtheid formation) is 55 m thick
and contains four coal seams that are thicker tharseams in the upper sequence.
The coal in the lower coal sequence (Vryheid foramgtis, however, more difficult to
extract due to the greater depth of the Vryheidnfion (250—-400 m). Exxaro is

currently developing underground extraction of ngheid formation.

2.4 Results of standard coal characterisation tests

Characterisation results for New Vaal and Grootdgebals using standard methods
are reported in this section. A description of thesethods is given by Engelbrecht
(2008). The coal characterisation tests selectedhase that were considered relevant
to the current investigation, namely the fluidisel gasification of coal. The possible

effect of coal properties on the operation and qrerbnce of fluidised bed coal

gasifiers is discussed in each analyses sectidati®eships between the results of the
various characterisation methods are also expldree.analyses of the New Vaal and
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Grootegeluk coals are compared to the analyse& dadtlser high-ash South African
coals that are utilised by Eskom and Sasol for pcavel synfuel production. The
analyses of the six other South African coals wa&ined from Pinheiret al

(1999), and comparisons were therefore only madth&analysis given in this report

and not for all the analyses carried out on Gragltdgand New Vaal coals.

2.4.1 Proximate, ultimate and calorific value analges

The proximate, ultimate and calorific value anatyalow mass and energy balances
to be calculated for coal utilisation processescWtare required for the modelling of

these processes.

The results of the proximate, ultimate and calorifalue analyses carried out by
Advanced Coal Technologies (Pretoria) and the nusthused are given in Table 2.3.

Table 2.3: Proximate analysis, ultimate analysisral calorific value

Method New Vaal Grootegeluk
Proximate analysis
Ash content (wt.%) ISO 1171 37.50 31.70
Inherent moisture (wt.%) SABS 925 5.91 1.90
Volatile matter (wt.%) ISO 562 20.74 28.30
Fixed carbon (wt.%) By difference 35.85 38.10
Ultimate analysis
Carbon (wt.%) ISO 12902 44.07 52.93
Hydrogen (wt.%) ISO 12902 3.54 4,11
Nitrogen (wt.%) ISO 12902 0.98 1.19
Sulphur (wt.%) ISO 19759 0.66 1.17
Oxygen (wt.%) By difference 7.34 7.00
Calorific value
Gross calorific value (MJ/kg)| 1SO 1928 17.71 21.41

Table 2.3 shows that the selected coals have I|darift@ values and high ash
contents. Due to the higher ash content of New \aal, it has a lower calorific

value than Grootegeluk coal. According to the SA@&ding system (CKS 561 —
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1982), which grades coal based on calorific vathe, New Vaal and Grootegeluk

coal are both classified as grade D coals.
Although fluidised bed gasifiers are known for thaility to process grade D coals,
the high ash content of these coals could havegative impact on the efficiency of

the gasifier.

Table 2.4 shows that the ash content and calwdiice of Grootegeluk coal is similar

to the ash content of six other coals utilised bigdin and Sasol.

Table 2.4: Proximate and ultimate analysis of setéed Eskom and Sasol coals

Eskom power station coals Sasol coals
Colliery Matla | Duvha| Kriel Del\:ﬁr\:vark i%sr{if fiﬁgh
Power station Matla | Duvha| Kriel | Tutuka Sasol 1 &2
Proximate analysis
Ash content (wt.%) 334 3285 304 31.6 32)8 28.3
Inherent moisture (wt.%) 3.5 1.8 4.9 3.5 3.9 5.6
Volatile matter (wt.%) 21.00 199 21.p 21.9 216 @2
Fixed carbon (wt.%) 42.1 45.8 4218 43.0 4117 44.1
Ultimate analysis
Carbon (wt.%) 50.66 58.70 | 50.99 52.08 50.48| 52.18
Hydrogen (wt.%) 2.65 3.33 2.7p 2.80 2. 74 2.15
Nitrogen (wt.%) 1.07| 1.27f 1.2% 1.40 1.28 1.30
Sulphur (wt.%) 0.74 1.10f, 0.72 1.25 1.61 0.75
Oxygen (wt.%) 7.97| 3.14] 8.98 7.37 7.24 9.12
Calorific value
Calorific value (MJ/kg) | 18.60 21.10 | 19.93 19.95 19.65| 19.62

New Vaal coal, however, has a slightly higher ashtent and a resulting lower
calorific value than the other coals. On the othend, Grootegeluk coal has a higher

volatile matter content than the other coals.

28



CHAPTER 2 COAL CHARACTERISATION

2.4.2  Ash melting temperatures and ash analysis

The ash melting temperatures and chemical analylsdse ash were carried out by
XRD Analytical and Consulting (Pretoria) and thesuks are given in Table 2.5
together with the measurement methods that weid use

Table 2.5: Ash melting temperatures and mineral axles in the ash

New Vaal Grootegeluk
Ash melting temperature In accordance with ASTM D 1857
DT (°C) 1 600 1350
ST (°C) 1 600 1410
HT (°C) 1 600 1480
FT (°C) 1 600 1 500
Mineral oxides in the ash In accordance with ASTM D 3682
SiO, (%) 56.70 68.60
Al,O3 (%) 31.70 20.05
Fe,03 (%) 2.61 5.59
P,0s (%) 0.25 0.08
TiO2 (%) 1.55 0.72
CaO (%) 2.50 0.71
MgO (%) 0.76 0.83
K0 (%) 0.44 1.25
NaO (%) 0.19 0.12
Minerals phases in the ash | CCSEM (Oboirien, 2011)
Kaolinite (%) 80.78 38.66
Quartz (%) 13.70 49.73
Mica (%) 0.0 8.05
Rutile (%) 3.32 0.44
Siderite (%) 0.0 0.54

(All percentages are given as wt.%)
Table 2.5 shows that the ash softening tempera{GBsof the selected coals are both
above 1 300 °C. Clinkering of these coals in adfked bed gasifier, which normally
operates below 1 000 °C, is therefore not expetaextcur provided the formation of

hotspots in the gasifier is avoided. The ash arsmbfsows that the ash consists mainly
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of Si0, and ALOs;, and that the ash melting temperature increas#s imereasing

Al,O3 content. CCSEM analysis of the ash shows thatitimeinate mineral phases in
the ash are kaolinite and quartz and that New Yaal contains significantly higher
amounts of kaolinite than quartz. Only small amewftmica, rutile and siderite were

observed in the mineral matter of New Vaal and @Ggeluk coals.

The melting points and mineral oxides in the askelécted Eskom and Sasol coals
are given in Table 2.6.

Table 2.6: Ash melting temperatures and mineral axles in the ash of selected

Eskom and Sasol coals

Eskom power station coals Sasol coals
Colliery Matla | Duvha | Kriel Del\:ﬁr\:vark i%sr{if fiﬁgh
Power station Matla | Duvha | Kriel Tutuka Sasol 1 &2
Ash melting
Temperature
DT (°C) 1400| 1460 1 30d 1510 1290 1 25%0
ST (°C) 1450 1500 1310 1540 1320 1300
HT (°C) 1480| 1560 1 32( 1 550 136D 1310
FT (°C) 1500 1600f 1 35( 1570 1400 1 320
Mineral oxides in the
ash
SiO; (%) 48.2 55.2 55 55.5 57 54.4
Al 03 (%) 26.4 28.6 23.3 26.2 23.3 24.4
Fe03 (%) 4.33 5.22 3.9 6.98 5.75 4.35
P,0Os (%) 0.98 0.64 0.96 0.19 0.3 0.53
TiO, (%) 151 1.66 1.65 1.34 1.09 1.54
CaO (%) 9.71 3.11 8.17 3.23 4.86 6.2
MgO (%) 1.93 1.07 1.28 1.21 1.68 2.28
K20 (%) 0.77 0.90 0.95 1.22 1.05 0.87
Na,O (%) 0.46 0.10 0.14 0.4 0.44] 0.47

(All percentages areem as wt.%)
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Table 2.6 shows that the ash softening tempera(@€s of other coals utilised by
Eskom and Sasol are also above 1 300 °C and ircredls an increase in AD3
content in the ash. The CaO content of the othalsas on average higher than the
CaO content of Grootegeluk and New Vaal coals,catitig possible better retention
of sulphur-containing species during fluidised coistibpn and gasification of the
other coals (Grubaet al, 2003).

2.4.3 Petrographic analysis and rank

Coal is a non-homogenous substance and consistsagrnible components called
macerals The three maceral groups that are recognisedviaieite, liptinite and
inertinite (Du Cann, 2006). These are distinguisfrech one another by differences
in reflectance, colour, morphology, shape and size.

Due to the higher hydrogen content of liptinite aslinite compared to inertinite,
they produce more volatiles when heated than mesti Coals that are high in
liptinite and vitrinite contents therefore have lieg volatile matter contents (Borrego
et al, 2000). Coals that have high vitrinite contentsdpice porous chars compared to
coals that have high inertinite contents, whichegaly produce dense low-porosity

chars.

Vitrinite reflectance analysis has been found tcabeliable method to determining
the rank of coal (Neavel, 1979). The vitrinite randreflectance increases as the rank
of the coal increases and is independent of thimN& content and grade of the coal.
Coal rank is a measure of the degree of metamarp{usalification) that a coal has
experienced and increases with maturity of the.do@ known that the combustion
and gasification reactivity of coal decreases agdimk of coal increases. The vitrinite
random reflectance can therefore be used as acaiodiof the relative reactivity of
coal (Alonscet al, 2001; Cloke and Lester, 1994).

The petrographic analysis was carried out by Pedpigcs SA (Pretoria) in
accordance with the ISO 7404-3 method. The macenatents and vitrinite random

reflectance of the selected coals are shown ineranl.
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Table 2.7: Petrographic analysis

COAL CHARACTERISATION

New Vaal Grootegeluk
Vitrinite (vol.% daf) 26 83
Liptinite (vol.% daf) 3 5
Reactive inertinite (vol.% daf) 23 2
Inert inertinite (vol.% daf) 48 10
Total inertinite (vol.% daf) 71 12
Vitrinite random reflectance (%) 0.56 0.67

'Dry ash free

Figure 2.2 shows that according to the rank clesgibn system by Du Cann (2006),
the rank of New Vaal coal is medium-rank bitumino(i3), and the rank of
Grootegeluk coal is medium-rank bituminous (C). Tingher volatile matter content
of Grootegeluk coal (Table 2.3) is due to its highptinite and vitrinite contents

compared to New Vaal coal.

Vitrinite random reflectance (R, %)
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Figure 2.2: Rank classification system using vitrite random reflectance
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Table 2.7 and Figure 2.2 show that New Vaal coa &dower vitrinite random
reflectance (R than Grootegeluk coal, which indicates that Neval\is.a less mature
coal than Grootegeluk coal, despite both beingsdiad as medium-rank coals. Table
2.7 shows that New Vaal coal has a significantlghlkr inertinite content than
Grootegeluk coal. The higher inertinite contentN&fw Vaal coal, however, does not
necessarily mean that it has a lower reactivity ttheat of Grootegeluk coal (Borrego
et al, 2000).

Pinheiroet al. (1999) reported that 95% of South African coalsvathin the green

square shown in Figure 2.2.

A comparison of the petrographic analyses of Newl\4md Grootegeluk coals with
other South African coals shows that Grootegelui bas a notably higher vitrinite
content and that New Vaal coal has a relatively lmgactivity as indicated by its low
vitrinite reflectance. From Table 2.8 it appearsttithe lower vitrinite random

reflectance (higher reactivity) coals are utili¥gdSasol in coal gasifiers.

Table 2.8: Petrographic analysis of other South Aican coals

Eskom power station coals Sasol coals

) ) New | Bosjes-| Syfer-
Colliery Matla | Duvha| Kriel _ _
Denmark| spruit | fontein

Power station Matla | Duvha| Kriel | Tutuka Sasol1&2

Maceral composition (daf)

Vitrinite (vol.%) 33 17 32 28 30 25
Liptinite (vol.%) 3 6 4 3 2 5
Reactive inertinite (vol.%) 21 27 18 22 20 23
Inert inertinite (vol.%) 43 50 46 a7 48 47
Vitrinite random reflectance

064 | 0.75| 0.65 0.64 0.57 0.63

(%)
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2.4.4  Structural and physical properties

The internal surface area of coal consists of mpieres (< 2 nm), mesopores
(2-50 nm) and macropores (> 50 nm). Coal has dewiange of pore size
distributions and the relative percentage of egple tlepends on the origin and rank
of the coal (Garet al, 1972). During devolatilisation existing poreg anlarged and
new pores are developed, with the latter givingrgdr internal surface area. The pore
structure, pore size distribution and the intersatface area of char affect the
reactivity of char during combustion and gasifioati(Miuraet al, 1989).

The surface area of coal and chars is most ofteasuned using the BET (Brunauer,
Emmett and Teller) method, with nitrogen as theodulag gas. The method consists
of measuring the equilibrium adsorption pressur&pand relating it to the amount
of N adsorbed and therefore to the surface area. Ageitrdbased BET measures the
surface area of the meso- and macropores. In todeeasure the surface area of the

micropores, C@is used as the adsorbing gas.

For cylindrical pores the porosity of coal can tsireated using equation (2.1).
Equation (2.1) was derived using surface area ahagme calculations (Engelbrecht,
2007).

_ d pore SBET pc

I
¢ 40000
(2.1)

The bulk density of low-porosity coals.(< 5%) can be measured using the water

displacement method (Engelbrecht, 2007).

The structural and physical properties of the setbcoals and their chars are given in
Table 2.9. From Table 2.9 it can be seen thatuhfase area and porosity of the coals
and their chars decrease with increasing rank. Aigber-rank Grootegeluk coal
experienced more extensive coalification (pressamd time) and therefore has a
lower surface area, porosity and vitrinite randaflectance compared to New Vaal
coal. The higher bulk density of New Vaal coal t&nattributed to its higher mineral

matter (ash) content.
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Table 2.9: Structural and physical properties of slected coals and their chars

New Vaal Grootegeluk
Coal Char Coal Char
BET (N,) surface area (ffg)" 7.01 28.10 0.38 8.60
Bulk density (kg/m)* 1700 - 1570 -
BET pore diameter (nm) 11.3 11.4 101.1 28.5
BET porosity (%] 3.4 12.8 15 9.6

! Carried out by Protechnik Laboratories (Pretoriing the BET method
2 Measured by the CSIR (Pretoria) using the mettesttiibed in Appendix

B.1

3 Calculated from BET surface area, BET pore diansste bulk density

using the method described in Appendix B.2

2.4.5 Free swelling index and Roga index

These indices are used to indicate the caking ggtbmerating nature (tendency to
deform and stick together) of the coal — the scalesFSI 0 — 9 and RI 0 — 90
(Thomas, 1986). Coals that have a FSI of 0 and @f Rldo not cake or agglomerate.
To determine the FSI by the ISO 501 method, onengoé finely powdered coal

(250um) is rapidly heated to 820 °C and the silhouettéhe resulting coke button is

compared with a series of standard profiles. Thedf$he sample is the number of

the standard profile (0 — 9) which it most clos&lgembles.

Table 2.10 shows that Grootegeluk coal is weakkintp whereas New Vaal coal is

non-caking by nature.

Table 2.10: Free swelling index and Roga index sklected coals

New Vaal Grootegeluk
Free swelling index (FS1) | 0 1
Roga index (R 0 10

! Measured by Advanced Coal Technologies (Pretasalg the ISO 501 method
> Measured by Advanced Coal Technologies (Pretasialg the 1ISO 335 method
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It has been found by other investigators (Du C2006) that high-ash, high-inertinite
and low-volatile bituminous coals tend to be nokhtg by nature. Severe
agglomeration of the two selected coals in a fkedi bed gasifier is therefore not

expected to occur.

2.4.6  Hardgrove grindability index

The Hardgrove grindability index (HGI) of coal isreeasure of how difficult or easy
it is to grind the coal to smaller sizes (ISO 5074)general, the HGI of coal varies
between 20 and 110, a lower value indicating thatdoal is difficult to grind and a
higher value that it is easy to grind finer. On wi®le, lignite and anthracite are more
resistant to grinding (i.e. have low indices) thame bituminous coals (Brown and
Hiorns, 1963). The HGI is important for fluidiseddgasification since it could be an
indicator of the relative amount of fines that vk generated in the gasifier due to

abrasion and attrition (Engelbrecht, 2008).

The Hardgrove grindability index was measured byaated Coal Technologies
(Pretoria) using the ISO 5074 method and is givehable 2.11.

Table 2.11: Hardgrove grindability index (HGI)

New Vaal Grootegeluk

Hardgrove grindability index 66 47

Table 2.11 shows that New Vaal coal has a sigmflganigher HGI than Grootegeluk
coal, indicating that more fines could be generatkding the fluidised bed
gasification of New Vaal coal, which could haveegative impact on the gasification

efficiency.
The Hardgrove grindability index of other South iaéén coals is given in Table 2.12.

Table 2.12 shows that the HGI values of the othmrtls African coals fall between

the HGI values of Grootegeluk and New Vaal coals.
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Table 2.12: Hardgrove grindability index (HGI) of other South African coals

Eskom power station coals Sasol coals
Colliery Matla | Duvha| Kriel New Bosjes-| Syfer-
Denmark | spruit | fontein
Power station Matlgg Duvha Krie Tutuka Sasol1 &2
HGI 55 50 64 67 61 57

2.4.7 Particle size analysis

The coal received from the mines was crushed areksed to produce coal with a
size range of 0.7 to 4.0 mm which is suitable B@ding to a fluidised bed gasifier.
The size distributions within the 0.7 to 4.0 mmgarfor each of the fluidised bed
gasification tests described in Chapter 4 are giveAppendix D.2.11 (New Vaal
coal) and Appendix D.2.12 (Grootegeluk coal).

2.5 Coal characterisation and fluidised bed gasifrenodelling

The coal characterisation results that are requisethput to the fluidised bed gasifier

model described in Chapter 5 are:

* Proximate and ultimate analysis (Table 2.3).
» Calorific value of the coal (Table 2.3).

» Particle size analysis (Appendices D.2.11 and @2)2.1

The characterisation results given in the followtagles are not required as input to
the model but have been included since they coellate to fluidised bed gasifier

performance in a non-quantitative manner:

* Table 2.5 (Ash melting point and ash analysis).
e Table 2.7 (Petrographic analysis).

* Table 2.9 (Structural and physical properties).
* Table 2.10 (Caking properties).

* Table 2.11 (Hardgrove grindability index).
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2.6 Summary of coal characterisation

The results of the proximate and calorific valualgses of the two coals selected for
this study show that they have high ash contentslaw calorific values and are
therefore classified as grade D coals. Based omrahle classification system using
vitrinite random reflectance, the rank of New Vaahl is medium-rank bituminous

(D) and the rank of Grootegeluk coal is medium-raitikiminous (C).

Ash melting temperature analyses show that thesafiening temperatures (ST) of
both coals are above 1 300 °C. Free swelling infeXl) and Roga index (RI)
analyses show that both coals have a low cakingletery. Clinkering and
agglomeration of these coals in a fluidised bedfigaswhich normally operates
below 1 000 °C, is therefore not expected to ocpwyided that the formation of

hotspots in the gasifier is avoided.

The results of petrographic, surface area and pgrasalyses indicate that New Vaal
coal could have a higher gasification reactivitarthGrootegeluk coal. The higher
Hardgrove grindability index (HGI) of New Vaal caalicates that more fines could

be generated in a fluidised bed gasifier than Ggeluk coal.

Comparison of the analysis of the two coals setefdethis study with the analysis of
six other South African coals utilised by Eskom &wkol show that the six other

coals are also grade D, medium-rank coals with hgjhmelting temperatures.

Comparison of the petrographic analysis of New Vaad Grootegeluk coals with
other South African coals show that Grootegeluki t@& a notably higher vitrinite
content, and that New Vaal coal has a relativejhér reactivity as indicated by its

lower vitrinite reflectance.
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2.8 Chapter 2 and Appendix B nomenclature

dpore average pore diameter by BET analysis nm
R vitrinite random reflectance (%)
Rs reactivity index of char h
Seet surface area of coal by BET analysis 2 gl
X fractional conversion of fixed carbon in coal -

Greek letters

B grain model structural parameter -
€c porosity of coal (%)
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Tos time for 50% fixed carbon conversion h

Pe coal density kg.th

Acronyms/Abbreviations

ASTM American Society for Testing and Materials
BET Brunauer, Emmett and Teller

Bt Billion tons

CSIR Council for Scientific and Industrial Reséarc
CCSEM Computer-controlled scanning electron miaspgc
daf Dry and ash free

DT Deformation temperature

Eskom Electricity Supply Commission (South Africa)
FSI Free swelling index

FT Fluid temperature

GCM Grootegeluk coal mine

GWe Gigawatt electrical

HT Hemispherical temperature

HGI Hardgrove grindability index

ISO International Standards Organization

Myr Million years

Mt Million tons

Mt/a Million tons per annum

RI Roga index

ROM Run-of-mine

SABS South African Bureau of Standards

Sasol Suid Afrikaanse Steenkool en Olie

ST Softening temperature
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CHAPTER 3 BENCH-SCALE GASIFICATION AND
DEVOLATILISATION EXPERIMENTS

3.1 Introduction

This chapter describes bench-scale experimentsedaout on New Vaal and
Grootegeluk coals to obtain parameters (coal-degr@hdor equations that calculate

the rates of:

» the char-steam gasification reaction,
» the char-CQ@gasification reaction

» and the coal devolatilisation process.

These equations are sub-models that are includekeirfluidised bed coal gasifier
model described in Chapter 5. Section 3.2 desctifbreshermogravimetric analyser
experiments that were carried out to determinempatars for the Johnson char-steam
rate equation. Section 3.2 includes a literatureieve, description of the
thermogravimetric analyser, experimental programtests results and parameter
estimation for New Vaal and Grootegeluk coals. ett®n 3.3 thermogravimetric
analyser data generated by Engelbrecht (2008)pkegpto obtained parameters for a
first-order char-C@ gasification rate equation. In Section 3.4 thel@wan rates of
devolatilisation products of each coal are deteettinsing a 50 mm fluidised bed
reactor. Section 3.4 includes a literature revidescription of the 50 mm fluidised
bed reactor, tests results, model development aterrdination of devolatilisation
model parameters for New Vaal and Grootegeluk caalsummary of the bench-
scale gasification and devolatilisation experimesgiven in Section 3.5.

3.2 Char-steam gasification kinetics

3.2.1 Literature review

Selected bench-scale studies on the steam gasifiaztcoal char that have been
carried out since 1984 are given in Table 3.1.
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3.21.1 Motivation for investigations

The rates of coal char gasification with steam @y are relatively slow compared
to coal combustion and devolatilisation. The stoflyhese reactions and the factors
that affect their rate is therefore important sitioey are rate limiting in terms of the
overall gasification process and determine theaadwmnversion that can be achieved

in a coal gasifier (Roberts and Harris, 2006).

3.2.1.2 Objectives of the investigations

Investigations have been carried out to determtieeetfect of the following factors

on the steam gasification rate of coal chars:

* Temperature, pressure and steam concentration.

» Coal properties such as rank, alkali metals ircthed ash, char pore structure

and surface area development during gasification.
» Addition of catalyst to the char.
» Coal devolatilisation conditions (temperature, ptge and rate).

» Competition between steam and £I0r active reaction sites on the surface of

the char.

» Inhibiting effect of reaction products (CO ang) ldn the gasification rate.

In addition to the above the objectives, many @ ithvestigation have been carried
out to determine appropriate char-steam rate empsthat can be incorporated into

coal gasifier simulation models.
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Table 3.1: Summary of selected coal char-steam gisation studies

No. Primary Sample | Particle Gas )
i o ) Reacting Temp Pressure
Investigator Date | Country of Coal rank objective of | Reactor | mass size flow
: - : gases 0 (MPa)

coals investigation (9) (mm) NI/mim
Satoshf’ 2013 | Japan 3 Bituminous RM PDTF | 0.005 0.04 0.4 COH,0 900-1 400 |0.1
Coetzee 2013 | SA 1 Bituminous CE TGA> [3_¢6 3-10 1.4 HO 800-875 0.09
Chen 2012 China 1 Lignite DV TGA 0.3 0.07— 0.1 | 3.0 CQ, H,0 1 000 0.09
Huang 2010 China 1 Lignite RM TGA 0.01 0.2 1.4 2OhH,,CO,, CO | 850—950 0.1
Wang 2009 China 1 Bituminous CE TGA 0.2 0.15 0.5 ,OH 750-1 000 | 0.1
Roberts 2007 Australia| 3 Bituminous RM TGA 0.15 | 0.6—1.0 - H,0, H,,CO,, CO | 850-900 0.+-1.0
Wu 2006 China 1 Various RM FB 7.0 3—-6 0.50 HO 900-1 200 | 0.1
Zhang 2006 China 6 Anthracite cpP TGA 0.005 0.1 0.1 D, CO 920-1050 | 0.1
Everson 2005 SA 2 Bituminous RM TGA 0.1 0.02- 0.06 | 0.04 HO, CO, 800— 950 0.09
Ye 1997 Australia | 2 Sub-bituminous CP TGA 40 |0.8—-3.0 - H,O, CO, 714— 892 0.1
Goyal 1989 USA Bituminous RM TGA - 0.4—0.8 - H,0, H, CO,CQ | 925-1038| 0.4-2.8
Kwon 1988 Korea 1 Lignite CE TGA - 0.2—04 - H,O 700— 800 0.1
Takarada 1985 Japan 34 Various CpP TGA - 1.0—2.0 - H,O 750 0.1
Miihlen 1984 | Germany| 1 Lignite RM TGA 0.5 - - >® H,,CO,, CO | 800-1 000 | 0.£7.0

'Reaction modelling

“Effect of catalyst addition

" Effect of coal properties

*Pressurised drop tube furnace

>Thermogravimetric analyser

8The names given in Tables 3.1 are the first autbbtise coal char - steam gasification studies.

3South Africa

®Effect of coal devolatilisation conditions

Details of the papers are given in Chapteferences.
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3.2.1.3 Reactors used for gasification experiments

Table 3.1 shows that the majority of bench-scafgegrments were carried out using a
thermogravimetric analyser. Thermogravimetric asiglyinvolves placing a char

sample (prepared from the parent coal) in a hdatedce at the required temperature
and gas atmosphere (gH,0, CO, H and N). The mass loss of the sample is
recorded as a function of time to allow the gaatiun rate to be calculated. Table 3.1
shows that for the selected investigations the caanple masses varied between
0.005 g and 7.0 g, char particles sizes varied é&tw).02 and 10 mm and reacting

gas flows varied between 0.1 and 3 NI/min.

In studies that were aimed at measuring the intrigasification rate, char sample
mass, char particle size and reacting gas flow \welected in order to avoid external
and internal diffusion effects. The effect of saenplass, particle size and reacting gas
flow on diffusion was pre-tested by Huaegal (2010) in order to minimise diffusion
effects during their experiments. The investigatipn Goyalet al (1989) avoided
diffusion by selecting reacting gas flows that wetdficiently high relative to the
gasification rates so that the reacting gas coiensas less than 1% (differential
reactor). Studies that were carried out at highpenature and high pressure using
reactive coals (lignite) resulted in high gasifioatrates, and in these cases smaller
char particle diameters and smaller sample masses gelected in order to avoid
diffusion effects. Studies that were carried ouhigh pressure needed to account for
the buoyancy effect of the high-density gas onstimaple weight in the calculation of
the gasification rates (Muhlest al, 1985; Roberts and Harrid006).
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3.21.4 Results of bench-scale char-steam gasificet studies reported in the

literature

Effect of coal properties on gasification rates

The primary objective of the study by Takaradal (1985) was to study the effect of
coal rank on the steam gasification reactivitiesadl char. Thirty-four coals with a
wide variation in rank were selected from eightraoes. Another selection criterion
was that the coals with similar rank should haveying ash contents. The dry ash-
free carbon content (&) of the coals was used as the indicator of itk.ral was
found that coals that haveyf values above 78% (high-rank coals) have low
reactivities. For G values below 78% (low-rank coals), a definitivergase in
reactivity was observed. Although coals in the 65%Cyys < 78% range have
significantly higher reactivities than coals in ti8% < Ga < 83% range, the
correlation between the reactivity value angd:@ the 65% < @y < 78% is not good.

It was found that in the 65% <y <78 % range the reactivity of the chars was well

correlated with the sum of the calcium and sodiemtents of the ash in the coal.

Zhanget al (2006) studied the gasification reactivities iaf Ghinese anthracite chars
in steam and C§& and found that during steam gasification the treiies of the

chars are well correlated with the volatile mattentents of the parent coals. The O
gasification reactivities seemed to be more depande the catalytic effect of
inherent minerals in the anthracite (alkali indekey also found that the reactivity
during steam gasification was about 10 times highan during C@ gasification,

which is a higher ratio than for bituminous andnitg chars. The higher steam
gasification reactivity was attributed to the highmercentages of micropores in
anthracite chars compared to bituminous and ligngals. Micropores are more
accessible to steam than to £ @hich results in higher steam-to-g@activity ratios

for anthracite chars compared to bituminous andtkgcoal chars.

Effect of catalyst addition to the char on gasifioa rates

Wanget al (2009) investigated the gasification of Chineerbinous coal chars with
the addition of KCQO;. It was found that with the addition of 17.5 wtk4CQO; to the
char sample, the gasification rate at 750 °C wasstdme as the un-catalysed rate at
1100 °C. During the catalytic gasification at 730, the hydrogen production
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increased and the production of CO and,@klcreased markedly. An oxygen transfer
and intermediate hybrid mechanism was proposed xiga® the increase in

gasification rate at lower temperatures whe@®; was added to the char.

Kwon et al. (1988) investigated the gasification of an Ausralignite char at 750 °C
using NaCQO;, K,CO; and LbCO; as catalysts. At 3% by weight addition of the
catalysts the catalytic activities were ranked aQO@d; > K,COs < Li,COs. For
catalytic gasification with N&£0Os;, K,CO; and LpCO;, the reactivity indices were

respectively 2.8, 2.0 and 1.68 times higher thamoin-catalytic gasification.

Coetzeeet al (2013) investigated the steam gasification of itmnfinous South
African coal at temperatures between 800 °C and°&€7@ith the addition of KCO;
as a catalyst. The coal was impregnated witit®g solution, which increased the
potassium content from 0.05 wt.% (raw coal) to 0836 (impregnated coal). It was
found that at lower temperatures the effect of lgataaddition was the most

pronounced, resulting in an increase of up to 40Yasification rates.

Effect of devolatilisation conditions on gasificatirates

Chenet al (2012) carried out steam gasification tests omeé&de lignite chars that
were prepared in a drop tube furnace (DTF) and ifix@d-bed tubular furnace
(FBTF) at 1 000 °C with particle heating rates @& Q00 °C/s and 10 °C/min
respectively. Steam gasification experiments cdri@it on these chars using a
mixture containing 33 vol.% steam and 67 vol.%adtl 1 000 °C shows that the char
prepared in the DTF has a reactivity index 90% @ighan that of the char prepared
in the FBTF.

Coal char steam reaction kinetics

Many of the studies of the steam gasification cdlahars were aimed at obtaining
rate equations that adequately describe the gaisific rate of char particles under
conditions present in coal gasifiers. Obtaining adequate rate equation is
complicated by the fact that for a particular cibe rate of char-steam gasification is
not only dependent on the steam concentration amgpérature in the gasifier, but
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also on the concentration of other gases in thdigasvith CO,, CO and H having

the most significant effect.

Roberts and Harris (2007) in their investigationrfd that at a pressure of 1.0 MPa,
steam and C©compete for active sites on the char surface, whieans that the
presence of Cohas an inhibiting effect on the steam gasificatate. Eversort al
(2005) found that during the gasification of a hagh South African coal at
atmospheric pressure the £é&hd steam gasification reactions occur on sepaias
and observed no GQnhibition of the steam reaction. The investigatimn Chenet
al., (2012) concluded that the char-steam reactios iwdependent of the char-gO
reaction, although the char-G@action was inhibited by the char-steam react@m.
the other hand, the investigation by Satehal (2013) concluded that the char-£0
and char-steam reactions partially share actiwessite. they do not take place on

separate sites or common sites.

There is general consensus among investigatordhbgiresence +Hand CO inhibit
the char-steam gasification reaction. Althoughadd CO do not react with the char,
they adsorb on active sites, rendering them uraailfor steam gasification and

thereby lowering the gasification rate.

Many investigators have used Langmuir-HinshelwobH){type rate equations to
describe the char-steam and char.@@sification rates since they include the effects
of temperature, pressure and concentrations 0¥, LG, CO and H. The general
form of these equations is given in Figure 3.1r&actions occurring on separate sites,
common sites and partially shared sites. In eqost{@.1) to (3.3) shown in Figure
3.1, F(X) is a char conversion model that descrtheseffect of structural changes in
the char on the gasification rate as conversiognesses. The homogenous model and
the random pore model are char conversion modatshtive often been used and are
described by equations (3.4) and (3.5).

F(X) = (1-X)" (3.4)
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Separate sites

— ¢ knPH_.o . k:cho_.
1+ kllpH:O + klspH: 1+ k::pco: +kyPco

N2 YE(X)

(3.1)

Common sites

_ kllpH:O +k:1Pc03
14k, Pyo+kPu, +kynPeo, +kauPeo

1,

JE(X) (3.2)

Shared sites

knPH_.o
1+k12PH:o +k13pl-l: +bCk::pco: +bcky; peo

k,
¥ 21Peo, JF(X) (3)

a a
1+ (;)kupﬁzo + (Z)k” Pu, +knPco, +kysPco

1y =4

Figure 3.1: Langmuir-Hinshelwood rate equationdor various coal char-steam reaction mechanisms
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F(X) = (1- X)4/1+ yin(1=X) (3.5)

The reaction rate constants in equations (3.13.®) @re given by equation (3.6).
ky = A;je ® (i=1,2 j=1-3) (3.6)

3.2.15 Johnson char-steam gasification rate equat

The Johnson rate equation has often been usedctdata the rate of the char-steam
gasification reaction in fluidised bed coal gasifieodels. The condition under which
the Johnson equation was developed is similar@mferating condition of fluidised
coal bed gasifiers and the equation only has orenpeter (f), which makes it easier

to use compared to the Langmuir-Hinshelwood eqnatio

Development of the Johnson equation started in 1873he Institute of Gas
Technology (USA) using a high-pressure thermograwim analyser in which + 100

American bituminous coals were tested.

Tests were carried at temperatures of 797 °C —(01°Q0 pressures of 0.1 — 7.0 Mpa
and particle sizes of 0.1 — 1.4 mm in gas mixtwestaining varying amounts of
H,O, CO, B and CH. The final expression developed by Johnson toutate the
fractional char conversion rate was first publishadhis book Kinetics of coal

gasificationin 1979 (Johnson, 1979) and is given by equaton) (

dx _
r =f, k,F(X) (3.7)

In equation (3.7).fisthe relative reactivity factor of the coal char andependent on
the properties of the parent coal and the temperauwhich the char was prepared.
Johnson recommended an empirical correlation wutztk the relative reactive factor
for bituminous coal chars, which is given by equiat(3.8).
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f=6.2Y.(1-VY,.)exg - 2240 1 _ 1 (3.8)
R (T T,

In equation (3.8) Yis the mass fraction dry ash-free carbon contétitecoal, T is

the gasification temperature ang, © the temperature at which the chars were

prepared.

The effect of gas concentrations and temperaturh®mchar conversion rate is given
by k and is expressed by equation (3.9). Equation (8m@ws that the inhibiting

effects of CO and Hare included in the Johnson rate equation.

exp{9.0201—12_?10j(1— PeoPi, J

PuoKe
Kk, = MO et - (3.9
60, 1+exp(—22.216+24881j 1 116357 +435Pc0
T Ph,0 H,0 Ph,0

In equation (3.9) Kq1is the water-gas shift reaction equilibrium constamd is given

by equation (3.10).

10G,0K o1 = 7.49—%70 (3.10)

In equation (3.7), F(X) is a structural factor asdgiven by equation (3.11). The
structural factor is incorporated to account fa #ifect of structural changes in the

char particles on the gasification rate as conaaréX) progresses.
F(X) = (1- X)*®exptaX?) (3.11)
In equation (3.11% is a structural parameter and is given by equdB8dltR).

52.5p,, 05217 P
o=
1+54.3p, 1+0.707p, +0.5p)°p, o

(3.12)
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3.2.2  Experimental apparatus, procedure and programe

In this section a description is given of the thegnavimetric analyser (TGA) at the
North-West University (NWU) that was used to castgam gasification tests on New
Vaal and Grootegeluk chars. The experimental prnaeethat was followed to carry

out the tests and the experimental programme acedascribed.

Description of thermogravimetric analyser

The tests were carried out on the thermogravimednalyser that was used by
Coetzeeet al. (2013) to produce the results presented in themdetailed in Table
3.1. A schematic representation of the apparatushmwvn in Figure 3.2. The
thermogravimetric analyser was designed and caststilby staff and students at the
North West University and consists of a gas sugpitem, a vertical tube furnace, a

precision balance with a sample holder attachedhasata acquisition interface.

Heating
mantle

Vertical
tube
furnace

. Regulator
- Coal sample
ample holder
Peristaltic
pump
Mass
[ | balance

Water source

Brooks 0254 mass flow
controller and control unit

Nitrogen gas
cylinder

Figure 3.2: Schematic representation of the TGA (Getzeeet a/., 2013)

Experimental procedure
Coal samples received from New Vaal and Grootegeti#t mines were crushed and
screened (0.85 mm <,d< 1.2 mm) into representative batches for the

thermogravimetric analyser experiments. Test chen® prepared prior to the steam
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gasification tests by devolatilisation of the ceaimples in a nitrogen atmosphere.
Since the devolatilisation temperature and heatitg have an effect on the reactivity
of the chars, the chars were subjected to rapidldgNsation in order for them to be
representative of conditions in a pilot-scale fisétl bed gasifier. The New Vaal char
was prepared by inserting the coal sample intaragen-blanketed furnace that had
been pre-heated to 950 °C. The coal sample wasikeépe furnace for 20 minutes,
which is sufficient time for complete devolatilisat of the coal. Due to the caking
properties of Grootegeluk coal, the char sample® \weepared at 980 °C using a 50
mm fluidised bed reactor described in Section 3.4ABhough New Vaal and
Grootegeluk chars were prepared in different fuesadt is expected to have little
effect on their relative reactivity factor jfsince in both furnaces the coal was heated
rapidly to the charring temperature.

For the char-steam gasification experiments, theica¢ tube furnace of the
thermogravimetric analyser was heated to the redquiemperature at a rate of 20
°C/min with simultaneous introduction of nitrogenlas NI/min. The char sample (+
1.0 g) was placed in the sample holder and wheifutinace stabilised at the required
temperature the furnace was lowered over the samyler an additional holding
period, the experiment was started when steam &ed QO/H mixture were
introduced at the top of the tube furnace. A typth&mocouple was located directly
above the sample in the tube furnace to ensurddsoial conditions during char
gasification. The mass loss of the sample was decbby the data acquisition system
and the experiment was continued until no furthessnloss was observed. The
reaction data (time, temperature and mass) waseddpi an Excélfile for data

processing.

Experimental programme

The experimental programme was designed to obtaianpeters for the Johnson rate
eguation given in Section 3.2.1.5. Temperaturesgasdconcentrations were selected
that are representative of coal gasification iduadised bed. Hydrogen and carbon
monoxide were added to the reacting gas mixtuthatothe inhibiting effect of these
gases could be included in the rate equations.t®eaconditions for tests on New

Vaal and Grootegeluk chars is given in Table 3.2.
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Table 3.2: Reaction conditions used for thermograwnetric analyser experiments

New Vaal char Grootegeluk char
Reacting gas mixtures (vol.%)| Temperature (°C) Temperature (°C)
H,0 H> CO N> 850 900 950 880 920 980
20 5 5 70 | Nvi| Nv4 | NV7 | GGF | GG4 | GG7

30 10 10 50 NV2| NV5| NV8| GG2Z GGf GG

oY

40 20 20 20 NV3| NV6| NV9| GG3 GGf GG

&S

30 0 0 70 NV10

40 0 0 60 GG1(

TNV1 to NV10: Test 1 to test 10 on New Vaal char
2GG1 to GG10: Test 1 to test 10 on Grootegeluk char

For each test the char particle size was 0.85 - the coal sample mass was
(+)1 000 mg and the Nlowrate was 1 200 ml.miH{NTP). The tests were carried out
at ambient pressure which was assumed to be apmaitedy 87.5 kPa (absolute).

Hydrogen and carbon monoxide were added by addiggsamixture containing 50
vol.% hydrogen and 50 vol.% carbon monoxide toearstnitrogen mixture. The
concentrations of the two gases @hd CO) were therefore equal for all tests (A0,
and 20 vol.%).

Since the Johnson char-steam rate equation onlpmaparameter (f, ten tests on
each coal as given in Table 3.2 was consideredcerif to estimate the value of. f
Tests were, therefore, not conducted which invasti the effect of varying the,&

concentration at constant CO angldéncentrations.

3.2.3 Experimental results and discussion

3.2.3.1 Normalisation and processing of experimenitdata

The experiment on New Vaal char at 950 °C, usinggating gas mixture of 30 vol.%
H,0, 10 vol.% H, 10 vol.% CO and 50 vol.% MNNV8), is described in this section
to demonstrate how the experimental data were psecein order to obtain plots of
char conversion vs. time for each char, temperaincereacting gas mix. The results

of all the experiments are given in Section 3.2.3.2
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Data obtained from a thermogravimetric analyseiratee form of mass as a function
of time, as shown in Figure 3.3 for the tests omvN&al char at 950 °C referred to
above. The residue obtained from the experimergesgwithin + 5% with the ash

content of the char.

The experimental data shown in Figure 3.3 were absed by expressing the char

conversion variation on an ash-free basis accorirgguation (3.13) (Kaitano, 2007)

m, —m,
m, -m

X = (3.13)

ash

1200 -
950 °C
1000
)
g 800 - Reacted carbon
»
g —Mass (mg)
S L T —Temp
<
-
@) 400 - Reactant gas
. H,O (vol.%) - 30
Residue CO (vol.%) - 10
. H, (vol.%) - 10
200 N, (vol.%) - 50
0 1 1 1 1 1
0 25 50 75 100 125 150

Time, t (min)

Figure 3.3: Isothermal gasification of New Vaal chr at 950 °C and 87.5 kPa

A typical normalised result derived from the datdrigure 3.3 is shown in Figure 3.4.
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1.0 —
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<06 -
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=
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Q Reactant gas
H,O (vol.%) - 30
0.2 CO (vol.%) - 10
H, (vol.%) - 10
N, (vol.%) - 50
O-O T T T T
0 25 50 75 100 125
Time, t (min)

Figure 3.4: Normalised char conversion as a funain of time

For each test, fifty data points were used for ¢dakulation of f given in Section
3.2.4. Fifty data points were considered to beigefit, since using two hundred data
points resulted in a difference of less than + &%he calculated value of,fwhich is

within the repeatability of the experiments (x 5%).

3.2.3.2 Results of char-steam thermogravimetric argser experiments

The effect of temperature on the char-steam gasibic rate of New Vaal and
Grootegeluk char is given in Figure 3.5. For theests (NV3, NV6, NV9, GG3, GG6
and GG9) a constant reacting gas concentrationus@g containing 40 vol.% 29,

20 vol.% H, 20 vol.% CO and 20 vol.%JN
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New Vaal char Grootegeluk char
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Figure 3.5: Effect of temperature on the steam gé#gcation of char at 87.5 kPa

Figure 3.5 shows that the char gasification ratereiases with an increase in

temperature for both New Vaal and Grootegeluk chamsl that New Vaal char is

more reactive than Grootegeluk char since New What requires less time to reach a

fractional char conversion of 1. Similar resultsswabtained by Takaradet al

(1985), who studied the gasification reactivity3sf coals having different dry ash-

free carbon contents ). The results of the tests using reacting gas snote (20
vol.% HO, 5 vol.% H, 5 vol.% CO, 70 vol.% N2) and two (30 vol.%®{ 10 vol.%
H,, 10 vol.% CO, 50 vol.% N2) are given in AppendidC

The inhibiting effect of CO and Hon the steam gasification rate of New Vaal and

Grootegeluk chars is shown in Figure 3.6. ThestestNew Vaal char (NV8 and NV

10) were carried out at a constant temperatur&0f°€, and the tests on Grootegeluk

char (GG 9 and GG 10) were carried out at a cohttamperature of 980 °C.
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Figure 3.6: Effect of CO and H on the steam gasification of char at 87.5 kPa
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Figure 3.6 shows that for both New Vaal and Groelidg chars, the time to reach
100% conversion increased by a factor of + 2 whénhahd H were added to the
H>O/N, mixture, which clearly illustrates their inhibigneffect on the steam
gasification rate. The studies of Eversdral (2006), Goyakt al (1989) and Muhlen

et al (1985) also observed the inhibiting effect of Gdd H on the steam

gasification rate of coal chars.

The effect of increasing the steam concentratiah®freacting gas on the gasification
rate of New Vaal and Grootegeluk chars is showfigure 3.7. The tests on New
Vaal char (NV7, NV8 and NV9) were carried at a ¢ans temperature of 950 °C,
and the tests on Grootegeluk char (GG7, GG8 and) @@& carried out at a constant
temperature of 980 °C. Figure 3.7 shows that is tidse an increase in the steam
concentration does not result in a significantrease in the gasification rate since the
concentration of the inhibiting gases (CO arng) Was also increased. The effect of
steam concentration on the gasification rate at°@@nd 850 °C for New Vaal char
and 920 °C and 880 °C for Grootegeluk char is showAppendix C.2. A similar
trend is observed at the lower temperatures astmatn in Figure 3.7.
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=
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2 021, 4950 C, 40% H20, 20% CO, 20% H2 2 021 ¢ 1980 C, 40% H20, 20% CO, 20% H2
o
0.0 & 0.0
0 40 80 120 160 0 40 80 120 160 200 240 280 320 360
Time, t (min) Time, t (min)

Figure 3.7: Effect of HO concentration on the steam gasification of charte887.5
kPa
Although similar gasification rates were obtained these sets of tests, (Figure 3.7,
Figure C.2 (a) and Figure C.2 (b)) they can be usesktimate the value of,fsince
the inhibiting effects of CO and  Hare included in the Johnson char-steam rate

equation.
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3.2.4  Determination of the Johnson rate equation pameter

In this section the thermogravimetric analyser datused to determine the relative
reactivity factor (f) for New Vaal and Grootegeluk chars. The reactactor (i) is
used as a parameter in the Johnson rate equatimh vghused in the fluidised bed

model (Chapter 5) to calculate the rate of therstelar gasification reaction.

Data processing
A description of the Johnson equation is given act®n 3.2.1.5 of the char-steam
gasification literature survey. The abbreviatedhrfaf the Johnson equation is given

by equation 3.14.

dX _
5 = KFX) (3.14)

Where Kjis the lumped reaction rate constant of the Johegoiation and is given by

equation (3.15).
K, =fK, (3.15)
Equation (3.7) can be rearranged to produce equédidb).

C1ox 1
t(X)—K—J ) de (3.16)

Numerical integration of equation (3.16) producesgraph of fractional char

conversion (X) as a function of time (t).

The value of Kfor each thermogravimetric analyser test is obthipg minimising
the squared difference between the conversion sgXi® determined experimentally
using the thermogravimetric analyser data and thkieg (X) calculated using
equation (3.16). The objective functiody;) that is minimized is given by equation
(3.17).
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50

o, =3 [(x™, -x?).[ (3.17)

i=1

The measured and predicted values using the Joletpaettion for New Vaal char
(NV2, NV5 and NV8) and Grootegeluk char (GG2, GGl &5G8) are given in
Figure 3.8.

New Vaal char Grootegeluk char
1.0 1.0
e 1950 C -Exp. ~ 1980 C - Exp.
- 08 ==Johnson eqtll)ation — 08 =Johnson equation
§ +900C - Exp. g 920 C - Exp.
E 0.6 =Johnson equation E 0.6 ==Johnson equation
15) 4 850 C - Exp. 15} 4 880 C - Exp.
E |==Johnson equation E =Johnson equation
o 04 o 04
S HO%) - 30 o HO%) - 30
5 %) - 10 8 0 Hy(%) - 10
5 02 o) - 10 5 o) - 10
N, (%) - 50 N%) - 50
00 00 #
: 0 200 400 600 800 1000 1200 1400 1600
0 40 80 120 160 200 240 280
Time, t (min) Time, t (min)

Figure 3.8: Experimental and predicted conversionsising the Johnson equation

The value of f was estimated by minimising the squared differebetveen the

measured and predicted values gf&quation (3.18)).

@, =S wlkp), -] (319

Due to the large difference (two orders of magréjuoetween the lowest and highest

measured values of;Kweighted least squared regression is appliediwt@duces the

effect of the larger values of;i6n the objective functiond ; ).

In this case the weighting factor is given by emmai3.19), which normalises the
difference between the measured and predicted vali; using the average of the

measured and predicted values g{[Engineering Statistics Handbook).
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2
_ 2
"o ((K?‘)i + (Kf)i] 219

Table 3.3 and Table 3.4 show that the best fiteslaf f in the Johnson equation
using the experimental thermogravimetric analys#a denerated for New Vaal and

Grootegeluk chars are 8.65 and 1.91 respectively.
Table 3.3 shows that for Grootegeluk char the \mlok f. determined from the
thermogravimetric analyser experimental data anel ¢émpirical equation (3.8)

recommended by Johnson have the same order of tudgni

Table 3.3: Johnson rate equation relative reactity factor (f.)

New Vaal Grootegeluk
TGA experimental data 8.65+0.4 191+£0.1
Johnson empirical equation 1.20 1.00

However, for New Vaal coal the value @fdetermined from the thermogravimetric
analyser data is an order of magnitude higher thanvalue determined using the
Johnson correlation. A possible explanation fos tmding is that Grootegeluk coal is
a medium-rank bituminous coal and the Johnson letima to predict f was
developed using American medium-rank bituminouslscoghe rank classification
system using vitrinite reflectance given in Fig@&@ (Chapter 2) shows that New
Vaal coal is close to the boundary line that separhituminous and sub-bituminous
coals. Reactivity tests on New Vaal char using, @®the reacting gas shows that it
has a reactivity as high as some lignite coals éibrgcht, 2008), which could explain

why the Johnson empirical correlation under-predicin the case of New Vaal coal.
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Table 3.4: Experimental and calculated values of ifor New Vaal coal to minimised®s

Test | Temperature | H,O H, | CO N> k, x 60 K; x 1000 K; x 1000 Weighted fL
no. &) (%) | (%) | (%) | (%) (min™) measured | predicted* deviation | determined
(min™) (min™h) for each
test
NV1 850 20 5 5 70 0.00019883 12.33 1.72 2.281 62.0
NV2 850 30 10 10 50 0.000152y 13.82 1.32 2.726 90.5
NV3 850 40 20 20 20 0.0000820 11.88 0.71 3.15( 145.
NV4 900 20 5 5 70 0.0017047 15.17 14.75 0.001 8.9
NV5 900 30 10 10 50 0.0020999 21.88 18.16 0.034 10.4
NV6 900 40 20 20 20 0.0011786 19.45 10.19 0.390 16.5
NV7 950 20 5 5 70 0.0106577 37.83 92.19 0.699 6.8
NV8 950 30 10 10 50 0.0105856 42.34 91.57 0.540 3.6
NV9 950 40 20 20 20 0.0068588 46.29 59.32 0.061 4.0
NV10 950 30 0 0 70 0.0326409 63.65 282.34 1.598 2.0
1f =8.65 (All percentages are given as vol.%)
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Table 3.5: Experimental and calculated values of Kfor Grootegeluk coal to minimise®s

Test | Temperature | H,O | H, | CO N> ki x 60 K; x 1000 K;x 1000 | Weighted fL
no. (&) (%) | (%) | (%) | (%) (min™ measured | predicted deviation | determined
(min™) (min™) for each
test
GG1 880 20 5 5 70 0.0007885% 2.76 151 0.344 3.5
GG2 880 30 10 10 50 0.0006114 2.93 1.17 0.74Q 4.8
GG3 880 40 20 20 20 0.000334p 3.59 0.64 1.944 10.8
GG4 920 20 5 5 70 0.0038114 7.24 7.29 0.000 1.9
GG5 920 30 10 10 50 0.0038930 8.18 7.45 0.009 2.1
GG6 920 40 20 20 20 0.001777y 9.07 3.40 0.826 5.1
GG7 980 20 5 5 70 0.0229061 13.29 43.81 1.143 0.6
GG8 980 30 10 10 50 0.0255561 14.57 48.88 1.170 0.6
GG9 980 40 20 20 20 0.0143426 15.78 27.43 0.291 1.1
GG10 920 40 0 0 60 0.0541740 19.82 103.61 1.843 0.4
Tf=1.91

(All percentages are given as vol.%)
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3.3 Char-CO, gasification kinetics

Selected bench-scale studies on the char-g&Sification reaction are given in Table
3.1. Many of these studies (Satoshal, 2013; Roberts and Harris, 2007; Eversbn
al., 2006; Muhlenet al, 1985) have used the Langmuir-Hinshelwood (LHE ra

equations (Figure 3.1) to model the char.@@sification reaction.

The rate equation that was selected to be incagubrato the fluidised bed coal
gasifier model described in Chapter 5 is given hesesquation (3.20), which is a
simplified version of the LH equations. It was algsed by Yeet al. (1997) to

calculate the rate of the char-&f@action.

dX ~Eco,
a = kocoZ eXpR%;O)pco2 (1- X)B (3.20)

Equation (3.20) is based on the following assunmgtio

* The char-steam and char-gf2actions occur on separate sites (Eveeia,
2005).

* Due to the low rate of the char-g@action compared to the char-steam and
char-Q reactions, the inhibiting effects of CO on theeraf the char-C®
reaction are not accounted for in the rate equation

e The reaction order is one with respect to the @&itial pressure {@.).

« The grain model ((1-X¥) adequately describes the effect of char conversio
(X) on the rate of the char-G@asification reaction.

Data from the thermogravimetric analyser tests ewNaal and Grootegeluk coals
(Engelbrecht, 2008) were used to obtain valuestlfier parameters in equation

(3.20).The parameters in equation (3.20) are:

» the pre-exponential factorddoy),
* Arrhenius activation energy {&o)

* and grain model parametd¥) (
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Figure 3.9 shows the results of the thermogravimetnalyser tests carried out at
875 °C, 900 °C, 925 °C and 950 °C on New Vaal ammb@&geluk chars.
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Figure 3.9: Thermogravimetric analyser test resuls at 87.5 kPa in 100% CQ

Parameters for equation (3.20) were obtained bymismg the difference between

the experimental and predicted char conversionega(i&Engelbrecht, 2008) as shown
in Figure 3.9. Parameters for New Vaal and Grodtggehars are given in Table 3.6.

Table 3.6: Parameters for the char-CQgasification rate equation

Char Ecoz (kd/mol) | In(kocoz) (atm™s?) | p
New Vaal 180 11.82 0.64
Grootegeluk 252 16.54 0.92

The char conversion rates calculated by the Johegqaation (equation (3.7)) for the
char-steam reaction and the char:Q®action (equation (3.20)) are expressed as
dX/dt (fractional char conversion rate). ConversadrdX/dt (s%) to r (kmol.m?3sh),

which are the units required by the fluidised bedifier model described in Chapter

5, is given in Appendix E.2.1.
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3.4 Fluidised bed coal devolatilisation experimest

34.1 Introduction

The objective of the bench-scale experiments dasdrin this section was to develop
a simplified coal devolatilisation sub-model suleafor the fluidised bed coal gasifier
model described in Chapter 5. Due to the relativegh volatile matter content of
high-ash South African coals (20-30%), the volatilatter has a significant influence
on the composition and flow of the gas producedfloglised bed gasifiers when
gasifying these coals. The purpose of the devidatibn sub-model is to estimate the
evolution rate of gaseous species resulting from devolatilisation under typical

fluidised bed coal gasification conditions

3.4.2 Literature review

Coal is a complex, non-homogenous organic matergaitaining inclusions of
inorganic matter (ash) incorporated in the struetdihe organic part of coal consists
of large aromatic clusters linked by hydrocarbod &N-S chains of differing bond
strength, which decompose and release decompospraducts upon heating
(Howard, 1981). The final products of coal devdisdtion are char, tar, light oils and

hydrocarbon gases.

The evolution rate and distribution of devolatitisa products are affected by the
properties of the coal (including particle sizehge tcoal heating rate, the peak
devolatilisation temperature, the gases in whickotiilisation occurs and the
pressure (Seebauetal.,1997; Solomoret al, 1988).

Due to the complexity of the chemical and phystcahsformations that take place
during devolatilisation, many fluidised bed coalsijaation models use empirical
correlations based on bench-scale experimental tdafaedict the devolatilisation
products. (Loison and Chauvin, 1964; Yeboah, 1988;et al, 1988; Leeet al,
1998).
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Yeboah (1980) and Leet al (1998) used bench-scale fluidised bed reactors to
generate devolatilisation data on Texas ligniteydis No. 6 bituminous coal and an

Australian sub-bituminous coal. Details of theseestigations are given in Table 3.7

Table 3.7: Selected bench-scale fluidised bed déatilisation experiments

Coal Sand Fluidising | Reactor | Fluidising Temp-
) particle particle gas diameter | velocity erature
Investigator ) )
size size (mm) (mm) (m/s) (°C)
(mm)
Yeboah (1980) 0.25-0.50 0.2-0.3 Nitroggn 50 O®30 | 425-875
Leeet al (1998) 0.3-1.0 0.27 Nitrogen 100 0.6- O.éF 7500 9

Table 3.7 shows that the investigations were cdroet using nitrogen as the
fluidising gas in order to create an inert atmosplie the reactor, thereby minimising

char conversion by means of gas cha®tnd char-C@gasification reactions.

These investigations show that the coal type amdpéeature have the most
significant effect on the evolution rates of gase@pecies. The general trend
observed is that as the temperature is increageddiume concentrations of,tnd

CO increase while the Gtand CQ volume concentrations decrease.

Advanced commercial coal devolatilisation modelshsas FLASHCHAIN (Maffeiet
al., 2013) are capable of predicting the products e@fothtilisation based on the
physical and chemical properties of the parent.cbhkse advanced models were,

however, not considered suitable for the presewtyssince:

* The fluidised bed gasifier model described in Chaph is focused on
predicting the thermal performance of the gasifrgnich does not require the

evolution rates of minor species such as HCNgNNDy, SO and tar.

* The advanced models have significantly longer cdatmnal times.
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To create devolatilisation conditions that are espntative of those in a bubbling
fluidised bed coal gasifier, a bench-scale fluidibed reactor at the CSIR was used to

generate coal-specific devolatilisation data foo@egeluk and New Vaal coals.

3.4.3  Description of the bench-scale fluidised badactor

A schematic representation of the bench-scale ifledl bed reactor at the CSIR is
given in Figure 3.10 and a photograph is showniguieé 3.11. The fluidised bed
reactor consists of a 50 mm diameter 310 staintdssl pipe with a length of

1 800 mm. The reactor is heated by two electri¢dregaeach with a rating of 3 kW.

Gas cleaning To
Thermocouple T R c}gi Gas analysis
Ig k CH,
Coal feeder E-¥ |
Gas to flare
5
g
Freeboard §
g
Heating elements { %
o
- - CL
Fluidised bed g
H

Distributor plate

Plemum chamber

Pressure measurement

Char extractor i Bed char

Figure 3.10: Bench-scale fluidised bed reactor fl@ diagram

The temperature in the bed and freeboard zonebeaontrolled independently by
regulating the heat input to the bed and freebbaaters separately. The distributor
of the fluidised bed consists of a 5 mm thick 3fdindess steel disc containing eight
holes (2 mm) for distribution of the fluidising gaScrew feeders are used for coal
feeding and char extraction from the bed. The teaipee of the bed is measured by

means of a thermocouple inserted through the rédh® reactor. Gas exiting the
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reactor to the flare is sampled and cleaned udirgapparatus shown in Figure 4.6
(Chapter 4) before flowing to the analysers spedifn Table 4.4 (Chapter 4).

Figure 3.11: Bench-scale fluidised bed reactor dhe CSIR

3.4.4 Experimental programme

The bench-scale fluidised bed reactor was useeé\voldtilise the coal in an inert §N
atmosphere at temperatures between 880 °C and®@78n°inert atmosphere is used
to ensure that the gases that evolve are fromeelatilisation of coal alone and not

from combustion and gasification reactions.

An experimental run is started by loading a 10Gtglb of silica sand (0.4 — 0.8 mm)
into the reactor. Incipient (minimum) fluidisati@onditions are produced in the bed
by introducing nitrogen at 20 NI/min.

The reactor is heated to the operating temperg@@d@ °C — 975 °C) by the electric

heaters. Due to the increase in the temperatueesuperficial gas velocity increases
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to = 0.85 m/s which is approximately 5 times thenimum fluidising velocity. A
mixture of 50% coal and 50% silica sand is fed rwdusly to the bed at a rate of £
1.5 kg/h. The coal is mixed with silica sand in@rdo prevent agglomeration and
defluidisation of the bed. The bed height is man#d at a constant level by draining
bed material (char and sand) from the bed by meaitise char extraction screw. A
test is continued for + 1 h to ensure that the amsitpn of the gas produced by the
reactor stabilises for at least %2 h, during whiolfetmeasurements are taken.

Tests were carried out at temperatures between °83@nd 973 °C with char
residence times of = 9.5 min, which allows suffitietime for complete
devolatilisation of the coal (Rogs al, 2000). Other operating variables such as coal
particle size and fluidising velocity were selected that the tests would be
representative of the pilot-scale fluidised bedifgagion tests carried out on New

Vaal and Grootegeluk coal described in Chapter 4.

3.45 Experimental results

The results of the fluidised bed devolatilisati@sts are given in Table 3.8. The

values shown in Table 3.8 are average values a@uatalaring %2 h of stable operation.

Table 3.8, Figure 3.12 and Figure 3.13 show thab&ah New Vaal and Grootegeluk
coals the CO and Hconcentration of the gas produced during dev@atibn
increased with an increase in temperature, whiée G, and CQ concentrations
decreased with an increase in temperature. Grdategeoal produced higher
concentrations of CHand lower concentrations of CO; ldnd CQ than New Vaal

coal.
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Table 3.8: Bench-scale fluidised bed devolatilisan tests

Coal New Vaa Grootegeluk

Test number 1 2 3 1 2 3
Mid-bed temperature (°C 88( 932 95¢ 887 95( 973
Char residence time (min) 9.3 |93 9.3 9.8 9.8 9.8
Coal feed rate (kg/h) 0.73 0.73 |0.73 0.70 0.70 0.70
Coal particle size (mm) 08-12| 08-1408-12| 08-12|08-12|08-1.2
Sand feed rate (kg/h) 0.73 0.73] 0.73 0.70 0.70 0.70
Sand patrticle size (mm) 05-08| 05-08/ 05-04 05-0§8 05-0.8.50.8
Nitrogen flow (Nni/h) 1.2 1.2 1.2 1.2 1.2 1.2
Fluidising velocity (m/s) 0.83 0.87 0.88 | 0.83 0.88 0.90
Bed pressure drop (Pa) 900 900 900 90d 900 900
Dynamic bed height (mrh) 230 230 230 230 230 230
Measured dry gas composition

CO (vol.%) 3.2 4.2 5.1 3.0 4.1 4.3
H, (vol.%)) 8.5 10.2 12.0 7.4 9.4 9.8
CH, (vol.%) 1.0 0.9 0.8 4.3 3.4 3.4
CO, (vol.%) 1.3 1.3 1.4 0.5 0.4 0.3
N, + other$ (vol.%) 86.1 83.4 80.7 84.7 82.6 82.2
Nitrogen-free gas compositiofi

CO (vol.%) 22.8 25.2 26.3 19.8 23.4 24.1
H, (vol.%) 60.8 61.5 61.9 48.5 54.3 55.2
CH, (vol.%) 6.8 5.2 4.3 28.2 19.8 19.0
CO; (vol.%) 9.6 8.0 7.5 35 25 1.7

Expanded bed height at the operating fluidising ety
2 Others are < 0.4 vol.% and includeSH COS, NH, HCN and G
% (N, + others) by difference
4 Gas composition normalised to CO,, I€H, and CQ

3.4.6  Devolatilisation sub-model development

Based on the data given in Table 3.8, Figure 3ntPrRagure 3.13, the molar evolution
rates of CO, Chl CO,, H,, H,S and N as a result of coal devolatilisation can be

estimated using the sub-model described in Appe@dix
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Figure 3.12: Dry and nitrogen-free gas composdn — New Vaal coal
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Figure 3.13: Dry and nitrogen-free gas compositior Grootegeluk coal
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3.5 Summary of bench-scale gasification and devoik$ation experiments

Parameters were obtained for the Johnson char-steden equation using a
thermogravimetric analyser. The rate equation tonoduded in the fluidised bed
gasifier model described in Chapter 5 is given dpyagion (3.7).

dx _
i = fkiFe9 (3.7)

In equation (3.7) the relative reactivity paraméfey was found to be 8.65 and 1.91

for New Vaal and Grootegeluk coals respectively.

It could be concluded that themorgravimetric analydata are required to estimate
the values of [f for high-ash South African coal chars since theretation
recommended by Johnson to estimatenhich is based on the dry ash-free carbon
content of the coal (Y, results in a significant under-prediction ofifi the case of

New Vaal coal.

Parameters were obtained for a first-order chag-g&3ification rate equation using
the data generated by Engelbrecht (2008). Thetsesiithe tests show that:

* The char-CQgasification rate is approximately 10 to 15 higfeerNew Vaal
coal than for Grootegeluk coal.

* The char-CQ gasification rate is approximately 5 to 10 timeweér than the
char-steam gasification rate for both coals.

Devolatilisation tests were carried out on Groolgigeand New Vaal coals using a
bench-scale fluidised bed devolatilisation reacldre devolatilisation yields of the
two coals differed in that Grootegeluk coal produd¢egher concentrations of GH

and lower concentrations of CO; BEind CQ compared with New Vaal coal.
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3.7 Chapter 3 and Appendix C nomenclature

a LH equation weighting parameter -

Aj LH equation pre-exponential factors Ts

b LH equation weighting parameter -

C mass percentage carbon in coal wt.%
c LH equation weighting parameter -

Cyaf dry and ash-free carbon in coal wt.%
Cixed fixed carbon in coal wt.%

d LH equation weighting parameter -

Ecoz Arrhenius activation energy of the char —{@action kJ.mol
E; LH equation activation energies kJ.fhol
F(X) structural factor (char conversion model) -

fL Johnson equation relative reactivity factor -
Geoal coal flow rate kg:h

H mass percentage hydrogen in coal wt.%
IH,O inherent moisture in the coal wt.%
Keq1 equilibrium constant in Johnson rate equation -

K, rate constant of Johnson char-steam rate equation ~ s*

i LH equation rate constants Ts

Kj Johnson equation lumped rate constant “Tmin
kocoz pre-exponential factor of the char —Q@action atnis?
Mash mass of ash/residue g

mo initial mass of char following pyrolysis g

my mass of coal/char at time t g

N mass percentage nitrogen in coal wt.%
nQ dry molar gas flowrate mof:h
O mass percentage oxygen in coal wt.%
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Pco partial pressure of carbon monoxide atm
Pcoz partial pressure of carbon dioxide atm
PH2 partial pressure of hydrogen atm
PH20 partial pressure of water atm

R universal gas constant maltk?
r rate of reaction based on solids volume mdkm
T gas temperature K

Tp pre-treatment temperature of char K

Tc gas temperature C

VA gi molar flow of gas component i due to coal devdkdtion mol.8

\A concentration of species i in the volatiles (bhasis) vol.%
Ve concentration of species i in the volatiles (dagis) vol.%
Wi regression weighting factor -

X fractional conversion of fixed carbon in coal -

xm measured fixed carbon conversion -

xP predicted fixed carbon conversion -

dX/dt fractional char conversion rate 1

Y mass fraction dry ash-free carbon in coal -

Greek Letters

parameter in structural factor of Johnson rateagqgn -
structural factor of the grain model -

o
p
7/ random pore model structural parameter -
()

objective function -

Acronyms/Abbreviations

DTF Drop tube furnace

FB Fluidised bed

FBTF Fixed bed tubular furnace

ISO International Standards Organization
LH Langmuir-Hinshelwood
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NWU North-West University

No. Number

SABS South African Bureau of Standards
TGA Thermogravimetric analyser/analysis
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CHAPTER 4 PILOT-SCALE FLUIDISED BED COAL
GASIFICATION

4.1 Introduction

In this chapter a detailed investigation is conddanto the gasification of coal in pilot-scale
fluidised bed gasifiers. Section 4.2 reviews sel@gilot- and bench-scale fluidised bed coal
gasification studies that have been reported inliteeture. In Section 4.3 the pilot-scale
fluidised bed gasifier at the CSIR and its operat@re described. The experimental
programme and the results of tests carried ouherpilot-scale fluidised bed gasifier at the
CSIR are presented in Sections 4.4 and 4.5. Finalsummary of the pilot-scale fluidised

bed gasification of coal is given in Section 4.6.

4.2 Literature review

Selected pilot and bench-scale fluidised bed caalfigation investigations that have been
reported in the literature since 1982 are giveTable 4.1 and Table 4.2. Table 4.1 gives
details regarding the operating conditions andquarance of the gasifiers. Table 4.2 gives

details regarding the dimensions and configuratiotihe gasifiers.

4.2.1 Motivation for investigations

The motivation given by most of the investigatoos their work is that fluidised bed coal
gasifiers can potentially be applied for efficieantd clean generation of electricity using
Integrated Gasification Combined Cycles (IGCC). édtinvestigators have given as their
motivation the generation of industrial fuel gasu{@rrezand Watkinson, 1982; Belyaet
al., 2003) and syngas (Rhinehagdtal, 1987; Purdyet al, 1984) using fluidised bed coal
gasifiers.
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Table 4.1: Summary of selected experimental bublig fluidised bed coal gasification studies

Average Gasification | Superficial o e Fixed Calorific
L Gasifier Gasifier
] coal Gasification Agents gas carbon value
Investigator | Year Country Coal : ] pressure | temperature :
particle agents temperature | velocity (kPa) ©C) conversion of gas
size (mm) (°C) (m/s) (%) (MJ/Nm?)
Engelbrecht | 2010 | South Africa| Bituminous 1.2-2.4 Air/steam 1592 1.9-2.2 90 925-950 52-86 2.5-3.0
Xiao 2007 | China Bituminous 1.6-2.0 Air/steam 27®-30 | 1.2-1.3 500 940-980 62—-69 4.2-4.7
Bhattacharyg 2006 | Australia Lignite N/R @air/steam| N/R 0.7-1.4 900 750-920 70-87 40*
Jing 2005 | China Buminous & -1 5 5 56 | Ajr/steam | NIR N/R 101 880-920 65-80 2.6-3.1
anthracite
Ashman 2005 | Australia Lignite 0.5-2.0 Air/steam 5600 0.5-0.7 100 837-850 79-88 4.7-5.4
Huang 2003 | China Sub-bituminous  0.9-3.0 Air/steamp /R N 0.8-1.0 500-1 400 880-980 73-78 4.6-5.1
Belyaev 2003 Russia Bituminous 1.0-3.0| J/db/steam| N/R N/R 101 850-1 250 30-75 3.5-6.1
Ocampo 2003 | Colombia Bituminous 0-1.2 Air/steam 3520 N/R 101 812-872 58-69 2.7-3.0
Paterson 1997 | United Bituminous & | Airisteam | NIR N/R 1300 960-980 71-79 3.9-4.8
Kingdom lignite
Chatterjee | 1995 | India Bituminous & 1y 5 Air/steam | N/R 0.5-1.0 101 750-100d  50-80 | —4®
coke breeze
Goyal 1990 | United States Bituminous 0.5 Air/steam /RN 1.2-1.3 1000 -2 700| 960—1 000 80-90 2.3-3.9
Saffer 1088 | France | SPanish 0.8-1.2 | Air/steam | 208-555 | 0.7-1.0 101 818-945|  21-69|2.2-3.4
anthracite
Rhinehardt 1987 United Statgs Lignite 0.2-0.9 J/steam 527 N/R 810 747-927 80-97 9.3-11
Neogi 1986 United States  Bituminous 0.3 Steam N/R /RN 101 550-850 N/R 8.0-9.7
Purdy 1984 United States  Sub-bituminoys 0.7 J/s@am 527 N/R 790-828 924981 64-90 14.0
Gutierrez 1982 Canada N/R 0.5-4.8 Air/steam N/R 1.0 101 750-902 25-66 1.4-2.9

I

in Chapter 4 references.

N/R

Not reported

* Lower heating value
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Table 4.2: Details of bench and pilot-scale bubbig fluidised bed gasifiers used by investigators

Investigator fecefggllte Iiitg:.]g:d dii?asrizgns iz?g:?tr Flulljc.gjed Tas:c:ed frlzztt;?);:d ISilolite) fe%?i?rllg Insulation Al
(kg/h) rating (m) (m) height section to type position recycle
(kW) (m) bed area
Engelbrecht | 23-29 140 0.20x0.20 4.0 0.8 No 4 Nozap Above bed Refractory No
Xiao 320-330 2248 0450 10.5 2.1-3.6 No 2 Spoutouyle | In bed Refractory Yes
Bhattacharyg 250 1200 0.309 5.5 N/R Yes 1 N/R In bed Refractory Yes
Jing 5 30 0.109 4.4 N/R No 1 N/R N/R Fibreglas®v | No
Ashman <20 90 0.209 2.55 0.9 No 2.5 N/R In bed ecfeical heating| No
Huang 62-135 937 0.209 3.0 1.0 No 2.25 N/R In bed | Refractory No
Belyaev 0.2-1 6 0.04 9 N/R N/R No 1 N/R In bed Eieal heating | No
Ocampo 6-8 64 0229 2.0 N/R No 1 Perforated plata bed Refractory No
Paterson 216-246 1700 0.309 6.6 3.0 Yes 2.25 Byoudzzle | In bed Refractory No
Chatterjee 10 75 0.20x0.2p 2.0 0.6 No 1 Perfdrptate | Above bed| Refractory No
Goyal 208 1400 0.209 4.7 1.5-2.3 Yes 6 Spoutirezleo| In bed Refractory No
Saffer 4-11 85 0.18 9@ 1.5 0.4-0.5 No 4 Perforatatkp| In bed Fibreglass wool No
Rhinehardt 18-30 170 0.159 N/R 0.6-1.0 No 1 Noeafe Above bed | Fibreglass wool No
Neogi N/R N/R 019 0.55 0.1 No 2 Perforated plat&bove bed | Electrical heating No
Purdy 18-30 170 0159 N/R 0.6-1.0 No 1 Nozzle cap | Above bed | Fibreglass wool No
Gutierrez 3.6-7.2 60 0159 1.2 0.2-0.6 No 1 Petéat plate| Above bed| Fibreglass wool No
N/R Not reported

(%) Diameter
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The advantages of fluidised bed gasifiers given are

» Coal flexibility in terms of ash content and askifuin temperature (Huareg
al., 2003; Belyaewt al, 2003; Engelbrechét al, 2010; Chatterjeet al,
1995; Paterson, 1997).

e Operation at lower temperatures is possible, which

o reduces sensible heat losses (Bhattacharya, 2@3&l & al, 1990),

0 avoids vaporisation of alkali species in the ast trerefore reduces
corrosion of syngas coolers (Bhattacharya, 20060t al, 2007),

o reduces construction and maintenance costs (Hetaalg 2003)

o and reduces oxygen consumption (Huahgl, 2003).

e Limestone can be added for the in-bed capture dfrdgen sulphide and
sulphur dioxide (Ocampet al, 2003; Paterson, 1997; Gowlal, 1990).

4.2.2  Objectives of investigations

Most of the investigators conducted their studiesrder to evaluate the performance
of a particular coal or a number of different comisa fluidised bed gasifier. The

effect of operating variables such as temperatpressure, coal particle size, bed
height and limestone addition on the fixed carbonversion, gas composition, fines
generation and bed agglomeration has been studied.

Investigations have also been carried out in otdlgenerate data that can be used for
the validation of fluidised bed coal gasifier ma&léChatterjeet al, 1995; Ashmaret
al., 2005; Saffeet al, 1988 Rhinehard#t al, 1987; Paterson, 1997).

4.2.3 Pilot-scale and bench-scale equipment used fovestigations

Details of the bench-scale and pilot-scale fluidibed gasifiers used to conduct the
investigations are summarised in Table 4.2. Ttoetahows that the diameters of the
fluidised beds are between 0.04 and 0.45 m, anchéights are between 1.2 and
10.5 m. In £ 50% of the studies the fluidised bedifiers have expanded freeboards,
with the highest expansion ratio being equal to 6.
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4.2.4  Results of selected pilot-scale fluidised bedsifier studies

4241 Fixed carbon conversion

Table 4.1 shows that the fluidised bed coal gasibn studies were conducted using
lignite, sub-bituminous, bituminous and anthraatmls. It is clear that with the
lower-rank coals (Bhattacharga al, 2006; Ashmaret al, 2005; Huanget al, 2003;
Rhinehardtet al, 1987; Purdyet al, 1984), higher fixed carbon conversions were
obtained than with the higher rank coals (Xeal, 2007; Jinget al, 2005; Ocampo
et al, 2003; Gutierrez and Watkinson, 1982). The higliesid carbon conversion
was achieved with lignite (97%) and the lowest vétithracite (21%). It was found
that the fixed carbon conversion increases with teetperature, and of the operating
variables investigated, bed temperature has the sigsificant effect on the fixed
carbon conversion. The maximum temperature is, kewdmited to 950 — 1 00€C

to prevent agglomeration and clinkering of the €@o et al, 2007; Chatterjeet
al.; 1995, Bhattacharya, 2006). Xia al. (2007) concluded from their work that
fixed carbon conversion increases with increasefuidised bed height since this
increases the residence time of char (ash) pastiol¢he gasifier. Huanet al (2003)
investigated the effect of pressure on fixed carbamversion at a fixed coal flowrate.
They found that fixed carbon conversion increagesoua pressure of 1.2 MPa and
concluded that, at pressures higher than 1.2 Migarate of the gasification reaction
is limited by gas diffusion. Jingt al. (2005) and Chatterjest al. (1995) found that a
higher steam concentration in the gasifier had sitive effect on fixed carbon

conversion.

It is concluded by the majority of the investigaisothat the attrition of char and the
subsequent elutriation of high carbon fines from dglasifier have a limiting effect on
the maximum fixed carbon conversion that can beeaeld. The attrition rate of char
increases with increased brittleness of the chat ligher fluidising velocities
(Bhattacharya, 2006). Closer examination of Tabk shows that only two of the
investigators recycled fines to the gasifier. It net clear whether the other
investigators thought that recycling of fines wowlot be effective or that it would
introduce unnecessary complications into the systéhe investigators who did
recycle fines did not report the effect of finesy@ing on fixed carbon conversion.
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4.2.4.2 Gas composition

Table 4.1 shows that higher gas calorific valuesewabtained in the cases where
oxygen and steam were used as the gasificatiortaa{fehinehardet al, 1987; Purdy

et al, 1984). The investigators who used oxygen-enricteed and steam
(Bhattacharya, 2006; Belyae¥ al, 2003) obtained higher calorific values than those
who used air and steam as the gasification agéheshighest calorific value that was
achieved was 14 MJ/Nin(Purdy et al, 1984) and the lowest was 1.4 MJ/Rim
(Gutierrez and Watkinson, 1982).

In the cases where air and steam were used asa#ifecgtion agents, the calorific
value of the gas increased when the temperatureingasased to between 925 and
950 °C due to the increase in fixed carbon conversianhigher temperatures the
calorific value of the gas decreases since thegetn in the additional air that is
required to increase the temperature has a dilutifigct on the gas and more
unconverted fines are elutriated. In the casexgden and steam gasification, the gas
calorific value (CV) did not decrease at higher penatures since the diluting effect
of nitrogen was not present. Huamg al. (2003) and Chatterjeet al. (1995)
concluded that the methane in the gas is produnfdfmm the volatiles in the coal
and that the CO and,Hn the gas are produced from the reactions # ldnd CQ

with the char and also from the volatiles in thalco

Several investigators have added limestone to #tkib order to capture 8 and
reduce its concentration in the gas. Gagtahl. (1990) and Paterson (1997) reported
sulphur-capture efficiencies of between 60% and 20%emperatures of 9T for
gasification tests conducted on high- and low-raokals. Ocampcet al. (2003),
however, reported lower sulphur-capture efficiea@é& 20% to 30% at temperatures
of 870 °C and 840°C for gasification tests conducted on a Colombidgantinous
coal. Significant concentrations of NH1 600 ppm) were detected in the gas by
Bhattacharya (2006) in gasification tests conductedustralian lignites. Addition of
dolomite to the bed reduced the Nebncentration by + 50%.
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4.2.4.3 Bed agglomeration and clinkering

Bed agglomeration and clinker formation were exg@ered by Bhattacharyet al.
(2006), Ashmaret al. (2005), Huanget al. (2003), Paterson (1997), Chattergdeal.
(1995) and Gutierrez and Watkinson (1982) during tlourse of their test work.
Agglomeration of char and clinker formation resdlte defluidisation of the bed and
subsequent termination of the tests. The followpogsible explanations were given

for the occurrence of bed agglomerates and clinkers

* Bed temperature is too high.

e Ash fusion temperature of the coal is too low.

* High caking index of the coal.

* Fluidising velocity is too low.

» Segregation of oversize coal particles to the idistor.
* Bed is too high.

e Oxygen concentration of the reactant mix is todnhig

Bhattacharya (2006) subjected the agglomeratestayXiffraction (XRD) analysis
and found the presence of silicates with low mglfooints. He concluded that these
are formed due to the high sodium content of tred ash. Some investigators found
that the addition of limestone or dolomite caname instances prevent the formation
of agglomerates. No reasons why limestone canfbetiie for agglomeration control

have been given.

425 Data for model calibration and validation

Saffer et al. (1988) reported detailed results of 17 tests thate conducted on
Spanish anthracite at different operating condgiomhese results were given in
sufficient detail to be able to determine the paetars for a fluidised bed gasification
model. The results of four tests on bituminous ecepbrted by Xiacet al. (2007) are

also given in sufficient detail to allow model paweters to be fitted to a model.
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Other investigators (Paterson, 1997; Chattegjeal, 1995; Neogket al, 1986) have
used their data to validate models that were dgeeldy their own research institutes
and universities. However, their data have not begorted in sufficient detail to
allow other investigators to use it to validateithewn models. The results of
experiments conducted by Ashmanhal. (2005) on Victorian lignite were used to
validate a model developed at the University of ladke, Australia. A description of
the model is given by Yaet al. (1998) and Rosst al. (2005).

Overall, investigators concluded that the developm& a model is required to
understand and simulate the effect of complex aatéwns of input variables on the

performance of a bubbling fluidised bed coal gesifi

4.2.6  Fluidised bed coal gasification with oxygenaeiched air

Table 4.1 shows that gasification of high-ash bihous coals with air and steam in a
fluidised bed gasifier results in a low calorifialue (LCV) gas (Engelbreclat al,
2010; Jinget al, 2005). The reasons given for the low calorifitueaof the gas is that
in order to heat the inert ash to the temperattitheobed more air is required, which
results in dilution of the gas due to the introduetof nitrogen with the additional air.
Low flame temperatures are produced during the cstdn of an LCV gas, which

reduce its utilisation efficiency.

In an attempt to increase the calorific value o€ thas during fluidised bed

gasification of low-grade coals, Belyaet al. (2003) proposed the use of oxygen-
enriched air and steam as gasification agents.sTwete carried out in a 40 mm
diameter bench-scale fluidised bed reactor andriialvalues of 6.1 MJ/Nrhwere

obtained with an oxygen concentration of 33 volthie enriched air.

The promising results obtained by Belyas\al. (2003) contributed to the decision to
use oxygen-enriched air and steam for the fluidisea gasification of high-ash South
African coals using the pilot-scale fluidised bexbifjer at the CSIR. This gasifier has
a larger bed area (32 times larger) than the 40diameter bench-scale gasifier used
by Balyaewet al. (2003).
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4.3 Description of the pilot-scale fluidised bed @ gasifier

A pilot-scale fluidised bed coal gasifier (FBG) the CSIR was used to conduct
fluidised bed gasification tests on two selecteghfash South African coals using
oxygen-enriched air and steam as the gasificatjmmta. The pilot plant, previously
used to carry out tests with air and steam as éisdigation agents, was retrofitted so
that oxygen-enriched air and steam could be usethesgasification agents. A
description of the fluidised bed gasifier usedtfoe air and steam gasification tests is
given by Engelbrecht (2008). The description tludiofvs includes the changes that
were made during the latest upgrade of the fludised gasifier to allow tests to be

conducted using oxygen-enriched air and steameagakification agents.

4.3.1 Plant and process description

A flow diagram of the fluidised bed gasifier pilplant is given in Figure 4.1 and a
photograph of it is shown in Figure 4.2. The speatfons of the fluidised bed

gasifier pilot plant are given in Table 4.3.
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Figure 4.1: Flow diagram of the fluidised bed gasier pilot plant

Coal, air, oxygen and steam are the input streantlset process which produces the
output streams of gas and char (ash). Coal isddde gasifier by means of a screw
conveyor (Appendix D.1.1) at a height of 1.3 m abthe distributor. To prevent coal
from accumulating and blocking (due to caking) thet of the feed chute, air is
pulsed to this area at 2 min intervals. Steam isegded in an electrode boiler
(Appendix D.1.2) and is mixed with air and oxygesfdse being introduced into the
gasifier via the distributor. The gas produced miyithe gasification process is used to
preheat the air, oxygen and steam by means oflaasttetube heat exchanger. Char
is removed from the bed (bed char) by means of tervwmoled screw conveyor
(Appendix D.1.3) and from the gas (cyclone charnimans of a cyclone (Appendix
D.1.4) which is placed after the shell-and-tubetheechanger. A water quench
scrubber (Appendix D.1.5) is used to remove finst gharticles that were not captured
by the cyclone and to condense excess steam frergab. The cold, clean and dry

gas is combusted (flared) before it is vented éoatmosphere (Appendix D.1.6).
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Figure 4.2: Fluidised bed gasifier pilot plant athe CSIR
Table 4.3: Specifications of the FBG pilot plant
Operating pressure Atmospheric (90 kPa)
Bed dimensions (m) 0.2 x 0.2 (square)
Freeboard dimensions (m) 0.4 x 0.4 (square)
Furnace height (m) 4 (2 m bed & 2 m freeboard
Fluidised bed height (m) <1.3
Coal feedrate (kg/h) 15-35
Thermal rating (kW) 140
Coal particle size (mm) &g 1.0-2.5
Coal CV (MJ/kg) 10-25
Air flowrate (Nnt/h) 15-30
Oxygen flowrate (kg/h) 4-10
Steam flowrate (kg/h) 10-25
Bed temperature (°C) 850-1 000
Air, oxygen and steam temperature (°¢ 200—-300
Fluidising velocity (m/s) 1.2-2.5
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43.1.1 Fluidisation

In a fluidised bed coal gasifier, the char paricee suspended (fluidised) by the gas
stream flowing upwards in the furnace. In ordertfar bed to be ‘well fluidised’, it is
recommended that the gas velocity in the bed batgréhan three times the minimum
fluidising velocity (Uyy) of the char particles. The minimum fluidising @eity can be
obtained by solving equation (4.1) fop,{{Geldart, 1986).

1750, +150((1j—_5)“umf

p

= (pchar _log)gdp“:3 (41)

Calculated values of }j as a function of char particle sizg)@nd density{cha) are

given in Appendix D.1.7.

4.3.1.2 Fluidised bed gasifier distributor

An important component of a fluidised bed gasifgethe gas distributor. It distributes

the fluidising gas (air, oxygen and steam) unifgrratross the bed area to provide
‘smooth’ fluidisation of the bed. In order to ensuthat the gas is distributed

uniformly across the bed, it is essential to dedigndistributor so that the gas passing
through it has a sufficiently high pressure drdpislrecommended that, at design
conditions, the ratio of distributor pressure driopbed pressure drop should be
greater than 0.30AfPp/APs > 0.30). Diagrams of the fluidised bed gasifiers ga
distributor and details of the nozzle are giverFigures 4.3 and 4.4. A photograph
showing the distributor removed from the bed iegiin Appendix D.1.8.

Equation (4.2) can be used to calculate the digtibpressure drop (British Standard
1042).

o, = (Co. ) @2)
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The pressure drop of the distributor shown in Fegdil3 was measured for different
air flowrates and is given in Appendix D.1.9. Egoiat(4.2) was fitted to the data and
a value for the discharge coefficientgf@f 0.67 was obtained for the fluidised bed

gasifier distributor nozzle shown in Figure 4.4.

Another essential design feature of a distribusothiat it should prevent bed solids
from falling through the distributor into the gastdbution pipes when the bed is de-
fluidised (slumped). Since the angle of reposénheflied char is greater than 30°, it is
recommended that the value @fshown in Figure 4.4 should be less than 30° to
prevent back-flow of solids into the gas distribatipipes (plenum). The angle of

repose is the angle formed by a heap of char tat adrface.

4.3.1.3 Furnace details

The internal dimensions of the fluidised bed gesifand the location of the
thermocouples and pressure probes are given ind=#y6. This figure shows that the
fluidised bed gasifier has a 0.2mx 0.2 m bed isectwhich expands to a

0.4 m x 0.4 m freeboard section.

Coal particles enter the furnace via the coal felegte drop into the fluidised bed
section and are rapidly (15 — 30 s) devolatilisegptoduce char. The char particles
move rapidly up and down between the gasificatimh @mbustion zones in the bed.
The combustion zone is limited to the lower 15 9626f the bed above the air and
steam distributor and is rich in oxygen. Due to thgh rate of the exothermic

combustion reaction, the temperature in the botbthe combustion zone can be up
to £150°C higher than in the middle of the bed where théoémermic gasification

reactions are dominant.
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Distributor plate —> T
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LPG inlet

700 mm

[«— Ash drain
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Pressure measurement

100 mm

T

Figure 4.4: Details of distributor nozzle
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probe distributor
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Refractory

nsulation Bed

44 «— 200 mm

Figure 4.5: Dimensions of the fluidised bed gasér furnace

Due to the fluidising action of the bed, the chartigles experience attrition and

break down into smaller particles. When the patichre small enough, they are
entrained into the freeboard section (upper pdrthe furnace. Due to the expanded
nature of the freeboard, the gas velocity decreasdsthe particles fall back to the

bed, resulting in internal circulation of particlestween the bed and the freeboard.
Further breakdown of the char particles resulttheir entrainment to the top of the

freeboard (gas outlet) and they are elutriated frioenfurnace. However, a significant

proportion of the char particles (40 — 60%) are elotriated from the furnace and

these are drained from the bottom of the bed ierot maintain a constant fluidised

bed height.

4.3.2  Fluidised bed start-up and control

The fluidised bed gasifier is started up by addibdg of silica sand (0.4 — 0.85 mm)

to the furnace. The silica sand is fluidised bytstg the forced-draught (FD) and

induced-draught (ID) fans. LPG is injected into thedised silica sand bed via the

nozzles shown in Figure 4.4. The LPG is ignitedntsans of a pilot flame which is
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inserted through the furnace door and directed dimwards the bed. When the bed
temperature reaches 650 °C, coal addition to theafie is started. When the
temperature reaches 850 °C, LPG injection is stppee pilot flame (lance) is

removed and the furnace door is closed. The temyer& further increased by coal
addition and the furnace is operated in combustimae (excess air) at 925 °C for
6 h. Operation in combustion mode is required f@rinal soaking of the refractories
and heating of the freeboard. After 6 h oxygen atehm are introduced into the
furnace and the flowrates of coal, air, oxygen stedhm are adjusted in order to obtain
the required bed temperature, fluidising velocigyel of oxygen enrichment and

residence time of char particles in the furnacee furnace is operated for a further

6 h to allow the bed carbon content and freebcargperature to stabilise.

During heat-up and the test period, the air ananstibowrates are set at a fixed value
which is high enough to maintain good fluidisatiand low enough to minimise
elutriation of fine char from the furnace (3 xnUU< U < 10 x Uy). The bed
temperature is controlled by increasing or decrgptie oxygen flow. If the oxygen
flow increases above a maximum value (determinethbyoxygen concentration of
the blast which has to be less than 25 vol.% ireotd prevent the formation of
hotspots), the airflow is decreased and the stéami$ increased. The bed height is
controlled by removing char from the bed via thel lextraction screw. The gauge
pressure in the furnace is controlled at -20 m@K200 Pa) by adjusting the valve
before the ID fan. Once stable conditions have bmdreved, operating data are

recorded and samples are collected for a peri&@itof4 h.

4.3.3 Measurements and analyses

4331 Coal feedrate

The coal screw feeder was calibrated by measuhiegdtational speed of the screw
shaft and measuring the mass of coal fed in a givea period. During the tests, the
coal feedrate is determined by measuring the ostatispeed of the screw shaft and
using Figure D.1.10 in Appendix D.1.10, which gitee coal feedrate as a function
of rotational speed. The accuracy of the coal f@edmeasurement is estimated to be
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+ 1.0 kg/h based on the accuracy of the scale tmethe measurement of the coal

mass during calibration of the coal screw feeder.

433.2 Air flowrate

The airflow was measured using a sharp-edged erglate (Appendix D.1.11) with
pressure tappings at one pipe diametgy) (ipstream of the orifice plate and half a
pipe diameter (P2) downstream of the orifice plate. A formula wderived to
calculate the airflow using British Standard 104264, which gives the airflow as a
function of the pressure drop over the orifice @ldhe temperature and the absolute
pressure of the air. The formula and plot of awflas a function of pressure drop are
given in Appendix D.1.12. The accuracy (tolerancg}he airflow measurement is
given by British Standard 1042: 1964 and is + 1r6°N.

4.3.3.3 Steam flowrate

The steam flow was measured using a rotameter avetainless steel float and tube
(Appendix D.1.13). The rotameter was calibratedrimnitoring its output reading and
measuring the mass of steam that flowed throughatgiven time period. The mass
of steam was determined by diverting the steamduoumn filled with crushed ice and
then measuring the increase in the mass of the dndnts contents. The calibration
curve for the steam flow rotameter is given in Apgig D.1.14. The accuracy of the
steam flow measurement is estimated to be + 0.8, kiglsed on the accuracy of the
scale used for the measurement of the condensauh stass during calibration of the

steam orifice plate.

4.3.3.4 Oxygen flowrate

The oxygen flowrate was measured using a rotaméfgpendix D.1.15).

A calibration curve for the oxygen rotameter wasaoted from the supplier, C&F
Technologies (Pty) Ltd (Appendix D.1.16). The aexyr of the oxygen flowrate was
therefore assumed to be equal to the value givethéysupplier of the rotameter,

which is £ 2%.

95



CHAPTER 4 PILOT-SCALE FLUIDISED BED COAL GASIFICATION

4.3.3.5 Gas analysis

The gas produced by the fluidised bed is sampletl deaned using the apparatus
shown in Figure 4.6. Gas is sampled from the umaet of the freeboard of the
fluidised bed gasifier at a rate of 2.5 NI/min.thee sampling tube the gas velocity
decreases from 0.45 to 0.07 m/s, which reduceslulke concentration of the sample
gas since patrticles greater thanu® disengage from the sample gas in the sampling
tube. Most of the water and tar in the gas are weahan the water bubbler and gas
cooler. Final drying of the sample gas takes placthe water trap and silica gel
dryer. Fine char particles are removed usinguanilter before the gas flows to the

gas analysers.

12 mm stainless steel tubing

—

Cooling wiater out
—»

urnace
oof

Gas cooler Clean gas to analyzers
Cooling water in

—_— —"
Sampling
tube (@50 [ T =T
mmy l L
J' Silica gel dryer

Dust filter
{2um)

o [

(]

© 8 <« Icebath l

Gas inlet Oo o
° Dust
removal
Water bubbler ‘lg Water trap
Water drain

Figure 4.6: Apparatus for gas sampling and cleanig

The cleaned gas is analysed using continuous oghseanalysers, the specifications
of which are given in Table 4.4. The analysers sditewn in Appendix D.1.17 to
Appendix D.1.19.
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Table 4.4: Specifications of gas analysers

Gas Supplier Model Measurement method | Accuracy
CO Servomex 4210 Infrared +0.25%
H> Servomex K1550 Thermal conductivity + 0.50%
CH, Servomex 4210 Infrared +0.10%
CO; Servomex 4210 Infrared +0.25%
O Hartman and Braun Magnos 3K Paramagnetic + 0.25%

4.3.3.6  Temperature and pressure

The process temperatures and pressures are meabyradeans of type K
thermocouples, low-pressure gauges and manomeldrs. locations of the
temperature and pressure gauges are shown in Fdur®ue to the bubbling action
of the bed, the bed pressure drop reading flucsuaget 150 Pa.

4.3.3.7 Char flows and char analysis

The mass flowrate of char from the bed and cyclsrgetermined by collecting and

weighing the char produced by the bed and cyclamimg the test period. The carbon
in the bed and cyclone char is determined by ptpbihg samples in a muffle oven at
950 °C for a period of 6 h. The resulting mass klksvs the carbon in the char to be
calculated. Tyler screens are used to determinaii@eanalysis of both the bed and
cyclone char. To reduce sampling errors, four sampf the bed char and the cyclone
char are taken for each test. The standard dewiatd the carbon-in-ash

measurements is 1.0%. The char flowrate errortimated to be 0.2 kg/h (based on

the accuracy of the scale used to weigh the bedhendyclone char produced).

4.4 Fluidised bed gasifier test programme and prockire

Pilot-scale fluidised bed coal gasification tesex@vcarried out on each coal using as
gasification agents:
« Oxygen-enriched air and steam.

* Oxygen and steam.
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The objectives of the programme were to:

* Assess the performance of New Vaal and Grootegatdak in a fluidised bed
gasifier in terms of:

fixed carbon conversion,

analysis of the gas produced,

attrition of coal in the bed,

analysis of the char produced,

o O O o o

and agglomeration of the bed.

* Generate data that could be used to evaluate #uicpwe capability of a

fluidised bed gasifier model

The information given in Tables 4.1 and 4.2 in tiberature survey on pilot-scale
fluidised bed coal gasification studies (SectioR) 4vas used as a guide to select a
range of operating conditions for New Vaal and @egeluk coals (bituminous

coals).

4.4.1 Oxygen-enriched air and steam

The operating conditions using oxygen-enrichedaad steam are given in Table 4.5.
The residence time and temperature (independentbles) could be varied
independently within the limits given in Table 4'He residence time is varied by
adjusting the coal flow or fluidised bed height atteé temperature is varied by
adjusting the oxygen flow. The air and steam fldesaare adjusted in order to
maintain the fluidising velocity, the oxygen contration of the blast and the oxygen-
enrichment level of the air (dependent variablesghiw the limits given in Table 4.1.
The fluidising velocity is maintained above 1.25%md obtain good mixing in the bed
and below 1.84 m/s to reduce attrition and elubmabf fine char from the gasifier.
The oxygen concentration of the oxygen, air andrstenixture is maintained above
17.1 vol.% to increase gasification efficiency apelow 25 vol.% to reduce the
possibility of hotspot and clinker formation in tlmver section of the fluidised bed.

The oxygen concentration of the enriched air ismnta@med above 30 vol.% to
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Table 4.5: FGB operating conditions at 90 kPa ab&ate pressure

Coal New Vaal Grootegeluk
Mid-bed temperature€C) 880-976 876-983
Residence time (min) 16.2-27.7 31.5-48.9
Fluidising velocity (m/s) 1.68-1.77 1.25-1.84
Oxygen in enriched air (vol.%) 37.2-38.7 30.7-38.6
Oxygen in total inlet flow (vol.%) 22.2-24.8 17.2:2
Oxygen, steam and air temperatli@)( | 275-299 248-294
Coal particle size (mm) 1.4-1.8 1.4-1.7
Fluidised bed height (m) 0.8-1.3 0.86-2.0

For each coal three temperatures and residencs tiaee selected within the limits

given in Table 4.5. The selected temperatures asdience times for each coal are

given in Tables 4.6 and 4.7.

Table 4.6: Temperatures and residence times seledtfor New Vaal coal

Residence time Mid-bed temperature (°C)
(min) 880 [(944) (943) (940Y] 976
16.2 Test 2
[(23.3) (23.4) (23.7)] Test 1 Test 3 Test5
27.7 Test 4

'Residence times for Tests 1, 3 and 5
2Temperatures for Tests 2, 3 and 4

Table 4.7: Temperatures and residence times seledtfor Grootegeluk coal

Residence time Mid-bed temperature (°C)
(min) 876 943 [(976) (983) (979)]
[(33.0) (33.4) (31.5)] Test 1 Test 2 Test 3
38.2 Test 4
48.9 Test5

! Residence times for Tests 1, 2 and 3
“Temperatures for Tests 3, 4 and 5
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For Grootegeluk coal more tests were done at a @emtyre of £+ 980°C and a
residence time of + 33 min since these conditioageveonsidered to be representative
of the conditions that would be used for the indakgasification of this coal. The
experimental designs given in Table 4.6 and 4.7lavtherefore not be suitable for
the development of a regression or empirical equoatising response surface
methodology (RSM). However, since the data willised to validate a fluidised coal
gasification model, in this case an RSM experimaiaign would not necessarily be

a requirement (De Souza-Santos, 2010).

The variation inmean coal particle siz€l.4 — 1.8 mm) shown in Table 4.5 resulted
from the crushing procedure (cone crusher) usegfeparing the samples received
from the mines (<20 mm). Since the gasificatioact®ns are controlled by the

chemical reaction rates and not diffusion contbfler particles less than 2.8 mm, the
variation in mean coal particle size is not expgdtehave a significant effect on the
results (Hansoet al, 2001; Yeet al.,1997).

A representative four-ton batch of Grootegeluk agas received from the mine near
Lephalale (Ellisras). After the coal had been cedslnd screened, it was used to
carry out the five tests listed in Table 4.7. Hoeefor New Vaal coal, two batches
of two tons were received from the New Vaal collieear Vereeniging. Tests 1 — 4
were conducted on Batch 1 and Test 5 was condoct&®htch 2. The variation in the
analysis of the two batches (Appendix D.2.15) waisaonsidered to be significant in

terms of obtaining parameters for a fluidised beal gasification model.

4.4.2 Oxygen and steam

Two tests using oxygen and steam as the gasificaiy@nts were carried out on the
New Vaal and Grootegeluk coals. The conditions usedthe tests are given in
Table 4.8.
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Table 4.8: FGB operating conditions at 90 kPa abdate pressure

Coal New Vaal Grootegeluk
Mid-bed temperature€C) 931 918
Residence time (min) 25.5 354
Fluidising velocity (m/s) 1.77 1.92
Oxygen in total inlet flow (vol.%) 19.8 19.0
Oxygen and steam temperatut€) 183 205
Coal particle size (mm) 1.2 2.1
Fluidised bed height (m) 0.79 1.32

The analysis of the coals used for the tests aetai Table 4.8 are given in Appendix
D.2.15.

4.5 Fluidised bed gasification test results and disission

4.5.1 Tests using oxygen-enriched air and steam e gasification agents

The results of the fluidised bed gasification testsNew Vaal and Grootegeluk coal
using oxygen-enriched air as the gasification agent presented in Tables 4.9 and
4.10 respectively. The values shown in these tahlesaverage values obtained
during 3 h of stable operation. Figures 4.7 andsth@v examples of the temperature
and gas concentration profiles during the testopefor New Vaal coal at 943C and
18.2 min residence time (Test 3). The temperatacegas concentration profiles for
Grootegeluk coal at 978C and 31.5 min residence time (Test 3) are given in
Appendix D.2.1.
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New Vaal: Test 3 Date: 12/10/2010
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Figure 4.7: FBG temperature profiles for New Vaaloal (Test 3)
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Figure 4.8: FBG gas concentration profiles for Newaal coal (Test 3)

102




CHAPTER 4 PILOT-SCALE FLUIDISED BED COAL GASIFICATION

Table 4.9: Fluidised bed coal gasification testsxdNew Vaal coal at 90 kPa

Test numbel 1 2 3 4 5
Mid-bed temperatur- T4 (°C) 88( 944 943 94( 97¢€
Char residence time (min) 23.3 16.2 23.4 27.7 23.7
Coal feedrate (kg/h) 32.2 32.2 32.2 26.9 32.2
Airflow (Nm*/h) 24.19 23.79 24.35 21.90 24.0
Steam flow (kg/h) 16.50 15.60 16.0 16.50 13.90
Oxygen flow (kg/h) 8.9 9.0 9.2 8.7 9.9
Oxygen in enriched air (vol.%) 37.2 37.5 37.5 38.2 38.7
Oxygen in total inlet flow (vol.96) | 22.2 22.8 22.8 22.0 24.8
Total inlet flow temperature (°C) 281 275 299 281 852
Stoichiometric molar ratio 0.36 0.36 0.37 0.41 0.43
Steam: carbon molar ratio 0.78 0.73 0.75 0.93 0.73
Coal particle size (mrf) 1.80 1.6 1.40 1.7 1.70
Minimum fluidising velocity (m/s) | 0.20 0.17 0.12 0.13 0.18
Fluidising velocity (m/s) 1.68 1.73 1.77 1.69 1.73
Lower bed temperature - T1 (°C) 908 965 958 958 | 97 9
Gasifier exit temperature - T9 (°C) 735 730 762 374 757
Dry gas composition

CO (vol.%) 16.6 19.9 194 18.9 19.1
H> (vol.%) 24.0 24.3 23.9 24.2 22.5
CH, (vol.%)) 1.3 1.1 1.0 1.0 1.0
CO; (vol.%) 20.7 18.8 19.1 20.3 20.2
N, + others (vol.%)’ 37.3 35.8 36.5 35.5 37.1
0O, (vol.%) 0.1 0.1 0.1 0.1 0.1
Dry gas calorific valuéMJ/Nnt) 5.74 6.12 5.96 5.93 5.77
Dry gas flowrate (Nrih) 51.8 53.1 53.3 49.3 51.7
Bed pressure drop (Pa) 1 905 1185 1868 1839 1 896
Dynamic bed height (f) 1.31 0.80 1.21 1.11 1.15
Char extracted from bed (kg/h) 6.10 5.64 4.81 4.40( 6.63
Carbon in bed char (wt.%) 13.70 7.20 4.40 3.21 2.50
Bed char particle size (mm) 0.90 0.81 0.65 0.69 10.8
Char elutriated to cyclone (kg/h) | 9.04 8.91 9.67 7.27 7.80
Carbon in cyclone char (wt.%) 24.70 23.24 22.66 789. | 14.90
Cyclone char patrticle size (um) 60 62 62 62 70
Char elutriated (%) 59.72 61.24 66.78 62.28 54.10
Fixed carbon conversidpo) 73.41 78.54 79.19 83.63 87.54
Total carbon conversion (%) 78.37 82.54 83.07 86.69 89.49
Cold gas efficiency (%) 53.81 58.75 57.48 63.31 58.75

! Oxygen concentration of the combined air and oryftmwv stream

20xygen concentration of the combined air, oxygeth steam flow stream

% Molar ratio of oxygen in the gasification agentighwrespect to that required for stoichiometric
combustion

* dso— 50% of the coal mass is less than thesite (PSDs are given in Appendix D.2.11)

® Others are < 0.5 vol.% and include3H COS, S@ NH;, HCN and G"

® (N, + others) by difference

" Pressure difference between P1 an@fA2is 130 mm above the distributor)

8 Expanded bed height at the operating fluidisingaiey
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Table 4.10: Fluidised bed coal gasification testsn Grootegeluk coal at 90 kPa

Test numbel 1 2 3 4 5
Mid-bed temperatur- T4 (°C) 87¢ 943 97€ 98: 97¢
Char residence time (min) 33.0 33.4 31.5 38.2 48.9
Coal feedrate (kg/h) 23.0 23.0 23.0 19.6 16.0
Airflow (Nm¥/h) 24.50 22.72 22.10 20.90 15.90
Steam flow (kg/h) 17.8 20.0 18.3 15.0 115
Oxygen flow (kg/h) 4.9 7.2 8.5 7.6 6.5
Oxygen in enriched air (vol.%) 30.7 35.3 37.8 37.0 38.6
Oxygen in total inlet flow (vol.96) | 17.1 18.6 20.8 21.6 22.7
Total inlet flow temperature (°C) 256 288 294 274 482
Stoichiometric molar ratio 0.32 0.36 0.39 0.42 0.42
Steam: carbon molar ratio 0.97 1.10 1.00 0.96 0.91
Coal particle size (mrf) 1.7 1.7 1.4 1.4 1.7
Minimum fluidising velocity (m/s) | 0.26 0.18 0.13 0.11 0.08
Fluidising velocity (m/s) 1.65 1.83 1.82 1.61 1.25
Lower bed temperature -T1 (°C) 908 958 999 1 003 998
Gasifier exit temperature -T9 (°C 747 810 808 768 | 752
Dry gas composition

CO (vol.%) 10.5 13.6 16.1 17.0 16.6
H> (vol.%) 14.8 18.6 18.6 20.7 20.9
CH, (vol.%)) 2.9 2.2 1.7 1.4 15
CO; (vol.%) 20.5 22.3 21.2 20.0 22.8
N, + others (vol.%)’ 51.2 43.2 42.3 40.8 38.1
0O, (vol.%) 0.1 0.1 0.1 0.1 0.1
Dry gas calorific valuéMJ/Nnt) 4.48 5.07 5.19 5.44 5.45
Dry gas flowrate (Nrih) 38.1 41.9 41.7 40.9 33.3
Bed pressure drop (Pa) 1964 1964 1816 1816 1816
Dynamic bed height (f) 2.0 1.96 1.72 1.25 0.86
Char extracted from bed (kg/h) 8.85 5.90 5.05 3.10| 3.27
Carbon in bed char (wt.%) 36.30 28.24 21.71 10.80 .504
Bed char particle size (mm) 1.35 1.05 0.88 0.70 205
Char elutriated to cyclone (kg/h) | 3.24 5.10 5.17 4.98 2.88
Carbon in cyclone char (wt.%) 49.00 40.10 35.51 7G0. | 32.40
Cyclone char patrticle size (um) 70 72 70 67 67
Char elutriated (%) 26.81 46.38 50.61 61.61 46.86
Fixed carbon conversidpo) 45.21 57.63 66.52 75.06 82.26
Total carbon conversion (%) 60.56 69.50 75.90 82.05 87.23
Cold gas efficiency (%) 34.69 43.19 43.91 52.96 53.03

Oxygen concentration of the combined air and oRryftgw stream
20xygen concentration of the combined air, oxygeth steam flow stream
% Molar ratio of oxygen in the gasification agentighwrespect to that required for stoichiometric
combustion
* dso— 50% of the coal mass is less than thesite (PSDs are given in Appendix D.2.11)
® Others are < 0.5 vol.% and include3H COS, S@ NH;, HCN and G"
® (N, + others) by difference
" Pressure difference between P1 an@fA2is 130 mm above the distributor)
8 Expanded bed height at the operating fluidisingaiey
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The shaded values given in Tables 4.9 and 4.10akcalated values and are based on
the measured values (unshaded values); the colgksasaare given in Table 2.3 and
Table D.2.1. The calculations and estimated emass®ciated with the calculations are

given in Appendix D.2.2 to Appendix D.2.10.

451.1 Fixed carbon conversion

The effect of temperature on the fixed carbon coiva for New Vaal and

Grootegeluk coals is given in Figure 4.9.

’ ——-New Vaal -®Grootegeluk ‘

100
Superficial gas velocity (m/s) : 1.65-1.82

1 Oxygen-enriched air and steam
1 Test5
O minutes‘/./‘
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70 1
Test 1
60 Test3

O
[e=]

50 4 =33 minutes

40 Test 1

Fixed carbon conversion (%)

30

20 T T " " ;
850 875 900 925 950 975 1000

Mid bed temperature (°C)

Figure 4.9: Fixed carbon conversion as a functioof temperature

Figure 4.9 shows that the fixed carbon conversiohieaed in the fluidised bed

gasifier pilot plant increases with temperature Hrat due to the higher reactivity of
New Vaal coal, the fixed carbon conversions wemghéi than those obtained for
Grootegeluk coal, despite the residence time blEwgr (23.5 min versus 33 min).

Tables 4.9 and 4.10 show that an increase in xleel tarbon conversion, produced by
the higher temperature, results in an increasharcold gas efficiency. Although the
higher temperature would tend to reduce the cofdafficiency due to sensible heat
losses, more chemical energy is transferred tayffseas a result of the higher fixed

carbon conversion giving a higher overall cold ghigiency.
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The effect of temperature on fixed carbon convers® compared with results
obtained by other investigators in Figure 4.10. Theasurements made by these
investigators were also taken at fixed residenoeegi for each study. Figure 4.10
shows that the other investigators also found that fixed carbon conversion

increases with temperature and the reactivity efcibal.

=e=Present study - NV =e=Present study - GG -m-Saffer et al. - anthracite
=4=Chatterjee et al. - coal Chaterjee et al. - coke =#=Ocampo et al. - coal
1
0.9 A

0.8 A
0.7 A
0.6 1
0.5 1 ;

0.4 4
0.3 A

0.2 A

Fixed carbon conversion (-)

0.1 A

0 T T T
800 850 900 950 1000

Bed temperature (°C)

Figure 4.10: Effect of bed temperature on fixed adon conversion found by

other investigators

Table 4.11 presents the slopeX(AT) of the fractional fixed carbon conversion as a
function of the temperature graphs obtained byrttiestigators shown in Figure 4.10.
It can be seen thatX/AT varies between 1.1 E -03 and 3.8 E -03 for theua coals
tested and that there is no clear relationship éetX/AT and coal reactivity or the

temperature range used for a particular investgati
The effect of residence time on fixed carbon cosieeris given in Figure 4.11, which

shows that the fixed carbon conversion in the fhdd bed gasifier pilot plant

increases when the residence time of char pariicldse gasifier is increased.
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Table 4.11: Slope of fractional fixed carbon verssitemperature graph

Investigator Fuel Temperature ax °ch
range (°C) AT

Present study — NV | Bituminous coal | 890-980 1.7 E-03
Present study — GG| Bituminous coal | 880-980 2.1 E-03
Safferet al Anthracite 840-930 2.0 E-03

Chatterjeeet al Bituminous coal | 850-945 3.1 E-03
Chatterjeeet al Coke breeze 820-900 3.8 E-03
Ocampceet al Bituminous coal 810-870 1.1 E-03

! New Vaal coal
2 Grootegeluk coal

100

—+-New Vaal

-#Grootegeluk

95 -
90 A
85 -

75 Test 2
70
65 1
60

Fixed carbon conversion (%)

55 1
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80 1 ‘.—JTCSt 4

Temperature = 980 °C

Temperature = 943 °C

Test 3

Test 3

10 15 20

25 30 35

40 45

Average residence time (min)
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Figure 4:11: Fixed carbon conversion as a functioof residence time

Figure 4:11 shows that the fixed carbon conversainthe lower reactivity

Grootegeluk coal can be increased to over 80%seifrésidence time is increased to

48.9 min. The higher fixed carbon conversion isyéweer, achieved at the expense of

plant thermal output since the residence time @ir ¢h the gasifier is increased by
decreasing the coal feedrate.
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Figure 4.11 also shows that, for New Vaal coal 42 9C and 27.7 min residence
time, a fixed carbon conversion of 83.7% was ole@i(Test 4). The residence time
was decreased to 23.4 min by increasing the coatrdite and maintaining a constant
bed height (Test 3), which had the effect of desirgathe fixed carbon conversion to
79.4%. For Test 2 on New Vaal coal, the residenoe twas decreased further to
16.2 min by decreasing the bed height and maimigiai constant coal feedrate. In
this case the fixed carbon conversion decreas&8.&%60, which is a smaller decrease
than expected. This could possibly be explainedhayfindings of Gururajan and
Agarwal (1992) and Yamt al(1998), namely that a large percentage of the fixed
carbon is converted in the lower part of the gasifiy the partial oxidation reactions.
The fluidised bed gasifier simulation model (Chaewill be used to explore further
the effect of bed height on the fixed carbon cosner.

The bed chars produced by the fluidised bed gasiere subjected to combined
petrographic, FTIR and XRD analysis (Oboirien, 20Ihe results show that some
of the clay minerals in the coal ash had decompassdilting in the formation of a
range of silicate and alumina-silicate mineralshi@ char. The presence of fayalite, a
low melting point silicate, was detected in Groaie§ char. The molten matter had
penetrated into some of the cracks and pores iohhes (Figure 4.12). These mineral
boundaries could have prevented the reacting gem®scoming into contact with the
carbon, thereby reducing the reactivity of the Gegeluk char as conversion
progressed. In addition to the physical effect baraeactivity, the molten minerals
can also react at the char-mineral interface, tiegulin a more ordered carbon

structure which is less reactive.

108



CHAPTER 4 PILOT-SCALE FLUIDISED BED COAL GASIFICATION

Figure 4.12: SEM image illustrating discrete agglmerate mineral distributions
in a Grootegeluk char

45.1.2 Calorific value of the gas

Figure 4.13 shows that when oxygen-enriched air atghm are used as the
gasification agents, a significant increase indalrific value of the gas is obtained
compared with when air and steam are used as #icgtion agents (Engelbrecht,
2008). This can be attributed to the reduced ditueffect of nitrogen on the gas
produced when oxygen-enriched air and steam arg asehe gasification agents.
Figure 4.14 shows that due to the higher calonftue of the gas, a stable high-
temperature flame was obtained when the gas wesdf(ew Vaal - Test 3). The air
and steam gasification tests produced an unstavetdmperature flame which

required frequent re-ignition by the operator.

It was shown above (Figure 4.9) that an increasbed temperature results in a
significant increase in the fixed carbon conversieigure 4.13 shows that the higher
fixed carbon conversion produced by the higher tnatpire translates into a much
lower percentage increase in the calorific valuéhefgas. This can be ascribed to the
fact that a large fraction of the energy conteatqgfic value) of the gas is produced

from the volatile matter in the coal, which is nelated to the fixed carbon

conversion. Higher bed temperatures also incrdasesénsible heat in the gas and
therefore less heat is available as chemical enevhich is required to increase the

calorific value of the gas.
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Figure 4.13: Calorific value of the gas as a funitin of bed temperature

Figure 4.14: Flaring of gas produced by the fluidBed bed gasifier
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A higher fixed carbon conversion therefore increabe thermal output of the gasifier
through an increase in the gas flow, gas temperatnd, to a lesser extent, through a

higher gas calorific value.

The effect of bed temperature on the gas calonfadue obtained by other
investigators is presented in Figure 4.15. Thestdshe by Chatterjest al. (1995) on
coke breeze, which has a low volatile matter canf&® wt.%), show that an increase
in temperature (fixed carbon conversion) producesigaificantly higher percentage
increase in the calorific value of the gas compavét the tests conducted on coal.
This supports the conclusion that the volatile erait bituminous coal produces a

large percentage of the chemical energy of the gas.

=+~Present study - NV -=Present study - GG Saffer et al. - anthracite
Chaterjee - et al. coal —=Chaterjee et al. - coke
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Figure 4.15: Gas calorific values as a function dfed temperature (results from

the literature)
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45.1.3 Bed temperature distribution

The temperature variation in the fluidised bed figasas a function of height above
the distributor is given in Figure 4.16 for thetsesn New Vaal coal. The temperature
variations for the tests on Grootegeluk coal, wtraoh similar to the variations found
in New Vaal coal, are given in Appendix D.2.14. Wig 4.16 shows that the
temperature in the lower part of the bed (< 200 rmhjigher than that in the middle
and at the top of the bed. This is due to the lughcentration of oxygen and the
resulting high rate of the char combustion reactiothe lower part of the bed. The
temperature increase at 1 000 mm above the distrilcould be due to the air that is
injected through the feeder (Appendix D.1.1). Fgut.16 also shows that the
temperature at the top of the fluidised bed gas{ii®) is £ 175 °C lower than that in
the mid-bed (T4). The fluidised bed gasifier's higttio of surface area to volume
results in high heat losses, which is unfortunatelgisadvantage suffered by most
small fluidised bed pilot plants. Large-scale fis@tl beds have a smaller difference
(= 30 °C) between the bed and freeboard tempematsiree the heat losses are a

much lower percentage of the total heat input.
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Figure 4.16: FBG temperature as a function of gaer height for New Vaal coal
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Tests carried out using air and steam as the gasdn agents (Engelbrecht, 2008)
showed that for temperatures above 1 T®D in the lower part of the bed,

agglomeration, clinkering and de-fluidisation oéthed had occurred. The difference
between the mid-bed temperature and the lower batpdrature increases when
larger particles (> 6 mm) segregate and fall totb#om of the bed. These particles
are not well fluidised and do not move rapidly bedgw the bottom and the top of the
bed. The temperature of the larger particles irsggasince they are not cooled by
moving higher up in the bed where the gasificatieaction takes place, no oxygen is
present and the temperature is lower (Rhemat amdnda 1980). When the larger
particles reach temperatures approaching the astnfeemperature of the coal, they
can agglomerate, resulting in de-fluidisation o thed. High temperatures in the
lower part of the bed can also be produced by loigygen concentrations (> 30

vol.%) in the gasification agent mixture (air, ogygand steam) that is fed to the
gasifier (Weimer and Clough, 1980).

For the 10 tests carried out on New Vaal and Gget coal using oxygen-enriched
air and steam as the gasification agents (Tablesadd 4.10), agglomeration and
clinkering of the bed was avoided by taking théofeing precautionary measures:

* The lower bed temperature was maintained below01’G0

» Feed coal particles larger than 4 mm were remoyestieening.

« The oxygen concentration of the gasification agemtgure (oxygen, air and
steam) was maintained below 25 vol.%.

* The fluidising velocity was maintained above 1.258.m

45.1.4 Thermal fragmentation and attrition of char

The New Vaal and Grootegeluk coals were screeneehtove coal particles less than
0.7 mm and greater than 4 mm in size (Appendic&sll.and 12) prior to feeding
into the fluidised bed gasifier. Tables 4.9 andO4dghow that due to thermal
fragmentation and attrition of the coal in the @asi a fine char fraction (0 -

0.25 mm) is produced which is elutriated from thsifier and captured in the cyclone

(cyclone char). The amount of cyclone char produgated between 27% and 67%
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of the total char produced. Factors that affectdieone char production are coal
properties such as the Hardgrove grindability indelG1) and conditions in the
gasifier such as temperature, residence time aitiding velocity. The values for the
char elutriated, as shown in Table 4.12, are tleeame values of the five tests on New
Vaal and Grootegeluk coal detailed in Tables 4@ 440. Table 4.12 shows that for
approximately similar average operating conditiamsl feed coal particle sizes, a
larger percentage of the char was elutriated indhge of New Vaal coal. This
indicates that New Vaal coal is more prone to ttrfragmentation and attrition,

which is consistent with the difference betweenHii&s of the two coals.

Table 4.12: Effect of HGI of coal on char elutriaed from the FBG

Coal New Vaal Grootegeluk
Bed temperatur€C) 937 951
Fluidising velocity (m/s) 1.65 1.61
Average coal particle size (mm) 1.64 1.58
Bed char particle size (mm) 0.77 0.90
Cyclone char particle size (um) 57.2 69.2
Hardgrove grindability index (HGI) 66 47
Char elutriated (%) 60.8 46.4

45.1.5 Bed and cyclone char properties

It is necessary to know the properties of the bed eyclone chars produced by
fluidised bed coal gasifiers in order to exploretgmbial disposal and utilisation
options for these chars. Utilisation options in@udpplications in construction,
agriculture and energy recovery. Due to the high@a content of the chars produced
by fluidised bed gasifiers, the properties thal i discussed here are those relating
specifically to the utilisation of the char in condbion and gasification applications
for energy recovery. From Table 4.13 it is cleattbnly a few of the selected studies
given in Table 4.1 (from the literature survey) @éattempted to characterise the char

produced by fluidised bed gasifiers, and only leditlata have been reported.

Xiao et al (2007) characterised chars produced from a prisssu pilot-scale

fluidised bed gasifier. Figure 4.17 shows a SEMdgenaf bed char produced during
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the gasification of a bituminous coal. The reporsedface area of the char was 178
m?/g, which was 54 times larger than the surface aféae coal (3.26 fig).

Table 4.13: Fluidised bed gasifier char propertieseported in the literature

Char Bed char Cyclone char
Investigators elutglated Carbon | Size | Surface | Carbon | Size | Surface

(%) content | (mm) | area | content| (mm) | area

(Wt.%) (m%g) | (wt.%) (m%g)

Xiao et al. 41-62 22-39 1.0 178 42— 57 0.1 N/R
Bhattacharya | N/R N/R 1.0 N/R N/R 0.04| N/R
Huanget al. 96 25-70 1.25| N/R N/R 0.2 N/R
Guterriezet al. | 22—79 N/R N/R N/R 29-80 N/R N/R

N/R

Not reported

oy |
AccV Spot Magn Det WD |—— 200 pm

200kV 4.0

100x

SE 53

Figure 4.17: SEM image of gasifier bed char prodwed by Xiao ef a/. (2007)

The char produced by the fluidised bed gasifier wambusted in a pilot-scale

fluidised bed combustor and a combustion efficierdygreater than 99% was

reported. The high combustion reactivity of therolwas attributed to its high surface

area which was formed in the fluidised bed gasifier
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Carbon content of char

Tables 4.9 and 4.10 show that the carbon contetiteoélutriated char (cyclone char)
is significantly higher than that of the bed champossible explanation for this is that
the small particles (< 250m) that are generated as a result of thermal fragatien

and attrition are entrained to the freeboard aab@\(e the bed) of the fluidised bed
gasifier. The conversion rate (dX/dt) of the chartigles in the freeboard is lower

than that of the char particles in the bed since:

there is little or no oxygen present in the freetdpa

» the concentrations of G@&nd HO in the freeboard are lower than in the bed
resulting in lower gasification reaction rates,

» the concentrations of CO and ke higher, which inhibits (decreases) the
gasification reaction rates,

* the temperature of the freeboard is lower

* and the residence time of particles in the freedb@aalower than the residence

time of particles in the bed.

In many situations the generation of fines duehtrrhal fragmentation and attrition
therefore limits the maximum carbon conversion t&at be achieved in a fluidised
bed gasifier. Test 5 on New Vaal coal illustratesvhchar attrition and fines
generation limit the maximum carbon conversion ttaat be achieved in a fluidised
bed gasifier. Table 4.9 shows that due to the higdnmperature and residence time
used for Test 5, the carbon content of the bed ishar5 wt.% and the fixed carbon
conversion is 87.5%. In order to increase the figadon conversion further it would
be necessary to reduce the carbon content of ykesH (14.9 wt.%) since the carbon
content of the bed char is already very low. Duéhtolower char gasification rate in
the freeboard, increasing the bed temperature hadresidence time further would

have little effect on the carbon content of thedgh.

In order to increase the gasification rate in tteelboard, Grabneat al. (2009) and
Bringel et al (1989) injected oxygen into the freeboard of fasifier. Since the

oxygen is more likely to react with gas rather thath the char, oxygen injection will
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increase the freeboard temperature and decreasmlibréfic value of the gas. This
method is therefore not expected to increase tkedficarbon conversion and
gasification efficiency significantly since the cafic value of the gas will be lower

and the sensible heat losses in the gas will beehig

The investigations of Xia®t al (2007) and Bhattacharya (2006) were aimed at
addressing the fines-generation problem by recgcline char collected by the
cyclone back to the gasifier. The effectivenesthisf method is questionable since the
recycled fines will be rapidly elutriated to thedéboard where the conversion rate is
low, as explained above. Recycling of the finesh® bottom of the bed where the
oxygen concentration and temperature are high coeld more effective solution to
the problem. The distribution of fines to the lovpart of the bed and their retention
there could, however, be difficult to implementrtmaularly on a large-scale bubbling
fluidised bed gasifier. Effective recycle of charels to the bottom of the bed could be
easier to implement on a circulating fluidised lgasifier design (Figure 1.6). The
high fluidising velocity (7 — 11 m/s) increases th&ing rate and distribution of the
recycled char fines in the combustion zone of thsifger, thereby increasing their

conversion rate.

Char density and size

The densities of the cyclone and bed char aregul@tainst the carbon content of the
char in Figures 4.18 and 4.19. It can be seernthieatiensity of the bed char increases
with a decrease in the carbon content. Howeverthfercyclone char no increase in
density is observed. The bed chars were subjectedrnbined petrographic, FTIR
and XRD analysis (Oboirien, 2011). The results skimat some of the lower-melting-
point minerals (clay minerals) had melted and paned into the cracks and pores in
the chars. Since the low-carbon bed chars wereupssiwhen higher temperatures
and residence times were used, this could explerhtgher density of these chars.
The density of the cyclone chars did not increaséower carbon content, which
supports the above conclusion since the cyclonescr@ entrained to the freeboard
area and are therefore subjected to lower tempesatund residence times.
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Figure 4.18: Char densities and particle sizes (MeVaal coal)
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Figure 4.19: Char densities and particle sizes (@&otegeluk coal)

The variation in bed char density with carbon conhteas implications for the design
and operation of fluidised bed coal gasifiers sitto® minimum fluidising velocity

(Uny) is affected by the density of the bed char. Thplications in the case of New
Vaal coal would be more important because highet blear densities are not

associated with a significant decrease in the plaaticle size (Figure 4.18). In the
118



CHAPTER 4 PILOT-SCALE FLUIDISED BED COAL GASIFICATION

case of Grootegeluk coal, higher bed char densttiesassociated with a significant
decrease in particle size (Figure 4.19), which watdunteract the effect of higher

bed char density on the calculated minimum flurdisvelocity.

4.5.2 Tests using oxygen and steam as the gasificatagents

Two further tests were carried out on New Vaal &rdotegeluk coal using only
oxygen and steam as the gasification agents, witheuaddition of air. The objective
of the two tests was to investigate the effect sihg oxygen and steam as the
gasification agents on the fixed carbon conversind gas calorific value compared
with using oxygen-enriched air and steam as théig@son agents. The results of
these additional tests are given in Table 4.14.t€kts were carried out on batches of
coal of which the analysis (Appendix D.2.15) diffdrslightly from that of the coals

used for the tests with oxygen-enriched air andrstas the gasification agents.

4521 Fixed carbon conversion

Table 4.14 shows that for Grootegeluk coal a highexd carbon conversion was
obtained when oxygen and steam were used as tiiea#sn agents compared with
the use of oxygen-enriched air and steam (Tabl@, 4.&st 2). This could possibly be
attributed to the higher steam concentration ingasifier during oxygen and steam
gasification compared with oxygen-enriched air atehm gasification. In the case of
New Vaal coal, the higher steam concentration m ghasifier did not produce an
increase in the fixed carbon conversion (Table ekt 2), which indicates that the
maximum fixed carbon conversion is limited by thaldragmentation and attrition of

coal in the gasifier.

45272 Gas calorific value

Due to the absence of nitrogen, the dry gas calordlue was higher when oxygen
and steam were used as the gasification agentsazethpvith oxygen-enriched air
and steam. A dry gas calorific value of 10.9 MJANf, — 43 vol.%, CO — 18.2
vol.%, CH, — 8 vol.% and C®- 26.4 vol.%) was obtained by Rhinehaedtal
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(1987), who carried out fluidised bed gasificatiests on West Texas lignite using
oxygen and steam as the gasification agents. Tdteehigas calorific value obtained
by these researchers can be attributed to the ihalfae reactivity and volatile matter

of the West Texas lignite that was used.

Table 4.14: Summary of fluidised bed gasificatiomests using oxygen and steam

Coal tested New Vaal Grootegeluk
Mid-bed temperature (°C) 931 918
Char residence time (min) 25.5 35.4
Coal feedrate (kg/h) 29.4 22.8
Airflow (Nm¥/h) 0.00 0.00
Steam flow (kg/h) 33.0 36.6
Oxygen flow (kg/h) 14.5 15.3
Oxygen and steam temp. (°C) 183 205
Oxygen in total inlet flow (vol.%) 19.80 19.00
Stoichiometric molar ratio 0.40 0.40
Steam: carbon molar ratio 1.76 2.03
Coal particle size —gd (mm) 1.2 2.1
Fluidising velocity (m/s) 1.77 1.92
Lower bed temperature (°C) 944 979
Gasifier exit temperature (°C) 752 740
Dry gas composition

CO (vol.%) 21.4 21.7
H, (vol.%) 34.2 32.6
CH, (vol.%) 1.3 4.9

CO; (vol.%) 36.2 39.5

0, (vol.%) 0.1 0.1

N, + others (vol.%) 6.3 0.3
Gas calorific value (MJ/Nfi 7.68 9.05
Dry gas flowrate (Nrih) 33.77 26.22
Bed pressure drop (Pa) (P1-P2) 2180 2 050
Dynamic bed height (m) 1.25 2.11
Char extracted from bed (kg/h) 4.10 5.81
Carbon in bed char (wt.%) 4.20 24.40
Bed char particle size (mm) 0.3 1.1
Char elutriated to cyclone (kg/h) 9.65 4.33
Carbon in cyclone char (wt.%) 17.60 29.80
Cyclone char patrticle sizaif) 78 48
Char elutriated to cyclone (%) 70.18 42.70
Fixed carbon conversion (%) 81.57 66.70
Total carbon conversion (%) 85.05 77.41
Cold gas efficiency (%) 56.69 49.09
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The effect of oxygen concentration in the ‘air’ the dry gas calorific value is given
in Figure 4.20. The calorific value of the gas whanand steam are used as the
gasification agents was obtained from Engelbre2B08). Figure 4.20 shows that
when the air is enriched to + 36 vol.% oxygen (1&atichment), the calorific value
of the gas increases from + 3.0 MJ/Nto + 5.5 MJ/Nm, which is an increase of
83.3%. When oxygen and steam are used as the cgéisifi agents (100%
enrichment), the calorific value of the gas incesafurther to + 8.46 MJ/Nfwhich

is a 180% increase. The optimum level of oxygencament, which could be less
than 100%, will therefore depend on the eventulisation option chosen for the gas,
such as for combustion in gas turbines for eletgrgeneration or as synthesis gas for

the production of liquid fuels and chemicals.
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Figure 4.20: Dry gas calorific value as a functiomf oxygen enrichment

4.6 Summary of pilot-scale fluidised bed coal gagiftion tests

Pilot-scale bubbling fluidised bed gasificationtsewere conducted on two high-ash
South African coals at temperatures between 88®M&8AAC and an absolute pressure
of 90 kPa. Tests were carried out using both oxyageiched air and steam, and
oxygen and steam as the gasification agents. S¢misliéication was achieved for all

the operating conditions selected for the tests.
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The results of the tests show that the fixed cadmversion obtained in the gasifier

increases with:

e bed temperature,
e steam concentration of the reacting gases,
e residence time of char in the bed

* and reactivity of the coals tested.

An increase in fixed carbon conversion producedvaihcrease in calorific value of
the gas at a constant oxygen-enrichment level. iBhatributed to the large fraction
of the energy content of the gas (calorific valtiegt is produced by the volatile
matter in the coal, which is not related to fixeahon conversion. An increase in the
oxygen-enrichment level of the air produced a s$iggt increase in the calorific
value of the gas, which was attributed to the redutilution effect of nitrogen at the

higher oxygen-enrichment levels.

The temperature distribution in the bed showed thatemperature in the lower part
of the bed is higher (£ 50C) than the temperature at the top of the bed. iEhisie to

the high concentration of oxygen and the resulhigh rate of the char combustion
reaction in the lower part of the bed. Agglomenatand clinkering of the bed were

avoided by implementing the following precautionargasures:

* The lower bed temperature was maintained below01°G0
» Coal particles in the feed larger than 4 mm weneaeed by screening.

* The oxygen concentration of the gasification agemtgure (oxygen, air and

steam) was maintained below 25 vol.%.

» The fluidising velocity was maintained above 1.25.m

Due to thermal fragmentation and attrition, fin@rcfO — 0.25 mm) is produced which
is elutriated from the gasifier and captured in ¢iyelone. The amount of fine char
that is produced depends on the coal propertiet) aa the Hardgrove grindability
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index (HGI), and the conditions in the gasifiercisuas the temperature and the

fluidising velocity.

The carbon content of the elutriated char (finerclsasignificantly higher than that of
the bed char since the fine char is elutriatedht fteeboard of the fluidised bed
where the conversion rate of the char particldswser than in the fluidised bed for

the following reasons:

* There is little or no oxygen present in the freedoa

* The concentrations of G@nd HO in the freeboard are lower than in the bed,
resulting in lower gasification reaction rates.

* The concentrations of CO and, ldre higher, which inhibits (decreases) the
gasification reaction rates.

» The temperature of the freeboard is lower.

» The residence time of particles in the freeboatdweer than that in the bed.

In many situations the generation of fines duehtrrhal fragmentation and attrition
limits the maximum carbon conversion that can bdeea®d in a bubbling fluidised

bed coal gasifier.

Density measurements carried out on the bed chéiclpa produced by the gasifier
show that the density of the char particles inaeass their carbon content decreases.
Petrographic, FTIR and XRD analysis of the charswad that due to the higher
temperature to which the low-carbon chars were sggosome of the lower-melting-
point minerals (clay minerals) had melted and pabed into the cracks and pores of

the chars, thereby increasing the density of tlae phrticles.
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4.8 Chapter 4 and Appendix D nomenclature

Ag

Ae

C

Cash

Cac

Cec

Cq

Ciixed
Crixepcon

CroTaLcon
CVcoal

CVgas

Gec
Gehar
Geoal
Goz

Gsteam

Hp

Nans
nC

gasifier bed area

char elutriated to cyclone

carbon in coal

ash in coal

carbon in bed char

carbon in elutriated char

nozzle discharge coefficient

fixed carbon in coal

fixed carbon conversion

total carbon conversion

calorific value of coal

calorific value of gas

char particle diameter/coal particle size
mean particle diameter

pipe diameter

gravitational constant

bed char flowrate

elutriated char flowrate

char feedrate to gasifier

coal flowrate

oxygen flowrate

steam flowrate

dynamic bed height

distance from distributor to pressure probe
steam:carbon molar ratio

bed mass above pressure probe - P1
bed mass below pressure probe - P1
total bed mass

nitrogen in coal

dry gas flowrate

elemental carbon molar flowrate
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%
wt.%
wt.%

wt.%

wt.%

wt.%
%
%
MJ.Kg
MJ.Nh
m or mm

m or mm

rt.s
kg'h
kg'h
kd.h
kg
kgth
kgh

kg
kg
kg
wt.%
Nirh
mdl.h
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nEAIR oxygen and air molar flowrate mot.h
nH elemental hydrogen molar flowrate mdl.h
nHO steam molar flowrate moth
NINLET oxygen, air and steam molar flowrate mol.
no; oxygen molar flowrate mol’h
nO elemental oxygen molar flowrate mdl.h
nS elemental shulphur molar flowrate mdl.h
O:Cur oxygen:carbon molar ratio -

@] oxygen in coal wt.%
Oear oxygen concentration of enriched air vol.%
ONLET oxygen concentration of total inlet flow vol.%
P1 gasifier bottom pressure Pa
P2 gasifier top pressure Pa
Ps gasifier pressure kPa
Quir air flowrate Nriht
Quotal total gas flow at bed conditions 3t
NQotal total gas flow to the fluidised bed Rinrt
S sulphur in coal wt.%
T1 bottom bed temperature °C
T4 mid-bed temperature °C

T9 gasifier exit temperature °C

Th bed temperature °C

Ts fluidised bed temperature °C

U superficial gas velocity in the bed th.s
Unnt minimum fluidising velocity m5

Uy terminal falling velocity m5

% gas velocity through holes in distributor nezzl m.s"
VcHa CH, concentration of the gas vol.%
Vco CO concentration of the gas vol.%
V2 H, concentration of the gas vol.%
VHos H,S concentration of the gas vol.%
X fractional conversion of fixed carbon in coal -
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Greek letters

€ bed voidage at bed velocity -

€e expanded bed voidage -

T residence time of char in the gasifier min
%] diameter m
Ddur stoichiometric molar ratio -
APg bed pressure drop Pa
APp distributor pressure drop Pa
0 angle of repose °
Nee cold gas efficiency %

M gas viscosity kgts®
Pehar char density kg.th
Py gas density kg
AXIAT slope of the X vs. T graph “C
Acronyms/Abbreviations

BS British Standard

C,' ethane and higher hydrocarbons

CSIR Council for Scientific and Industrial Resgar

Cv calorific value

FBC fluidised bed combustion

FBG fluidised bed gasifier

FD Forced draught

FTIR Fourier transform infrared

GG Grootegeluk

HGI Hardgrove grindability index

ID Induced draught

IGCC Integrated gasification combined cycle

LCV Low calorific value

LPG Liquefied petroleum gas

N/R not reported

NV New Vaal
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OTH other gases

PSD particle size distribution

RSM response surface methodology
SEM scanning electron microscope
SO sulphurous oxides

SS stainless steel

WGSR water-gas shift reaction

XRD X-ray diffraction
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CHAPTER 5 FLUIDISED BED COAL GASIFIER
MODELLING

51 Introduction

In this chapter the modelling of fluidised bed cgasifiers is investigated. Section 5.2
reviews selected fluidised bed coal gasificationdeiling studies that have been
reported in the literature. In Section 5.3 the dgwment of a fluidised bed coal
gasifier rate model, its predictive capability aamgplication are described. Finally, a

summary of the modelling of fluidised bed coal §jass is given in Section 5.4.

52 Literature review

Efforts at modelling fluidised bed coal gasifietarted in earnest in the early 1980s
and are well documented in the literature. The psepof the development of

fluidised bed coal gasifier models is to assishwit

* Analysis and optimisation.
» Design and scale-up.

e Operation and control.

Fluidised bed gasifier models that have been deeelqwith increasing degree of
complexity) are mass and energy balance modelsilimgum models and rate
models. Although rate models require more time effdrt to develop they have
enhanced predictive capability, since equationgrde#ag the various rate process
taking place in the gasifier such as chemical reacheat transfer and mass transfer

are included in the model.

5.2.1 Models reported in the literature

Tables 5.1, 5.2 and 5.3 present summaries of tndifed bed coal gasification
modelling studies that have been reported in teealiure. Tables 5.1 and 5.2 show a
summary of the sub-models that have been usedstwide the various rate processes
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that occur in the gasifier, and Table 5.3 givesimmary of the predictive capability
of the models. Fluidised bed coal gasifier modettide sub-models for:

e Fluidised bed hydrodynamics.

» Coal devolatilisation.

* Rates of homogeneous and heterogeneous chemictbrea
* Rates of heat and mass transfer between phases.

* Fragmentation, attrition and elutriation of char.

The sub-models have associated parameters thdiecastimated by means of pilot
plant or thermogravimetric analyser tests. In addito the sub-models given above,

fluidised bed coal gasifier models also includerallanass and energy balances.

5.2.1.1 Fluidised bed hydrodynamics

A hydrodynamic model is required to describe tlmvflpattern of gases and solids
(mixing) in the gasifier. The flow pattern influeesthe rates of heat and mass transfer

between gases and solids in the fluidised bed.

Table 5.1 shows that the majority of the modellessd the Davison and Harrison
(1971) model to describe the hydrodynamic behaviduhe bubbling fluidised bed.

The Davison and Harrison (1971) model is based han ttvo-phase theory of

fluidisation, which assumes that the bed consiktsvo phases, namely the emulsion
phase (dense phase) and the bubble phase (dil@ge)phThe emulsion phase,
containing all the solids, remains at incipient rfimum) fluidisation conditions and

all gas in excess of that required to maintainpieeit fluidisation condition passes
through the bed in the bubble phase.
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Table 5.1: Summary of selected fluidised bed coghsification modelling studies — Sub-models |
Bubbling bed S Heterogeneous reactions Homogenous reactions
. ; Devolatilisation e
Investigator Year | Country hydrodynamic model Char Char gasification WGSR* Gas
model combustion H,0! CO,’ H,° combustion
Chejne 2010 | Colombia Two-phase - DH N/R Edton Roberts Roberts Roberts Biba Vilienski
Snider 2010 USA CPFD N/R Yoon Wen Wen Wen Bustamante  Not incl.
Yu 2006 | China TFM & KTGF N/R Eaton Johnson N/R Johnson Biba Vilienski
Ross 2005 | Australia)] Two-phase- DH| Loison La Nauze Johnson Ye Johnson Karim, Wen aiasl
Chejne 2002 | Colombia Two-phase- DH N/R Eaton Johns | N/R Johnson Biba Vilienski
Hamel 2001 | Germany| N/R Anthony Hobbs Hobbs NR Hobbs | Chen Jensen
Yan 2000 | Australia| Two-phase - DH Loison La Nauze| Johnson Ye Johnson Equilibriump  Haslam
Yan 1999 | Australia| Two-phase - DH Loison La Nauze| Johnson N/R Johnson Karim Haslam
Yan 1998 | Australia| Two-phase - DH Loison La Nauze| Johnson Not indi. Johnson Karim,Wen| Haslam
Lee 1998 | Korea Two-phase - DH Own correlatign  Rajan Kwon Not incl. Not incl. Chen N/R
Luo 1998 | Japan Three-phase -K|[LN/R Saito Matsui Matsui Not incl. Chen Notlinc
Chatterjee 1995( India Three-phase - KL Field Parker | Johnson Elliott Johnson Wen Not incl.
Ciesielczyk 1994 | Poland Two-phase - DH Not included | N/R Johnson Not incl. Johnson N/R Not incl.
Gururajan 1992 | Australiaj Two-phase - DH N/R N/R riin N/R Johnson Chen, Bibg N/R
de Souza-Santos| 1989 Brazil Two-phase - DH N/R Yoon Johnson N/R Johnson Biba Vilienski
Ma 1988 | USA Two-phase - DH Own correlation  Field hrdson Not incl. Johnson Karim, Weh  Haslam
Saffer 1988 | France Two-phase - DH Loison Hamor N/R N/R N/R. Yoon Not incl.
Neogi 1986 | USA Two-phase - DH Yeboah Biba Biba aBib Not incl. Equilibrium | Not incl.
Weimer 1980 | USA Three-phase - KL Loison N/R Mayers | Dutta Not incl. Karim Haslam
N/R:  Not reported
1 C+HO=>H+CO 6 Two-fluid model and kinetic theory of granular flow
2 C +CGg=>2CO 7 Davidson and Harrison
3 C+H =>CH 8 Not included
4  Water-gas shift reaction 9 Kunii and Levenspiel
5 Computational particle fluid dynamics 10 The names given in Tables 5.1, 5.2, 5.3 and 5edther first authors of the papers

that describe the correlations and models. Dedadgyiven in Chapter 5 references.
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Table 5.2: Summary of selected fluidised bed coghsification modelling studies — Sub-models Il anteatures

Net T Heat transfer Fines
- vear | Country ?Jegt]v?/zer?w Mass Particle - | Emulsiongas |  9eneration Iso or Solution
transfer ; i and non-iso method
phases emulsion bubble gas elutriation
gas
Chejne 2010 Colombia Included Babu Kunii Kunii Yate Non-iso ODE
Snider 2010 USA N/R N/R N/R N/R N/R N/R CFD
Yu 2006 China N/R N/R N/R N/R N/R Non-iso CDF
Ross 2005 Australial Included Sit N/R N/R Rhinehard Non-iso Finite element
Chejne 2002 Colombia Included Babu Kunii Kunii Wen Non-iso ODE
Hamel 2001 Germany N/R N/R N/R N/R N/R Non-iso ODE
Yan 2000 Australia| Included Sit N/R N/R Rhinattar Iso Finite element
Yan 1999 Australia| Included Sit N/R N/R Rhinehard Iso Finite element
Yan 1998 Australia| Included Sit N/R N/R Rhinehard Iso Finite element
Lee 1998 Korea Included N/R N/R N/R N/R Non-iso ODE
Luo 1998 Japan Not included KL Kunii Kunii Horio ols ODE
Chatterjee 1995 India Not included KL Kunii Kunii oNincluded Iso ODE
Ciesielczyk 1994 Poland Not included N/R N/R N/R RN/ Non-iso ODE
Gururajan 1992 Australig Included KL Kunii Kunii oincluded Iso ODE
de Souza-Santos 1989 Brazil Included Sit Gelperin| Kunii Wen Non-iso ODE
Ma 1988 USA Not included| Wen & Fan Ranz Kunii Ritiardt Non-iso Finite element
Saffer 1988 France Not included  Kobayashj N/R N/R /RN Iso ODE
Neogi 1986 USA Not included| Kobayashi N/R N/R N/R so | ODE
Weimer 1980 USA Not included KL Ranz Kunii Chen mNiso ODE
N/R Not reported
Non-iso Non isothermal
Iso Isothermal
CFD Computational fluid dynamics
ODE Ordinary differential equations
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Correlations used by modellers to estimate the mum fluidising velocity include
those by Geldart (1986) and Sit and Grace (198liptwhare given in Appendix
E.1.1.1

The gases in the bubble phase have been assunbeditioplug flow; however, the
gases in the emulsion phase have been modelledr eth a plug flow reactor
(Ciesielczyk and Gawdzik, 1994; Chatterpgdeal, 1995; Maet al, 1988; Yaret al.,
1999) or as a continuously stirred tank reactorTR)SGururajan and Agarwal, 1994;
Safferet al, 1988; De Sousa Santesal, 1989; Weimer and Clough980). In all
the models given in Table 5.1 the solids have lEssumed to be well mixed within
the emulsion phase. Figure 5.1 shows a schemadgrain representing the model
where all gases in both the bubble and emulsiorsgshare assumed to be in plug

flow, and the solids are well mixed within the esiah phase.

Bubble
phase |

r -]

Emulsion phase

< (Coal

Gases Heat | Gases ‘LHeat Solids

I Mass I Mass
€ — |

N

\ 4

I char

Fluidising gases

Figure 5.1: Schematic representation of the two-pse model of fluidisation

In a fluidised bed bubbles form as soon as thevgéscity exceeds the minimum

fluidisation velocity. The bubble diameter is orfethee most important parameters in
the modelling of the hydrodynamics of a fluidiseztilsince it affects the bubble rise
velocity, the bubble fraction of the bed, solidsimg, and mass transfer between the

bubble and emulsion phases. Due to bubble coalescehe bubble diameter
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increases as a function of height in the bed. Thgnty of the modellers used the
well-known correlation of Mori and Wen (1975) tdigsate the bubble diameter as a
function of operating variables and bed height. Toerelation of Mori and Wen
(1975) is given in equations (5.1) — (5.3).

The minimum bubble diameter is given by equatiat)(5

D,, =0.872f~eM " Ynt)jos (5.1)

nd
The maximum bubble diameter is given by equatioR)(5
Deu :1-64[AB(U_Umf)]O'4 (5.2)

The bubble diameter as a function of bed heighis(gjven by equation (5.3).

-0.3z
§

d, =Dgy —(Dgy —Dgolexp ) (5.3)

t

Gururajan and Agarwal (1994) used the correlatioDartonet al (1977) to estimate

the bubble diameter. These equations are giverppeAdix E.1.1.2

The rising velocity of bubbles in the bed is rethte the bubble diameter by equation
(5.4) (Davidson and Harrison, 1971).

U,=U-U_ +0.71(gq)*® (5.4)
The bubble fraction of the bed)(can be calculated by applying the two-phase theor
of fluidisation, which assumes that all gas in escef that required to maintain

incipient fluidisation condition passes through bael in the bubble phase.

A, (U-U_) =AU, (5.5)
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Solving fors gives:

5= mf (5.6)

When the bubble diameter increases to 60% of thdedmmeter (g the bubbles are

treated as slugs, and the rise velocity of thessiagralculated using equation (5.7)
(Ormistonet al, 1965). Since the bed diameter of pilot-scal@ited bed reactors is

often less than 0.5 m, slugs develop in the bedeaption (5.8) will give a better
estimation of the bubble fraction of the bed thguation (5.6).

U,=U-U,_ +0.35(gq)"*® (5.7)

5= mf (5.8)

The total bubble volume of the bed can be estimasaty equation (5.9).
Hb
Ve =Ag | "8(2).dz (5.9)

Substituting equations (5.4) and (5.6) gives thiewong equation for a bubbling bed:

Hp U_Um
Vo =Aq[ ____dz
° U-U,, +0.71(gd)

(5.10)

In equation (5.10) the bubble diametey) (©an be obtained as a function of bed height
(z) by using equation (5.3), which allows equati@10) to be integrated either

analytically or numerically.

The fractional bed expansion can be calculated ftoentotal bubble volume @

using equation (5.11).
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B, = ﬁ (5.11)

Table 5.2 shows that Gururajan and Agarwal (1994 et al (1998) and Rosst al
(2005) included the concept of net gas flow inte klydrodynamics of their models.
Net gas flow was included since the total gas v@lumthe emulsion phase increases
due to combustion and gasification reactions anbldélisation of coal particles.
The generated gas was assumed to flow from thesemnuphase into the bubble
phase, and Yan found that this flow is in the raofj@1% — 87% relative to the feed
gas rate. The large net gas flow rate can changédytdrodynamics of the bed and

thus affect the rates of heat and mass transferclest the phases.

More recently numerical methods have gained popwuler modelling the multiphase
gas-solid flows in fluidised beds. The model bydenet al. (2010) uses an extension
of the Eulerian-Lagrangian computational particluidd dynamics (CPFD)
methodology to model the hydrodynamics of a flledided gasifier, and Yet al
(2007) used the two-fluid model (TFM), includingetkinetic theory of granular flow
(KTGF), to model the gas-solids flows. Althoughdbanethods are an exciting new
field of growing importance, there is some doubtage and Abba, 2005) as to
whether they currently have better predictive cdpplbhan simpler methods/models
requiring less computational time, such as the péwase model of Davidson and
Harrison (1971).

52.1.2 Coal devolatilisation

Due to the relatively high content of volatile neat(20 — 45 wt.%) of bituminous,
sub-bituminous and lignite coals, the volatile rattas a significant influence on the
composition and flow of the gas produced by fluedided gasifiers when gasifying
these coals. A fluidised bed gasifier simulationdeldherefore needs to incorporate a
sub-model which predicts the composition and flofvgases and tars that are
produced during devolatilisation.
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The composition and flow of gases produced by theoltilisation of coal are
affected by the heating rate of coal particles, theximum devolatilisation
temperature, the gases in which devolatilisatiocucs; the pressure, particle size and
coal type. Due to the many complex reactions thauo during devolatilisation,
fluidised bed coal gasifier modellers have resottethe use of empirical correlations
to predict the composition and flow of gases preduby devolatilisation. Table 5.1
shows that the majority of the investigators udesl@mpirical correlation of Loison
and Chauvin (1964), which is given by equationZp.1

«, =0.157-0.868X,, +1.388(X, )
o, =0.201-0.469X,, +0.241(X,, )2

oo =0.428-2.653X,, +4.845(X,, )’ (5.12)

o =0.409-2.389X,, +4.554(X,, )2

2

X
X
X
Xgo, =0.135-0.90X,, +1.906(X,, )
X
X

= -0.325+7.279X,,, —12.880(X,, )’

It is surprising that the correlation of Loison a@tauvin (1964) has been used by so
many investigators — this correlation does notudelthe effect of temperature on the
composition of the volatiles and predicts a sigaifitly higher tar yield than would be
expected for a fluidised bed coal gasifier.

Table 5.1 shows that Lest al (1998) and Maet al (1988) developed their own
empirical correlations to predict the products efaatilisation which are applicable
to the coals that they used in their investigationscan be seen from these
correlations (Appendix E.1.2.1 and Appendix E.Jl.2tBat the gas yield and
composition are predicted as a function of gasi@enperature. Neogt al (1986)
used data developed by Yeboah (1980) for lllinots 8l coal, which is the coal they
(Neogi et al, 1986) used for their fluidised bed gasificatiexperiments and
modelling work. The composition of the volatiles asared by Yeboah (1980) for
lllinois No. 6 coal at temperatures between 800and 80C°C is given in Appendix
E.1.2.3.
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The models of Rosst al. (2005), Yanet al (1998), Saffeet al (1988) and Weimer
and Clough (1980) assume that the volatiles aredisdtibuted in the emulsion phase
following the assumption of well-mixed solids. Thessumption of uniform
distribution of volatiles in the emulsion phase mseto be justified since an
investigation by Rosst al (2000) has shown that 1.75 mm Bowman coal pa#dicl
require approximately 10 seconds for complete gailigiation in a fluidised bed at
950 °C. The investigation of Steiat al. (2000) shows that at typical fluidised bed
gasification conditions the vertical particle vetas are approximately 1 m/s, which
allows uniform distribution of volatiles throughotlte emulsion phase in a period of
10 seconds. Uniform distribution of volatiles inetlemulsion phase means that a
significant percentage of the volatiles will be somed by combustion in the lower
part of the bed where the oxygen concentrationigh.hlhe volatiles (KW and CO)
released into the upper part of the bed can inthleitrate of the gasification reactions

as will be discussed in Section 5.2.1.3.

The models of Maet al (1988), Gururajaret al (1992) and Saffeet al (1988)
assume that the volatiles are released instantalyeatl the top of the bed and
combine with the gases that are produced by thebastion and gasification in the
bed to produce the product gas stream. The assampfi instantaneous volatile
release at the top of the bed is questionablehawrs by the studies of Rogs al
(2000) and Steiet al (2000).

52.1.3 Rates of chemical reactions

As shown in Table 5.1, chemical reactions takiragelin a fluidised bed coal gasifier
consist of heterogeneous reactions and homogenesadions. Heterogeneous
reactions occur in the emulsion phase and homogenesactions occur both in the

emulsion and bubble phases of the fluidised bed.
Heterogeneous reactions

Heterogeneous reactions include reactions betwasesgand the carbon in the char
particles. Heterogeneous reactions that have bedoded by the majority of the

modellers are:
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C +¢0, > 2(1-¢)CO + (2¢ -1)CO; (5.13)
C + H0 >  CO+H (5.14)
C+CO > 2co (5.15)
C+2H, >  CHs (5.16)

Other modellers (Yaet al, 1999; Maet al, 1988; de Souza-Santos, 1989) have also
included the reaction of hydrogen and oxygen witipisur and nitrogen in the coal to
form COS, HS, NH;, NO and S@ These reactions are given in Appendix E.2.6.

Char combustion (reaction (5.13))

Although uncertainties still exist about many aspexf char combustion, the current
view of the char combustion mechanism is that orydifuses from the bulk gas to

the char surface where it reacts to form CO, whiedn burns in the gas phase
surrounding the char particle. Oxygen also diffusgeugh the pores in the char and
reacts on the interior surfaces of the char partithe combustion rate is therefore
likely to be controlled by film diffusion in the Bugas surrounding the char particle,
pore diffusion inside the char particle and reacba the exterior and interior surfaces

of the coal particle.

Fluidised bed combustors (FBCs) operate using cal/éeed ratios that are high
enough so that the only product of combustion is @@l the value of in equation

(5.13) is equal to 1. Fluidised bed gasifiers, haaveoperate using a lower air/coal
ratio (sub-stoichiometric) so that both CO and,@@ formed and the value ¢fin

equation (5.13) is within the range 0.5p<< 1 (Yan and Zhang, 2000). Due to the
uncertainty associated with the valuegofit is often treated as a fitting parameter in
many of the models given in Table 5.1; the valuegofs estimated based on
minimising the square of the errors between thesoreal and predicted values of

gasification performance variables.

The modelling studies of Yaet al. ( 1999) assumed that due to the relatively large
particle size of char used in fluidised bed gaatfan ( 0.5 — 3 mm) and the high rate
of the surface reaction, the rate of combustiochatr is controlled by film diffusion

and is equal to the mass transfer rate of oxygehdgarticle surface. The equations
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of La Nauze and Jung (1982), which are based on diffusion, were used to

calculate the char combustion rate.

Po
o, = oK, | ——=— 5.17

D u 1/3 d v 1/2
Kep = 2| 26, +0.6q — P P (5.18)
dp png HQS

The model of Meet al (1988) uses the rate expression proposed by Fi8BO) for

the combustion of bituminous and sub-bituminous| abers. The rate expression
includes a diffusion rate coefficient §kwhich depends on the rate of transport of
oxygen to the external surface area of the partaie a surface reaction rate
coefficient (k) which expresses the combined effects of chemieattivity and

internal pore diffusion.

ro, = Ko,Po, (5.19)
11,1 (5.20)
ko, ki K

0.75
= 0.00533(Te + 273} (5.21)
d,p | 1600
k, = 725200%— lergz?fsj (5.22)

Several modellers used Arrhenius-type expressidnthe form given in equation
(5.23) to calculate the char combustion rate. Thegeations would probably be
applicable to cases in which the surface reacs8omate controlling (smaller particles

at a lower temperature).
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ax_ k expi)Pn F(X) (5.23)
dd ° " RT T '

The models of Snideet al (2010) and Lucet al (1997) assume that the reaction
order (n) and the structural factor (F(X)) are ddqaaone. The models of Chejne and
Hernandez (2002), Yat al (2006) and Weimer and Clough (1980) include atrea
order but also assume that the structural facteqisl to one. The model of Leeal
(1998) includes both a reaction order and strutfacior. The structural factor used
by Leeet al (1998) is given in equation (5.24) and describesstructural change of

the particle according to the shrinking core model.
F(X) = (1-X)*? (5.24)

The values of kand E in equation (5.23) were obtained from liten& based on
thermogravimetric analyser tests done on the abalsthey were using or on coals
that were similar to the coals that they were usingsome cases,kvas used as a
fitting parameter in fluidised bed coal gasifier dets, i.e. the values of, kwere
estimated based on minimising the square of theremetween the measured and

predicted values of gasification performance vdesb

Char gasification

Char-steam gasification (reaction (5.14))

Table 5.1 shows that the majority of the modellesed the Johnson (1979) equation
to calculate the rate of the char-steam gasificateaction. Johnson (1979) used a
thermo balance reactor to measure the gasificaéims of bituminous coal chars over
a wide range of temperatures (797 — 1 097°C) and pressures (0.1 — 7 MPa) in gas
mixtures containing varying amounts of CO, £6,, H,O and CH. Equation (5.25)
gives the expression developed by Johnson to edéctihe char conversion rate as a

result of steam gasification.

& =k R (5.25)
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In equation (5.25),.fis the relative reactivity factor of the coal ch&(X) is a
structural factor that describes the effect of ot@mversion on the gasification rate
and k describes the effect of temperature and the pa@r@ssure of KO, CO and H

on the gasification rate. Expressions for F(X) &ndsed by Johnson (1979) are given
in Appendix E.1.3.1. Since the intrinsic surfaceash gasification rate of bituminous
coal chars is several orders of magnitude lower tthe@ combustion rate, Johnson’s
kinetic expression (equation (5.25)) does not ipoaate the effects of external and
intra-particle gas diffusion resistances. The iitng effects of CO and Hon the
steam gasification rate of coal chars are includeithe k term of equation (5.25) as

shown in Appendix E.1.3.1.

The relative reactivity factor (f is dependent on the reactivity of the char. Johns
(1979) recommended a correlation, based on theasinyfree carbon content of the
coal, the gasification temperature and pre-treatntemperature of the char to

estimate f, which is given by equation (5.26).

f=6.2Y.(1-VY,.)exg - 2240 1 _ 1 (5.26)
R (T T,
Most of the modellers, however, usedas fitting parameters in their models, since

equation (5.26) was developed using American bmwns coal chars and would not

necessarily be applicable to sub-bituminous caadslignites.

Other modellers (Luet al, 1997; Chejne and Hernandez, 2002; Hamel and Krum
2001) used Langmuir-Hinshelwood-type rate equatimnsalculate the char-steam

gasification rates. These equations have the form:

dX _ k HZOl[pHZO]
dt  1+k HzOZ[pHZO] +k H203[pH2] +k HzO4[pCO]

F(X) (5.27)

Equation (5.27) shows that due to the presencleeopartial pressure ofkand CO in
the denominator of the equation, the inhibitingeef§ of these gases have been taken

into account in the calculation of the char-steasifgcation rate. The disadvantage of
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this type of rate equation is that it has four peeters (k2o1 Kn202 Kuzosz and kios)
compared to the Johnson equation, which only has(iph The model developed by
Luo et al (1997) uses kinetic parameters determined by ilatsal (1985), using a
thermogravimetric analyser for ‘SS 5’ coal, whishone the coals they used for their

experimental and modelling work.

Lee et al (1998), Neogiet al (1986) and Weimer and Clough (1980) used the
Arrhenius equation similar to equation (5.23). Ts® of this equation, which does
not include the inhibiting effects of CO and,His questionable since many
investigations (Goyaét al, 1989; Njapha, 2003; Eversen al, 2006; Roberts and
Harris, 2007; Huangt al, 2010) have confirmed the strong inhibiting ef$ecf the
reaction products CO and; ldn the char-steam gasification rate.

Char-CQ gasification (equation (5.15))

Studies by Yeet al (1997) found that the char-G@asification rate (Boudourd
reaction) is significantly lower (3 to 10 timeskaththe char-steam gasification rate.
Due to the lower char-CQOgasification rate, reaction models used to cateuthe
char-CQ gasification rate usually do not account for exé¢rand internal particle
diffusion of CQ.

The models of Lueet al. (1997) and Chatterjeet al. (1995) use expressions of the
Langmuir-Hinshelwood type developed by Matstial (1987) and Elliott (1981)
respectively to calculate the char-£@asification rate. The general form of these
equations, which accounts for the inhibiting effecCO, is given by equation (5.28).

d_X _ kc021p<:o2
dt 1+ kco2 Pco + kCOz SpCOz

F(X) (5.28)

The models of Rosst al (2005), Yan and Zhang (2000), Neadial (1986) and
Weimer and Clough (1980) simply use first-ordee raquations of the Arrhenius type
(equation (5.23)) to calculate the char-Qfasification rate. The models of Ragsal
(2005) and Yan and Zhang (2000) use the exprestoaloped by Yet al (1998),

which includes a structural factor F(X) given byation (5.29). The models of Neogi
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et al (1986) and Weimer and Clough (1980) assume tlix) E 1, which is
questionable since it is well known that that tlmarcreactivity decreases with the

extent of conversion (X).
F(X) = (1-X) (5.29)

The exclusion of the inhibiting effect of CO fronmet rate expressions of an
atmospheric pressure model is not likely to havsigmificant impact on model
predictions since the rate of the char-s(gasification reaction is low and the CO-
inhibiting effect at low pressure is not as straagyin the case of the char-steam
gasification reaction (Muhleet al, 1985).

Several investigators (Yaet al, 1998; Leeet al, 1998; Ciesielczyk and Gawdzik,
1994; Maet al, 1988) did not include the char-g@eaction in their models. The
reason given is that the char-€@action is not an ‘independent reaction’. It is
interesting to note that Yan did include the ch&@:@eaction in later versions of his
model (Yanet al, 1999; Yan and Zhang, 2000).

H.-char gasification reaction (reaction (5.16))
Table 5.1 shows that the majority of the modellesed the Johnson (1979) equation
to calculate the rate of thextghar gasification (methanation) reaction. The farin

this equation is similar to the,B-char rate expression and is given by equatiB0}5.

=ik F (5.30)

The k; term in equation (5.30), which is different frohetk, term in equation (5.25),
is given in Appendix E.1.3.2

At pressures below 1 MPa (10 bar) the rate of thehdr reaction is several orders of

magnitude slower that the ,8-char reaction (Johnson, 1979). Modellers who
developed atmospheric pressure models @tes, 1998; Luoet al, 1997; Neoget
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al., 1986; Weimer and Clough, 1980) therefore didindude the H-char reaction in

their models.

Homogeneous reactions

Homogenous reactions are gas-gas reactions thatpiace in the interstitial gas
phase, the bubble phase and the freeboard of thdistd bed. Homogeneous

reactions that have been included by the majofith@ modellers are:

Water-gas shift reaction:
CO + HO %9 CO+H (5.31)

Gas combustion reactions:

CO+12Q > CO (5.32)
Ho+ 120 >  H0 (5.33)
CH,+20, >  2H0+CO (5.34)

Water-gas shift reaction (equation (5.31))

Table 5.1 shows that the majority of the modellessd the correlations of Karim and
Mohindra (1974) and Chest al (1987) to calculate the rate of the reversibléewa
gas shift reaction. The rate expression of Karird &ohindra (1974) is shown in
equation (5.35).

kW S|
Nwgs = kwgstCOCHZO _( K ? DJCCOZCHZ (5.35)
wgs
Kuges = (2.978E10)ex;{ - 44388) (5.36)
K wgs = ex;{— 4.33+ 45778) (5.37)

Positive values ofygs indicate that the forward reaction is taking placel negative
values favour the reverse reaction. At equilibriconditions, the value of.gsis equal
to zero. The rate expression of Cletral (1987) is given in Appendix E.1.4.1

147



CHAPTERS FLUIDISED BED COAL GASIFIER MODELLING

The models of Yart al (1998), Chatterjeet al (1995) and Mat al (1988) assume
that the water-gas shift reaction in the emulsibage occurs on the surface of the
char particles and that it is catalysed by irothi@ ash present in the char. A second
rate expression developed by Wen and Tseng (19@8)tmerefore included by them
to calculate the rate of the catalysed water-g#$ igdaction in the emulsion phase
(equation (5.38)).

Yu,Y
rWgsc = fwgskwgse(yco _HZ—COZJpatm (538)

y H,O0" ™ wgs

(5.39)

k wgse

= (1.26E11)ex;{13971j

In equation (5.38).uks is an adjustable parameter which is dependenh®madtalytic

activity of the ash in the coal.

The assumption of Neoget al (1986) that the water-gas shift reaction is at
equilibrium is questionable since the rate of tbaction in the bubble phase, which
accounts for the greater part of the gas volum@)(¥0l.%) in the reactor, is too low

(equation (5.35)) to reach equilibrium.

Gas combustion reaction

Table 5.1 shows that the rate expressions of Hagq/d®23) have been used
extensively in the literature to calculate the ratghe simultaneous combustion of
CO and H. The reactions given by equations (5.40) and (5x4é trimolecular and
the oxygen consumption rates are first-order wapect to oxygen.

o = KeoCeo Co, (5.40)
ry, =Ky, Cy,“Co, (5.41)
Keo = (2.4602E- 12).ex;{ ~ 21137, 24.744149T3 (5.42)

148



CHAPTERS FLUIDISED BED COAL GASIFIER MODELLING

Haslam (1923) found that in the temperature rar@i§e°’@ — 1 500°C the ratio of the
reaction rate constants is approximately equal38.0

k

— =0.35 (5.43)

Hs

Yanet al (1998) assumed that the combustion rate of Slequal to the combustion

rate of CO given by equation (5.40).

5.2.1.4 Interphase mass transfer and heat transfer
Mass transfer

In a fluidised bed coal gasifier reactants @bd HO) are transferred from the bubble
phase to the emulsion phase where they react Wilchar particles. The reaction
products (CO, Hand CQ) are transferred from the emulsion phase to thebleu
phase. The rate of transfer of the gaseous spewe@dy depends on the differences
between their concentrations in the bubble and siowiphases, the bubble velocity
and the bubble diameter. Smaller bubbles generbllye higher interchange
coefficients due to their larger surface area-thsve ratio.

Sit and Grace (1981) developed a correlation toutatle the interchange coefficient

between bubbles and interstitial gas in a bublflungised bed.

05
K,, = Yt 4D9‘5m;ub 65.44)
ad, ,

The molar transfer rate of speciekom the bubble gas to the emulsion gas is given
by equation (5.45).

n, =K, (C"-C°) (5.45)

Equations by Kunii and Levenspiel (1969) and Wed Ban (1975) have also been
used by modellers to calculate the mass interchaogéficient and are given in
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Appendix E.1.5.1. The equation of Kunii and Levaakfi1969) is an extension of the
two-phase model of Davison and Harrison (1971), iactlides a cloud phase at the
boundary of the bubble and emulsion phases. Thatiemqs allow for resistances in
series at the bubble and cloud boundaries.

Heat transfer

In fluidised bed gasifiers heat transfer occursvieen char particles and emulsion gas
and between emulsion gas and bubble gas. The taedfdr rates are required to

calculate the bubble and emulsion phase gas tempesas a function of bed height.

Particle-emulsion gas heat transfer
The heat transfer coefficient between burning pladi in a fluidised bed and the

emulsion gas can be obtained by the correlatiopgsed by Ranz and Marshall
(1952).

6.46)

p

2.0
h, = 2%
d

p

Bubble-emulsion gas heat transfer

The heat interchange coefficient between the bulalid emulsion gas can be
calculated using the equations derived by Kunii beenspiel (1969).

uU,,Cc k,Cc,,)°g"®
Hye = 4.{%} +5.8{( ’ dpgl)ZS 2 J (5.47)
b b

0.5
k. Cc
H,, = 6.7g Smio ol (5.48)
db
t 1,1 (5.49)
Hbe Hbc Hce

150



CHAPTERS FLUIDISED BED COAL GASIFIER MODELLING

5.2.1.5 Fines generation and elutriation

Fines are generated in a fluidised bed coal gadifiee to primary fragmentation,
attrition and secondary fragmentation of the feedl ¢Zhanget al, 2002). Primary
fragmentation occurs during rapid heating and dsudation of coal particles after
they have been injected into the gasifier. Rapidtihg and devolatilisation creates
thermal stresses and internal pressure which wethleestructure of the char particle
(Syredet al, 2007). The fragile char particles experienceitattr due to particle-
particle collisions, particle-wall collisions anateraction with gas-jets from the
distributor. Secondary fragmentation occurs whendar particle structure is further
weakened due to internal combustion and gasificatactions. The amount of fines
generated as a result of fragmentation/attritiopedes on coal properties such as
volatile matter content and hardness and operatomglitions such as temperature,
fluidising velocity and char residence time. Theoamt of fines generated and the
final particle size of char in the gasifier affdbe hydrodynamics of the bed, the
combustion reaction rates and the elutriation afomverted char particles from the
bed and subsequent entrainment by the gas to fifeega&Xxit.

Due to the complexity of the fragmentation anditadtr processes, fluidised bed
gasifier modellers have resorted to empirical datiens to obtain the final particle

size of the char in the gasifier. In his investigas, Ma (1989) estimated the particle
size of the bed char based on the particle sizéheffeed coal using a linear
expression given by equation (5.50).

d pehar = ap + b pd peoal (550)

The constants a and b in equation (5.50) dependainthe physical properties of the
coal since the effects of operating conditions sashemperature, fluidising velocity

and residences on the bed char particle size waneciuded in his model.

The models of Chejne and Hernandez (2002) and €kefl. (2010) assume that the
particle size distribution is dependent on coalppries and the fractional char
conversion. Solution of the model equations theefimvolves iteration loops to

calculate the final particle size, fixed carbon wension and gasifier temperature.
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Other modellers have not reported nor includedreetaiion to calculate the particle
size of the bed char — they presumably estimatedssumed the bed char particle

size, which is a model input.

The models of Chejnet al. (2010) and Lu@t al (1997) give correlations to calculate
the entrainment rate of char particles from thedfaed bed gasifier and the solids
fraction of the freeboard. Chejre¢ al (2010) assumed that fines will be entrained
from the gasifier if their terminal falling velogiis smaller than their velocity in the
freeboard. The assumption of Chegteal (2010), however, will only apply if the
gasifier exit is above the transport disengaginghie The equations to calculate the
terminal falling velocity are given in Appendix E61 The model of Lu@t al. (1998)
assumes that the solids fraction above the trahdps®@ngaging height, which is given

by equation (5.51), is zero.
TDH = 4.474°>° (5.51)

The solids fraction at a height lower than the gpat disengaging height is given by
equation (5.52):

Yi = onexd_ a(z- Hb)] (5.52)
With “a” being a decay constant determined by equgb.53).

_ 1.65+3100d, - 0.3
- U

a

(5.53)

5.2.1.6 Model development and solution procedure

The rate models given in Table 5.2 are developeddrgying out mass and energy
balances over an incremental vertical section {itgigf the gasifier. This results in
coupled first-order differential equations with thgasifier height (z) as the
independent variable and the gas species condensaand temperature as the

dependent variables.
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The model equations are solved by means of twoedagtrative loops (Mat al,
1988; Rosst al, 2005). The convergence variables are temperafute bed solids
(T in the outer loop and fixed carbon conversion (X}the inner loop. The initial
values of Tand X are assumed to be constant throughout thebbedd on the
assumption of perfectly mixed solids. The outlet gancentrations of the gasifier are
obtained by solving the system of differential dgues that are derived from the
incremental mass and energy balances. Using tealatsdd outlet gas concentrations
of the gasifier, a new fixed carbon conversionbitamed by means of an overall mass
balance over the gasifier. The new calculated fic&@dbon conversion is compared to
the initial guessed value, and a new fixed carbomversion is guessed using the
Wegstein method (Mat al, 1988). This procedure is repeated until theed#fice
between the calculated value and the guessed wvaldess than 0.5%. When
convergence of the inner loop has been declaredirial fixed carbon conversion is
used to calculate bed solids temperature by mefas overall energy balance over
the gasifier. The calculated bed solids temperagicmmpared to the initial guessed
bed solids temperature and a new temperature ssgdeausing the Wegstein method.
The inner and outer loops are solved repeatediyafitd) until the difference between
the calculated and guessed temperature is lessOtb&h. This gives the final fixed
carbon conversion, bed solids temperature and niilolar rates of gaseous species
leaving the gasifier. More details of the developtmand solution procedure of a

fluidised bed coal gasifier model are given in #ecb.3.

The models of Chejne and Hernandez (2002) and €le¢jal (2010) include a third
iterative loop that solves the diameter of the gbarticles as the inner loop. It is
expected that inclusion of a third loop will incsea the computation time

significantly, which has to be justified againstri@ased predictive capability.

5.2.1.7 Model parameters

Quantities appearing in the equations of mathemlaticodels usually consist of
variables and parameters. The variables are ustialyinputs and outputs of the
system. Parameters are ‘constants’ that are intextiinto models which characterise

the inherent properties or nature of the systemdBED74).
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Rate equations, which are used to describe theofatembustion and gasification

reaction in a fluidised bed coal gasifier, haveapagters that are characteristic of the
coal that is gasified. In the overall energy baéaaquation, a parameter is introduced
to describe the heat losses from the gasifier amtharacteristic of the size and shape

of the gasifier.

Many of the fluidised bed gasifier models that wdeveloped before 1995 (Table
5.1) have at least four parameters. The paramietéhe model of Mat al. (1988) are
the char-steam gasification reactivity factaqr),(the combustion product distribution
coefficient (), the rate of the catalytic water-gas shift react(fyyg) and the heat
losses from the gasifier (Q). Later models of Yad Zhang (2000) and Ross$ al.
(2005) eliminatedp as a parameter, since they found that if homogenegas
combustion is included in the model equatignsan be fixed at 0.85 with little effect
on model prediction. The rate of the catalytic wafas shift reaction (§s) was also
eliminated as a model parameter, since it was asguhat the gas in the emulsion
phase is in equilibrium. These models were theesfeduced to only two parameters.

5.2.1.8 Comparisons of model predictions from thetérature with

experimental results

Table 5.3 shows that only two modellers have nohmared their model predictions
with experimental results. The experimental restitst the modellers used were
results from the literature and results generatedouse using pilot-scale fluidised
bed coal gasifiers. A summary of model predictismgiven in Table 5.3. The model
of de Souza-Santos (1989) compared simulation teeswilfluidised bed combustion
data. The data of the model were, however, latenpeawed to fluidised bed coal
gasification data of Ocampat al. (2003) reported in de Souza-Santos (2010).

The following procedure was followed by many of tmdellers to evaluate the

predictive capability of their models.

1) Parameters for the model are estimated by minigisive sum of squared
deviations between predicted and measured gap#igdormance variables for
a number of experiments on a particular coal. Thealive function to be

minimised is given by equation (5.54).
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Table 5.3: Summary of selected fluidised bed coghsification modelling studies — Comparison with eperimental data

: : Percentage Repprt.ed

Investigator Year | Country Comparlson il Number of tests MUl IS] deviation in gas conc. Method of comparison predlcp.ve

experimental data of parameters %) capability
Chejne 2010; Colombia Yes - Kawabata 6 N/R 8—30 Percentage error in gas conc.  Satisfactory
Snider 2010 USA No N/R N/R N/R N/R N/R
Yu 2006 | China Yes - Ocampo 6 N/R 5-20 Percentage error in gas conc. Good
Ross 2005| Australial Yes - Xiao 1 3 1-11 Percentage error in gas conc. Good
Chejne 2002| Colombia Yes - Ocampo 6 N/R 3-58 Percentage error in gas conc.  Satisfacfory
Hamel 2001| Germany Yes - Kurkela 7 N/R 0—-15 Percentage error in gas conc.  Satisfacfory
Yan 2000| Australia| Yes - Seveftal 20 3 N/R N/R N/R
Yan 1999| Australia| Yes - Sevefal 20 3 0—-20 Percentage error in gas conc. Favouraple
Yan 1998| Australia| Yes - Newman 3 3 N/R N/R Good
Lee 1998| Korea Yes - Park N/R N/R N/R N/R Capable
Luo 1998 | Japan Yes - In-house data 5 2 +5 Onrhgrap Good
Chatterjee 1995 India Yes - In-house dpta 32 N/R 12+ On graphs Satisfactory
Ciesielczyk 1994 Poland Yes - Banchik N/R N/R N/R /RN Satisfactory
Gururajan 1992 Australid Yes - Sevéral 20 2 0-—20 Percentage error in gas cornc. Satisfacfory
de Souza-Santos1989 | Brazil Yes - Ocampo 2 N/R 0-—37 Percentage error in gas corc. Reasongble
Ma 1988 | USA Yes - In-house data 12 4 0-10 Percentage error in gas conc. Good
Saffer 1988| France Yes - In-house dpta 17 N/R 0—100 Percentage error in gas conc.  Satisfacfory
Neogi 1986 USA Yes - In-house ddta 5 N/R 0—84 In tables Satisfactor
Weimer 1980 USA Yes - Newman N/R N/R N/R N/R Readia
N/R Not reported
1 Concentration
2 Safferet al, Kawabataet al, Goyalet al.and Newman
3 Safferet al, Kawabateet al, Goyalet d
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2)

(5.54)

n=1 o=1 X on

-3 3 )
The values of the estimated parameters obtained fmarticular coal are used in the
model to predict the carbon conversion, bed temipeyaand concentration of gas
species (performance variables) for each experimEBm measured and predicted
values are compared using parity plots with thenfdrgiven in Figure 5.2, which
shows the predictive capability of the model byf&aét al. (1988) for the hydrogen

concentration of the gas.

The general trend observed in earlier models ofgNeb al. (1986), Safferet al (1988),
Ciesielczyk and Gawdzik (1994) and Chattegeal (1995) are that they over-predict the H

and CO concentrations and under-predict the, €@hcentration of the syngas. Table 5.2

shows that these models do not include the homagsneombustion reactions. Later models
of Yanet al (1999), Hamel and Krumm (2001) and Chegt@l (2010), which include the
homogenous combustion reaction, have better preglicapability of H, CO and CQ
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Figure 5.2: Measured and predicted hydrogen concérations in the gas

Ma et al (1988) and Chejne and Hernandez (2002) concldd&idthe deviation between

measured values and values predicted by their madel be attributed to the uncertainty of

the empirical devolatilisation model that they udddmel and Krumm (2001) and Ra=tsal
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(2005) concluded that better reaction models far dombustion are required to improve the

predictive capability of their models.

5.2.1.9 Sensitivity analysis

In addition to evaluating the predictive capabilifytheir models, researchers have also used
their models (using estimated parameters) to iiyest the trends in performance variables
when input conditions are varied. M al (1988) investigated the effect of oxygen/carbon
feed ratio, steam/carbon feed ratio, bed height gaslfier pressure on fixed carbon
conversion, bed temperature, gas production rateHal€CO ratio in the gas. They found that
increasing the oxygen/carbon feed ratio while kegpihe fluidising velocity and
steam/carbon feed ratio constant increased the tbegberature and the fixed carbon
conversion. Increasing the steam/carbon feed de@reased the bed temperature and fixed
carbon conversion. The ,KCO ratio increases with lower ,@arbon ratios and higher

steam/carbon ratios

Weimer and Clough (1980) found that increasing risectant feed rate while keeping the
oxygen/steam ratio and coal feed rate constaneased the temperature and fixed carbon
conversion and decreased thg @O ratio in the product gas. Increasing the oxyseam

ratio while keeping the fluidising velocity constancreased the temperature, fixed carbon

conversion and maximum temperature in the high-exatpre zone above the distributor.

5.2.2  Summary of the literature review of fluidisedbed coal gasifier modelling

Fluidised bed coal gasification models are well whoented in the literature and consist
mainly of equilibrium models and rate models. Ratedels often have better predictive
capability than equilibrium models since they caadgict the fixed carbon conversion, bed
temperature and concentration of gas species igdbiéier. Rate models include sub-models
for:

* Fluidised bed hydrodynamics.

» Coal devolatilisation.

* Rates of heterogeneous and homogeneous and cheeaicabns.

» Rates of heat and mass transfer between phases.

* Fragmentation, attrition and elutriation of char.
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The two-phase theory of Davidson and Harrison (19&s been used by most of the models
to describe the hydrodynamics of a fluidised bedhl cgasifier. More recently, the
computational particle fluid dynamics (CPFD) metblody has gained popularity in
modelling the hydrodynamics of fluidised bed gassi

Due to the complexity of the devolatilisation pregsemany modellers have used empirical
correlations from the literature to predict the @asition and flow of gases produced by the
devolatilisation of coal. Others have developedrtiogvn coal-dependent devolatilisation

correlations using bench-scale equipment.

Char combustion and steam gasification of charresponsible for more than 90% of the
fixed carbon conversion in a fluidised bed coalifggrs The combustion rate of char has been
described by sub-models that are based on filnuglgh alone, and by models that include
film diffusion, pore diffusion and intrinsic reacitly of the coal. Steam gasification of char
has been mostly described by the Johnson equatwih Langmuir-Hinshelwood-type

expressions. The Johnson equation is the most goguice it only has one parameter,

whereas the Langmuir-Hinshelwood equation can bavi® six parameters.

Measurements have shown that the gases at thefdkitdised bed coal gasifiers are seldom
in equilibrium, and therefore many models includata expression that calculates the rate of
the reversible water-gas shift reaction in the fgasiThe rate of the water-gas shift reaction
in the emulsion phase has been assumed to bessddly the ash in the char particles, and a

different rate expression has been used than édodibble phase.

Comparison of model results with experimental daéa shown that many of the earlier
models over-predict the concentration of CO angimd the gas and under-predict the
concentration of C®in the gas. Later models that included net flowgakes from the

emulsion phase to the bubble phase and homogergamissombustion obtained lower
deviations between the measured and the prediagedagnpositions. Other modellers have
concluded that the predictive capability of theiodels can be improved by including better

sub-models for coal devolatilisation, char comkarsand fragmentation of char.
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5.3 Model development, validation and application

5.3.1 Introduction

The literature survey in Section 5.2 forms the $dsr the development of a fluidised bed
coal gasifier rate model which will be referred ds8 ‘the model. The sub-models and
correlation used to describe the various rate [sE=R in the gasifier were selected from
Tables 5.1 and 5.2. The criteria used for selectibithe correlations are based on their
applicability to high-ash South African coals ahd availability of the rate expressions in the
literature. Model assumptions, formulation of modguations and solution procedures are
based mainly on the papers of Maal (1988), Gururajan and Agarwal (1994), Yeiral.
(1999) and Rosst al (2005).

The results of the pilot-scale fluidised bed gastiion tests reported in Chapter 4 and the
results reported by Engelbrecht (2008) were usezl/#duate the predictive capability of the
model. The model is applied to analyse the vamabibgas concentrations and temperature in

the bed and to evaluate the effect of major opsgatariables on gasifier performance.

5.3.2  Model assumptions

Gasification of coal in a fluidised bed is a compprocess and simplifying assumptions are
required in order to assist with the formulation afmodel for the process. The model
formulation is based on the following assumptiomg)ich are mainly related to the
hydrodynamic behaviour of the bed described iniSed&.2.1.1:

1) The hydrodynamic behaviour of the fluidised bednisdelled by the two-phase
theory of fluidisation, that is, the fluidised bednsists of a bubble phase and an
emulsion phase that can be further divided intaraerstitial gas phase and a

solid phase.

2) The emulsion phase, containing all the solids, resat incipient (minimum)
fluidisation conditions and all gas in excess @it ttequired to maintain incipient
fluidisation condition in the emulsion phase padkesugh the bed in the bubble

phase.
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3)

4)

5)

6)

7)

8)

9)

10)

11)

All gases in both the emulsion and bubble phasesissumed to be in plug flow.
The solids are perfectly mixed in the emulsion phasd have a uniform

temperature, size, density and carbon content ¢fmaut the bed.

The gas generated in the emulsion phase due tmbeteeous reactions and coal
devolatilisation which is in excess of that reqdiréo maintain minimum

fluidisation conditions flows to the bubble phagset(flow).

Mass transfer between the bubble phase and thesiemyhases is due to both
molecular diffusion (driven by concentration difeces) and convection (net

flow from the bubble to the emulsion phase).

The fluidised bed is one-dimensional, with variaioin conditions (gas
temperature, gas concentrations, bubble size, bublocity, bubble fraction,

reaction rates and transfer rates) occurring antyeé vertical direction (z).

Volatiles released from the coal are uniformly lstted in the emulsion phase

following the assumption of perfectly mixed solids.

The fluidised bed has a uniform carbon content Wwhg equal to the carbon
content of the combined bed and cyclone char sseam

Transition from bubbling to slugging bed hydrodymesroccurs at a height in the

bed where the bubble diameter increases to 60¥edfé¢d diameter.

The syngas produced by the gasifier consist Hf@0,, H,O, H,, CO, CH, and
H,S. The formation of minor gas components such ag NBN, NO, COS, S¢
C,Hs and tars are not included in the model. The mgas components represent

less than 2 vol.% of the total gas volume.

The gasifier operates at atmospheric pressurelengases behave ideally.
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5.3.3  Sub-models selected for rate processes

A summary of the sub-models used by the fluidised asifier model to describe the
various rate processes that take place in theigkadbed is given in Table 5.4. Sections
5.3.3.1 to 5.3.3.6 discuss the rationale for selgdhe various sub-models given in Table
5.4.

5.3.3.1 Hydrodynamics

The two-phase model of Davidson and Harrison hasnbmcluded to describe the
hydrodynamic behaviour of the bubbling fluidisedllmasifier. The gases in both the bubble
and emulsion phases have been assumed to be ifigphugrhe majority of the investigators
listed in Table 5.1 have concluded that due to tigh bubble velocity in fluidised bed
gasifiers, the assumption of plug flow in the bwblphase is justified. They have also
concluded that the emulsion gas is neither in filag or well mixed, but that plug flow is a

better assumption than perfect mixing.

Many of the hydrodynamic models given in Table Biterature survey) include a jetting

region to account for vertical jets originatingrirgerforated plate distributors. Jetting region
hydrodynamics has not been included for the regiunediately above the distributor since
the model is applicable to fluidised beds that hawezle cap distributors as shown in Figure
4.4, which produce horizontal jets. Slugging bedrbglynamics has been included in the
model when the bubble diameter increases to 60&tedbed diameter, and the correlation of

Ormistonet al (1965) is used to calculate the slug fractiothefbed.

5.3.3.2 Devolatilisation

The advantage of this model over most other mo@elble 5.1) is that it includes an option
to input coal-specific devolatilisation data. A @iétd description of the bench-scale reactor
that was used to generate devolatilisation dataNBw Vaal and Grootegeluk coals and the
development of the correlations to estimate thedgpets of devolatilisation are given in
Chapter 3.4 and Appendix C.3.1.
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gasifier model

Sub-model Correlation Equation
Minimum fluidising velocity Geldart (E.1.1.14
Bubble diameter Mori and Wen (5.3)
Hydrodynamics | Bubble velocity DH (5.4)
Bubble fraction DH (5.6)
Slug fraction Ormiston (5.8)
Devolatilisation CSIR - Chapter 3.4 (C.3.17
Char combustion La Nauze and Jung (5.17
Heterogeneous | Char-steam gasification Johnson (3.7)
reactions Char-CQ gasification Ye, Agnew and Zhang (3.20)
Char-H gasification Johnson (5.30)
Non-catalytic WGSR Karim and Mohindra (5.35)
Catalytic WGSR Wen and Tseng (5.38)
Homog(.aneous CO combustion Haslam (5.40)
reactions
H, combustion Haslam (5.41)
CH, combustion Haslam (5.40)
Interphase mass glrf?:::(')?]n to bubble transfer bysit and Grace (5.44)
transfer Net flow Derived from Yan (E.2.2¢)
Interphase heat | Particle to emulsion Ranz and Marshall (5.46
transfer Emulsion to bubble Kunii and Levenspiel (5.49
Attrition Ma (5.50)
Elutriation Geldart (E.1.6a)
Freeboard void fraction Horio (5.52)
Transport and thermodynamic properties Appendil.&}. several

Davidson and Harrison

5.3.3.3 Heterogeneous reactions

Char combustion

Water-gas shift reaction

As discussed in Section 5.2.1.3, the correlatiohaoNauze and Jung (1982) is applicable to
cases where the char combustion rate is contrbleiiim diffusion and is equal to the mass

transfer rate of oxygen to the particle surfacémHiffusion would be the rate controlling
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step in the case of reactive coals that have &fgasize in the range of £0.5 — £3 mm, which

is typical for fluidised bed coal gasification.

Char-steamn gasification

The advantages of the Johnson rate equation atdttheas developed using bituminous
coals, it has only one parametar) @nd accounts for the inhibiting effects of CO aidon
the char-steam reaction rate. The values off 8.65 and 1.9 for New Vaal and Grootegeluk

coals respectively were obtained using a thermagyetvic analyser (Chapter 3.2).

Char-CO; gasification

The rate equation of Yet al (1997), which was referred to in Chapter 3.3 &attion
5.2.1.3, is used to calculate the rate of the &s-gasification reaction.

dXx -E
E = koc:o2 e)(p%)pco2 (:I-_X)ﬁ (3.20)

The parameters in equation (3.20) are the pre-exp@i factor (kcoo), Arrhenius activation
energy (ko2 and grain model structural factg) (that were obtained for New Vaal and
Grootegeluk chars by means of thermogravimetridyapatests (Engelbrecht, 2008) and are

given in Table 5.5.

Table 5.5: Parameters for the char-CQgasification rate equation

Char Ecoz (kd/mol) | In(kocoz) (atm™s?) | p
New Vaal 180 11.82 0.64
Grootegeluk 252 16.54 0.92

Char-H, gasification

The Johnson rate equation (equation (5.30)) has imetuded in the model to calculate the
rate of the char-hydrogen gasification reactionisTéqguation uses the relative reactivity
factors (f) that were obtained for the char-steam gasificateaction (Chapter 3), i.e. 8.65

for New Vaal coal and 1.9 for Grootegeluk.
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5.3.34 Homogeneous reactions

Table 5.1 (literature survey) shows that the raressions of Haslam (1923) and Karim and
Mohindra (1974) have been used extensively in i#a@d bed coal gasifier models to
calculate the rate of the gas combustion reactemmd the non-catalytic water-gas shift
reaction. The rate constants in these equationsargependent on the properties of the coal,

therefore values given in the literature were used.

A rate expression by Wen and Tseng (1979) is usechlculate the rate of the catalysed
water-gas shift reaction in the emulsion phase. &heation includes a parameteggéf
which is dependent on the catalytic activity of @h in the coal. For the present study,
estimation of fys for New Vaal and Grootegeluk coals by means obdatory experiments
was not attempted. Instead, a value proposed b{1BES8) for bituminous coalsfs = 5.7 x

10°) was used.

5.3.3.5 Interphase mass transfer

The correlation of Sit and Grace (1981) is useddlzulate the interphase mass transfer
coefficient since it is applicable to particlestthave a minimum fluidising velocity greater

than 0.2 m$, which would typically be the case for particlesaifluidised bed coal gasifier.

As explained in Sections 5.2.1.1 (Hydrodynamicg) &r8.2 (Model assumptions), net flow
occurs when gas flows from the emulsion phase ¢obtibble phase because of excess gas
being generated in the emulsion phase due to cdiohugactions, gasification reactions and
coal devolatilisation. Yaet al (1998) was the first investigator to include fietv into his
model. Equation (E.2.6a) derived in Appendix Ei®.2alculate the net flow is based on the
description of net flow given by Yaat al (1998).

5.3.3.6 Interphase heat transfer

The correlations of Ranz and Marshall (1954) anahiKand Levenspiel (1969) are well
established in the literature for the calculatidrthee particle-to-emulsion and emulsion-to-

bubble heat transfer.
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5.3.4  Formulation of model equations

The notation convention used in formulating the sl@tjuations is given below:

e Gas componentsHON,, CO,, H,O, H,, CO, CH, are represented by the subscripts i =
1,2,3,4,5,6,7.

* Reactions (5.13), (5.14), (5.15), (5.16), (5.315.32), (5.33) and (5.34) are
represented by the subscriptsj=1, 2, 3, 4, 3, 8,

» The stoichiometric coefficient of component i iracéon j is represented by.vFor

reactants jyis negative and for products it is positive.

The reactions of sulphur are not considered andHfiseconcentration of the product gas is

calculated by assuming that all the sulphur incibed forms HS.

Formulation of the model equations is based on nws$ energy balances over an
incremental horizontal section of the bed with iakhess ofAz as shown in Figure 5.3. The
figure shows that the outlet flows and temperaftoe an incremental horizontal section of

the bed are the inlet flows to the next incremesgation.

fo fe

gi g;

Z+AZ — I I
BUBBLE |25 | INTERSTITIAL L™ | SoLID
PHASE | heat | GASPHASE heat PHASE

7 — I— S I

b fe

fg1 gi

Figure 5.3: Incremental horizontal section of theluidised bed
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5.34.1 Mass balance equations

A mass balance for an incremental horizontal secifdhe bed can be expressed as follows:

outputmolar inputmolar moles netmolarinput molar molar
flowfrom ;=4 flowto }+<generated;+< by interphase; +4 inputby;+4inputfrom
increment incremen byreactio masdransfer netflow volatiles
Bubble phase

Written in symbols, the bubble phase mass balaacerbes:

gi

8
f ; |z+Az: fgt: Iz + 8’A‘BAZZ:VU rj -I-S’A‘BAZ(Kbe)b(Cie _C|b) + NI:| yle
=5

Fori=1,2,.....7 (5.55)
Equation (5.55) does not include a volatiles fl@nnt since the volatiles are released into the

interstitial gas of the emulsion phase following issumption of well-mixed solids.

Emulsion phase

Written in symbols, the emulsion phase mass balbacemes:

f;i |z+Az

8 4
=fgl, + (1-8)e yAgAZY vyt + (1-8)(1— g, )AAZY vy,
=5 j=2
L ' b e e AZ
(1_5)(1_5mf)ABAzasZVij I +0AgAZ(K,), (G —C) —NRy; + Vi H
=

b

Fori=1,2,..,7 (5.56)

Equation (5.56) shows that the net flow term aredublatiles flow term have been included,
therefore the equation is different to the equatised by Ma (1989), which did not take into
account net flow and volatiles released into therstitial gas phase. The bubble fractioh (

in equations (5.55) and (5.56) is calculated usiggation (5.6).
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5.3.4.2 Energy balance equations

An energy balance for an incremental horizontatisecof the bed can be expressed as

follows:

heatoutpu heatinput heat netheainput heat Heatlosses
bymolar } =<bymolar } +< generated ; +4 by interphase+-< inputby; —< throughwall
flow flow by reaction heatransfer netflow of reactor

Bubble phase

Written in symbols, the bubble phase energy balaecemes:
7 7 8
Z fgblAH gi |z+Az = Z fgblAH gi |z —06A BAZZ rjAH g +0A BAZ(H be)b(Te - Tb)
i=1 i=1 =5
+NFc,.(T, —25)-dnD.Azh, (T° - T,) (5.57)

Emulsion phase
Written in symbols, the emulsion phase energy lza@ldrecomes:

7 7 8
D EgAHG Lp= D TgAHS |, —(1-08)e ,(AgAZY I AH]
i=1 i=1 i=5
4 1
~(1-8) (1~ )AZAZY I AHD = (1-8)(1-¢,)AsAzZa Y 1 AH]
j=2 j=1

+3AgAZ(H,e), (T" ~T%) +(1-8)(1- &, )ApAZAN, (T° - T°)

— NFC,e(T, — 25)+ (1-8)nD,Azh, (T* - T,) (5.58)

In equation (5.58) the interphase heat transfesistof transfer between the emulsion phase

and the bubble phase and between solids and #mstitial gas of the emulsion phase.

Expansion and conversiond — 0) of equations (5.55) — (5.58) to differentialuatjons
produces 16 first-order ordinary differential eqoas ((5.59) — (5.74)). The independent

variable is the height in the fluidised bed (z) dmel dependent variables are:

 Molar flowrates of G, N,, CG,, H,O, Hp,, CO, and CH in the bubble and emulsion
phases (fandf®; fori=1,2,.....,7).
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« Temperature of the bubble and emulsion phaseand@ T).

Emulsion phase

Oxygen

ﬁ = _(”B‘B (1_ 5)(1_ Emnt )[dijrl - AB (1_ 5)£mf [%6 + 2r8 +%7j

dz 0

+5AB(Kbe)b(ng _ng)_ NFRyg)2

Nitrogen
e

df VF
d—’;z: 5AB(Kbe)b(Clt\)lz _Criz)_ NFRYEZ + H'\:

Carbon dioxide

dz

p

Vf
+ JAB(Kbe)b(CgOZ - Cgoz )_ NFRngz + HCO2

b

Steam

e

dezo !
F = _(1_ 5)(1_ Cont )ABrZ + AB (1_ ajgmf (r7 + 2r8 a r""gsc)

Vi
+ dA‘B(Kbe)b(Cazo _Cﬁzo)_ NFRYZZO + HHZO
b

Hydrogen

e
Ho,

f,

H,

- NFRyliz +

168

(559

(560)

df & 6 | .
—== +(2¢_1)AB (1_ 5)(1_ gmf) d_ r1 + AB (1_ 5)£mf (rG + r8 + rwgsc)_ AB (1_ 5)(1_ emf )r3

(561)

(562)

7 = (1_ 5)(1_ emf )AB (rz - 2r4")_ AB (1_ 5)£mf (r7 - rwgsc)-l- 5AB(Kbe)b(Cll-)Iz _Cliz)

(563)
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Carbon monoxide

d;—C:O =@1-9)1-e, )AB(rzn + 2I'3" +2(1- ¢)(d£)r1J —Ag (1= 0)& (rﬁ + rWGSC)

p

. o VI
+5AB(Kbe)b(cho _Cco)_ NF ydo + —=2

(564)

b

Methane

df & )
% =(@-0)1-en)A, (I’4)— Az (1-0)e (r8)+ JAB(Kbe)b(C(tIJH . _CSHA)

fCH4

Hy

~NF.yey, + (565)

Temperature

dTe—[ -1-9)d- ef)AB(rZAH +r,AHS +1,0H? +( )rAHO—( —)h (T*-T )]

dz
p p
_(1_5)emfAB(r AH ; +r AH ? +r8AH ; +rwgscAH§)+5AB(Hbe)b(Tb _Te) - NFR(Te _Zacpe

-@-omh, -] /[tsc,] (569

Bubble phase
Oxygen

dfb I r e e
SSUVTIONR FPRRRTPE

Nitrogen
b

df
=+ (Ky), (CF, - G, )+ NFey, (5689)

Carbon dioxide

b

f
C_OZ =+A 5( Frg + Mgs ) +0A; (Kpo)y (C(‘io2 - C(t:)o2 )+ NFg y(‘io2 (569)

dz
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Steam

df §
O = +A85(r7 +2r, - rwgs)+ JAF_‘(Kbe)b(Cf_’|zo -Cﬁ.zo)+ NF:Yi,0 (5.70)

Z

Hydrogen
b

T ~AS(r, -t

Z

)+ 38, (Ky,), (C, —CB. )+ NFye, (571)

wgs

Carbon monoxide

dfds _
dz

_Aeé(re + rwgs)+ oy (Kbe)b(cgo - Cgo)"' NF. Yo (5672)

Methane

b

df
== AT+ A (K4, (CE, —Cl )+ NFoyE,, 573

Temperature

b
dc-:-z :[ _&B(VGAHg +1,AH? +r,AH +ngSAH§)+5AB(Hbe)b(Te ~T°)+ NF (T, ~25¢,,
_57Dehw(Tb ~Ta) ]/[fgbcpb] (574)

The boundary conditions are the molar flowrates @mdperature of the gases entering the
fluidised bed via the distributor. The differentejuations were solved using the MATLAB
ode45 differential equation solver which gives treues of the dependent variables as a

function of bed height (z).

5.3.5 Model solution procedure

The calculation procedure used in the model cansistwo nested iteration loops. (Maal,
1988; Rost al, 2005). The convergence variables are temperafutee bed solids  in
the outer loop and fixed carbon conversion (X)ha inner loop. The initial values of and
X are guessed and assumed to be constant throutifeoled based on the assumption of
perfectly mixed solids. Values ok &nd X are required for the inner loop calculatiarsch

involve solving the system of differential equasotEquations (5.59) to (5.74)) using the
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MATLAB ® ode45 solver. From the solution of the differdnéguations, which gives the
molar flowrates of the gas species as a functioheaf height, the molar flowrates of O
CO and CH at the top of the bed are obtainddising the molar flowrates @O,, CO and CH

at the top of the bed, a new fixed carbon convarssoobtained by means of an overall
carbon balance over the gasifier (Appendix E.2B)e new calculated fixed carbon
conversion is compared to the initial guessed valog a new fixed carbon conversion is
guessed using the method given in Appendix E.2h&. Aew fixed carbon conversion is used
for the next inner loop calculation. This procedisreepeated until the difference between the
calculated and the guessed values of X is less@Ha&n. When convergence of the inner loop
has been declared, the final fixed carbon converssoused to calculate the bed solids
temperature (J by means of an overall energy balance over tisefiga(Appendix E.2.4).
The calculated bed solids temperature is compacedhé initial guessed bed solids
temperature and a new temperature is guessed th@ngethod given in Appendix E.2.4.
The inner and outer loops are solved repeatediyafied) until the difference between the
calculated and previously guessed temperaturessstiean 0.5°C. This gives the final fixed
carbon conversion, bed solids temperature and nflolar rates of gaseous species leaving

the gasifier. A flowchart of the computational pedare of the model is given in Figure 5.4.

The model code was developed in MATLABNd run on a 64-bit personal computer. Input
data were read and output data were written to IESpreadsheet files. Several other options
were included in the model to make it more flexillbe model options that can be selected
are:

1) Both the solids temperaturegnd the fixed carbon conversion (X) are constant.

2) The solids temperature {JTis constant and the fixed carbon conversion §alved

by iteration.
3) Both the solids temperaturegfTand the fixed carbon conversion (X) are solved by

iteration.
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Initial estimates of X and T,  Proximate , ultimate and size

Estimated heat losses (Q) 1 analysis of coal
Kinetic parameters (bench-scale) ’ Input data | Air, steam, oxygen and coal flows
Gasifier dimensions & bed height Reactant pressure and temperature

Solve system of differential

equations using MATLAB®

ode45 differential equation
solver

}

‘ Overall gasifier carbon

balance calculation

Fixed carbon conversion iteration

Solids temperature iteration

No
~_ X(kt1)-X(k) <egx -~
Yes
Overall gasifier energy
balance calculation
No
T,(1+1)-Ts(l) < ers
Variables as a function of gasifier height

Fixed carbon conversion (X) < Yes — Temperature
Bed temperature (T;) 4——{ Output results |——> 0,, CO,, CO, H,, CH, and H,O
Gas calorific value and flow — <«— U, Uy, dyand &

Figure 5.4: Flowchart of the model computational pocedure

Options 1) and 2) always converge; however, indhge of option 3 if the initial guessed
value of the solids temperature)(is far too high or too low, the calculated tengtere to be

used for the next iteration could be outside tHelwvange of the kinetic expressions leading
to arithmetic overflows or underflows. The problean be solved by changing the initial
guessed value of the solids temperature after iogrrgut a few exploratory runs using

options 1) and 2).

5.3.6  Testing and validation of the model

In this section the predictive capability of the ambis evaluated by using the results of the
pilot scale fluidisation tests reported in Chapteand the results reported by Engelbrecht
(2008). The difference between the measured ardigbed results of all the tests is used to
evaluate the validity of the model. Model validatichas been defined to mean:

“Substantiation that a computerized model withm dlomain of applicability possesses a

172



CHAPTERS FLUIDISED BED COAL GASIFIER MODELLING

satisfactory range of accuracy consistent with ifended application of the model”
(Schlesinger, 1979). In this case the ‘intendedliegon’ of the model is design,
optimisation and scale-up of fluidised bed coalfgas.

5.3.6.1 Model parameters

Parameters in fluidised bed coal gasifier modetsumually associated with the rates of the
gasification reactions, coal devolatilisation ahd tdimensions of the gasifier. The approach
that has been proposed for the present studydstimate the model parameters by means of
bench-scale gasification and devolatilisation td§tkapter 3) and a heat loss calculation

(Appendix E.2.8). The estimated model parametergiamen in Table 5.6.

Table 5.6: Estimated model parameters for Grootedek and New Vaal coals

Model parameters New Vaal Grootegeluk Reference
Char-steam gasification Lf 8.65 1.91 Chapter 3.2
In(Koco2) 11.82 16.54
Char- CQgasification Ecoz 180 252 Chapter 3.3
B 0.64 0.94
aco | bco | 35.8 | -0.033] -27.3 0.053 Chapter3.4&
Devolatilisation _
acha | bcha | -17.9| 0.046| 131| -0.11pAppendix C.3.2

Gasifier heat losses Q 37.0+£9.0 Appendix E.2.8

5.3.6.2 Predictive capability

The predictive capability of the model is evaluabgdcomparing model predictions with the
results of the seven tests on Grootegeluk and Naa ¥bals.

Simulation runs were carried out using the estichatglue of Q (37.0 MJ/h) and with the

lower and upper confidence limits, i.e. 28.0 MJid a46.0 MJ/h. The results of the

simulation runs on New Vaal and Grootegeluk coal given in Tables 5.7 and 5.8. The
values given in Tables 5.7 and 5.8 are the aveday@tions between the measured and
predicted performance variables using the sevés ¢eseach of the two coals.
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Table 5.7: Predictive capability of the model folNew Vaal coal

Difference between measured and predicted performar variables (%)

Q Tempe- Fixed Calorific
(MJ/h) | rature carbon CcO H> CH4 CO, value Total*
conversion
28.0 2.4 3.7 17.0 6.6 26.7 16.8 12.0 18.1
37.0 2.5 7.4 8.4 3.8 29.1 |13.3 |6.8 16.7
46.0 3.9 12.4 6.9 3.5 315 10.6 3.5 19.8

! Total of the temperature, fixed carbon and calonfalue deviations. Although methane (tand carbon
dioxide (CQ) have larger percentage deviations, they have Htfect on the performance of a fluidised bed

coal gasifier since the concentration of methanevis(+ 1.5 vol.%) and C@has no energy value.

Simulation runs with Q set at 37.0 MJ/h for New Ma@al (Table 5.7) show that:

* The deviations between the measured and predietepedrature, fixed carbon
conversion and calorific value are less than 10%.

* The deviations between the measured and predidtha@@ CQvalues are 29.6%
and 13.1% respectively.

Simulation runs with Q set at 37.0 MJ/h for Groelegy coal (Table 5.8) shows that the
deviations between the measured and predicted fceedon conversion and gas calorific
value are higher than 10%. For Grootegeluk coalelodeviations (< 10%) between the
measured and predicted temperature, fixed carbowecsion and calorific value of the gas
are obtained with Q set at 46.0 MJ/h.

Table 5.8: Predictive capability of the model foiGrootegeluk coal

Difference between measured and predicted performare variables (%)
Q Tempe- | Fixed Calorific
(MJ/n) | rature | carbon CO |H; CH; |CO, |value Total'
conversion
28.0 14 15.8 21.0 21.1| 39.9 17.3 19.1 36.2
37.0 1.2 10.4 12.3 |189 |41.0 |[13.0 |143 25.9
46.0 4.6 6.9 6.0 17.2| 425 7.8 9.7 21.1

! Total of the temperature, fixed carbon and calowfilue deviations
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Additional simulation runs were carried out for wed of Q outside the confidence limits

given above and are presented in Appendix E.2.7.

The deviations between the measured and predigddrmance variables for each of the
seven tests on New Vaal and Grootegeluk coals usag loss values (Q) of 37.0 MJ/h and
46.0 MJ/h respectively are presented in Tables-%490 and Figures 5.5 - 5.12.
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Table 5.9: Experimental and predicted gasifier peiormance variables for New Vaal coal (Q = 37.0 MJh

Oxygen-enriched air and steam Oxvaen and steam Air and steam Average
Per;or'rarqu?gce Test 1 Test 2 Test 3 Test 4 Test 5 ¥ deviation
vari
Exp.! | Mod.? | Exp. | Mod. | Exp. | Mod. | Exp. | Mod. | Exp. | Mod. | Exp. Mod. | Exp. | Mod. (%)
Temperature®C) 880 917 944 939 944 944 940 929 or6 961 931 869948 919 2.45
Fixed carbon 734 | 69.2| 785 683 79 717 837 808 8y5 §7.0168| 703 | 858| 807  7.41
conversion (%)
Dry gas composition
CO (vol.9%) 16.60] 18.72| 19.90 19.55] 19.40] 20.07] 18.90] 19.16] 19.10] 21.66] 21.40 | 21.27 ] 11.19 1395  8.44
H, (vol.%) 24.00( 24.25( 24.3Q 24.56| 23.90| 24.14| 24.20| 23.94| 22.50| 22.82| 34.20 37.51 8.60 9.54 3.76
CH, (vol.%) 130 | 1.35| 1.10] 160 100 140 100 1B2 1lo0 140 .301| 1.84 | 0.70] o0.70[ 29.15
CO, (vol.%) 20.70| 17.12| 18.80 17.01| 19.10| 16.61| 20.30| 18.04| 20.20| 17.09| 36.20 38.14 15.80 12.48 13.25
H,S (vol.%) — [ o028 - | 020 - | o028 -| 026 -| 03p - 0.49 1 020 i
Calorific value (MJ/kg)| 574 | 6.05| 6.12] 629 596 6.2 593 6p4 577 §28.717| 830 | 2.82| 3.30 684

1

2 Mod. - Model

Exp. - Experimental
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Figure 5.5: Experimental and predicted temperaturs — New Vaal coal
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Figure 5.6: Experimental and predicted fixed carba conversions — New Vaal coal
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Figure 5.7: Experimental and predicted gas calorit values — New Vaal coal
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Figure 5.8: Experimental and predicted gas concerdtions — New Vaal coal
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Table 5.10: Experimental and predicted gasifier pgormance variables for Grootegeluk coal (Q = 46.01J/h)

Oxygen-enriched air and steam Oxvaen and steaml Air and steam Average
ML Test 1 Test 2 Tests 3 Test 4 Test5 ve deviation
variable T 5 (%)
Exp.” | Mod.” | Exp. | Mod. | Exp. | Mod. | Exp. | Mod. | Exp. | Mod. | Exp. Mod. Exp. | Mod.
Temperature®C) 876.0| 808.3] 943.0913.1| 976.0| 947.8| 983.0| 951.2| 979.0| 904.9] 918.0 900.9 | 953.0 900.p 4.57
Fixed carbon 452 | 47.7| 57.6| 58 665 7200 751 7719 823 734676 70.8 | 67.0| 589 6.89
conversion (%)
Dry gas composition
CO (vol.%) 10.5 104 13.6) 13.3 16.L 16)9 170 17. 16. 152 1.7 2 17.3 10.2 10.6 5.95
H, (vol.%) 148 | 214 18.6) 218 186 22;3 207 20. 20. 19.7 2.6 3 38.3 9.5 10.9 17.16
CH, (vol.%) 2.9 2.5 2.2 2.5 1.7 2.6 1.4 2.6 15 215 4.9 4, 1116 42.45
CO, (vol.%) 205 | 188 223 199 212 194 200 193 2p8 208953 37.3 149| 135 7.81
H,S (vol.%) 0.4 0.4 0.4 0.4 0.4 0.4 0.4 0.4 0p 0}4 0.4 0. 0.40.4 -
Calorific value (MJ/kg), 447 | 5.11| 5.06f 5572 518 611 543 5P0 545 §50.049 8.83 3.04 3.47 9.66

1

2 Mod. - Model

Exp. - Experimental
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Figure 5.9: Experimental and predicted temperature — Grootegeluk coal
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Figure 5.10: Experimental and predicted fixed carlon conversions — GG coal
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Figure 5.11: Experimental and predicted gas calofic values — Grootegeluk coal
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Figure 5.12: Experimental and predicted gas concération — Grootegeluk coal

Differences between experimental results and reguéidicted by the model shown in
Figures 5.5 — 5.12 can be attributed to:

* Assumption inherent in the model given in SectichZ&

* Uncertainty in the values of the model parametaterthined by means of

bench-scale experiments and heat loss calculations.

* Accuracy (tolerances) of the instruments used feasuaring the pilot plant

data.

Figures 5.6, 5.8, 5.11 and 5.12 show that the mowdstpredicts the calorific value of
the gas due to over-prediction of CO, &hd CH in the product gas. Over-prediction
of CO, H, and CH could be due to one of the model assumptionaa3igh is that all

the gases in the bubble and emulsion phases atagrflow. It appears that in reality

a certain degree of back-mixing of gases from t&figation zone higher in the bed

to the combustion zone (lower 20% of the bed) tgkase. In the combustion zone
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CO, H, and CH react with oxygen, which results in a lower coricaion of these

gases in the product gas than predicted by the imode

Over-prediction of Hand CH could also be attributed to the model assumpt&n (
which assumes that the gas produced by the gasifies not contain N4 HCN,
C,He, CoH4 and tar. The model includes the carbon and hydragéhese compounds

in the predicted KHland CH concentrations of the product gas.

It can be concluded that for both coals the to&aliation between the measured and
predicted temperature, fixed carbon conversion ealdrific value of the gas are
satisfactory for values of Q in the range 37.0 -048J/h, which are within the
calculated (heat loss calculation) estimation bmif Q. A satisfactory deviation
(accuracy) is defined in terms of the intended i@ppbn of the model, which in this

case is design, optimisation and scale-up.

The model can therefore be used to predict thepaence of other coals in fluidised
bed coal gasifiers for which pilot-plant data aot available. The model parameters
for these simulations can be estimated by condgidiench-scale tests on these coals
and carrying out heat loss calculations on thefigasias described in Appendix
E.2.8.

5.3.7 Analysis of model output

The advantage of rate models is that they can lesgdcthe values of the performance
variables as a function of gasifier height. TestrdGrootegeluk coal given in Table
4.10 is used in this section to illustrate a sirtiatarun using the model. Figures 5.13
to 5.20 show model outputs as a function of bedhtdiz). Analysis of these figures
provides useful insights into and understandingaail gasification in a fluidised bed.

Figure 5.13 shows that all the oxygen in the irgag (air and oxygen) is consumed in
the lower 20% of the bed. The reactions that areidant in this area of the bed (the
so-called active zone) are the heterogeneous amabuwstion reaction (5.13) in the
emulsion phases and the homogeneous gas combrestictions in the bubble and the
emulsion phases (equations (5.32) — (5.34)). Tgh hombustion rate of char, CO,

H, and CH results in a rapid decrease in theddncentration and a rapid increase in
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the CQ concentration with bed height. The concentratibiigD increases slightly
due the combustion of3&nd CH.

In the upper 80% of the bed the cha@Hand char-C@reactions (equations (5.14)
and (5.15)) are dominant, resulting in an increagbe CO and klconcentrations and
a decrease in the G@nd HO concentrations. The concentration increase of GH
the upper 80% of the bed is due to the releaselafiles into the emulsion gas. In the
lower 20% of the bed, the volatiles released irite eémulsion gas are partially

consumed by oxygen.

Bed I Freeboard

e==H20
e=—N2
CO2
e==l2
=—(CO
e==CH4
(2

Concentration (vol.%)

: —_— : ; : :
0 0.2 0.4 0.6 0.8 1 1.2 1.4
Bed height(m)

Figure 5.13: Average of bubble and emulsion phagms concentrations in the
bed

The specific reaction rates per unit surface afeghar particles for the combustion
and gasification reactions are given in Figure 5Higure 5.14 shows that although
the char-steam gasification reaction is dominarthenupper 80% of the bed, the rate
decreases with an increase in bed height due teehigpncentrations of CO ang H

higher in the bed, which have an inhibiting effetthe char-steam gasification rate

(Johnson rate equation).
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Figure 5.14: Specific reaction rates in the bed

Figure 5.15 shows that due to the high rate ofcthrabustion reactions in the lower
part of the bed the predicted temperatures of thxble gas and the interstitial gas in
the emulsion phase are significantly higher tham $blids temperature. Above a
height of 0.4 m in the bed, the predicted bubblé emulsion gas temperatures are
almost equal to the solids temperature following #ssumption of isothermal well-

mixed solids.
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Figure 5.15: Gas temperatures in the bed

The cumulative conversion rate of fixed carbon tetogiven height in the gasifier is
given in Figure 5.16. The figure shows that in ieer 20% of the bed the fixed
carbon conversion rate by combustion and gasifinateactions is 4.32 kg/h. In the
upper 80% of the bed, the fixed carbon conversate by gasification reactions (the
char combustion rate is zero) is 1.34 kg/h. Fodited bed coal gasifiers it appears
that the 80/20 rule applies; £ 80% of the fixedbcar conversion takes place in the
lower 20% of the bed. This could explain why a 4@é6rease in bed height had little
effect on the measured fixed carbon conversion I€T&hl0) obtained for Test 4

compared to Test 3 using New Vaal coal.
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Figure 5.16: Carbon conversion by combustion andagification

Figures 5.14 and 5.17 show that the char-@@sification rate is significantly lower
that the char-bD gasification rate. This is consistent with theutes of Yeet al
(1997), who studied char-GOand char-HO gasification kinetics using a

thermogravimetric analyser.
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Figure 5.17: Carbon conversion by gasification reztions
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Figure 5.18 shows that a large percentage of tdecbasists of bubbles and that the
total void fraction of the bed is close to 85%. AT study by Pairet al. (2001) of
slugging fluidised bed behaviour found that thealtatolids volume fraction of
slugging beds are typically between 10 and 20%e ibrease in void fraction of the
bed at 0.1 m above the distributor is the resuttarisition from bubbling to slugging
fluidisation due to the bubble diameter increasiog60% of the equivalent bed
diameter. The typical voidage of a fixed bed gesifis £+ 45%, meaning that
significantly higher coal residence times are gassin a fixed bed gasifier compared

to a fluidised bed gasifier for a given bed volume.
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Figure 5.18: Bubble and total void fraction of thebed

Figures 5.19 and 5.20 show that the water-gas shdfttion proceeds in both the
forward and reverse directions (negative valuesthan bed and that equilibrium is
reached at the top of the bed due to the highofatiee water-gas shift reaction in the
emulsion phase. Due to the low rate of the wadsrghift reaction in the freeboard
(un-catalysed) and the temperature decrease ifrébboard due to heat losses, the

gas composition at the gasifier exit is therefarein equilibrium.
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Figure 5.20: Calculated and actual values of the ater-gas shift reaction
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Tables 5.11 and 5.12 provide more useful modelustghowing the relative amounts
of char converted by combustion and gasificatioactiens for New Vaal and
Grootegeluk coals. It is clear that due to the &igthar reactivity of New Vaal coal a
greater portion of the char (44.70%) is convertgdghsification reactions than for
Grootegeluk coal (20.30%). Due to the low char tiedg of Grootegeluk coal at 808
°C (Testl simulation) the char conversion by geatfon reactions is low (+1.0%)
resulting in a low fixed carbon conversion (45.2%bles 5.11 and 5.12 also shows
that a significant percentage of the input oxygemansumed by homogeneous gas
combustion reactions and that the percentage a&tegren the case of New Vaal coal
(43.98%) than Grootegeluk coal (31.81%). This is thuthe higher reactivity of New
Vaal coal, which produces higher concentrationC6f and H in the active zone
(high G, concentration), resulting in higher rates of tl@mbgeneous combustion
reaction. Yan and Zhang (2000) also found from rthmiodelling work that

homogeneous combustion increases as the coal eanéases.

The significance of the above observations is titey explain why the calorific value
of the gas produced by fluidised bed gasifiersgaicantly lower (£ 30%) than that
produced by fixed bed gasifiers (Parekh, 1982). foune plug flow nature of gases
and solids in a fixed bed gasifier, the combustigasification and devolatilisation
zones are essentially separated, which minimisesogeneous gas combustion and
produces lower C® concentrations and higher,HCO and CH concentrations.
Another advantage of minimising homogeneous gasbastion is that more Ois

available for char combustion, which increasedittesl carbon conversion.
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Table 5.11: Percentage of char, oxygen and steammnwerted by various reactions (New Vaal coal)

Performance Oxygen-enriched air and steam .
; Oxygen and steam Air and steam | Average
variable Test1| Test2| Test 3| Test4| Test5
Char conversion by combustion (b/o) 52.90 49.49 42.25 52.36 47.38 72.20 70.49 55.30
Char conversion by gas|f|cat|0n (%) 47.10 50.51 57.75 47.64 52.62 27.80 29.51 44.70
Oxygen Consumption by char Combustion:tc 0§225 57.04 50.31 63.39 60.4p 19.20 79.53 56.02
Oxygen Consumption by gas CombustionA(O )3775 42.96 49.69 36.61 39.58 80.80 20.47 43.98

Table 5.12: Percentage of char, oxygen and steammnwerted by various reactions (Grootegeluk coal)

Perfo_rmance Oxygen-enriched air and steam Oxygen and steam Air and steam | Average
variable Test1| Test 2| Test 3| Test4| Test5
Char conversion by combustion (%) 99.00| 67.80] 65.04 70.1p 88.47 76.09 90.97 | 79.70
Char conversion by gasification (a/o) 1.00 | 32.20| 34.9 29.84 11.13 23.91 9.03 20.30
Oxygen consumption by char combustion?(c 0)76.61 56.33| 57.63 66.6p 80.7Q0 64.91 75.15| 68.19
Oxygen consumption by gas combustion (o )23.39 43.67| 42.31 33.34 20.90 35.09 2485 | 31.81
Steam conversion ((%) 0.12 7.39 | 10.64 9.99 3.2 3.48 3.23 5.44

Reaction (5.13)

Reactions (5.14), (5.15) and (5.16)
Reaction (5.13)

Reactions ( 5.32), (5.33) and (5.34)
Reactions (5.14) and (5.31)

a A W N P
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5.3.8  Sensitivity analysis

The pilot-scale fluidised bed gasification testsatibed in Sections 4.2 and 4.3 in
Chapter 4 investigated the effect of bed tempeegattinar residence time and oxygen
enrichment level on the fixed carbon conversion aatbrific value of the gas

produced in a fluidised bed coal gasifier. In théxtion the model is used to predict
the effect of other operating variables such astirgas (air, oxygen and steam),
temperature, dynamic bed height and char partize sn the performance of the
gasifier. These variables are likely to be maniadaduring the design and operation

of fluidised bed gasifiers.

Simulation runs were carried out using Grootegetokl and operating conditions
similar to those used for Test 4 (Table 4.10). Tiedel parameter determined in
Section 5.3.6.1 for Grootegeluk coal and given abl€ 5.6 was used for the

simulation runs.

5.3.8.1 Temperature of the input gas

Figure 5.21 shows that increasing the temperatitbeoinput gas (air, oxygen and
steam) from 250C to 550°C results in a relatively low predicted increasethe
calorific value of the gas (x 9.3%) and gasificatiefficiency (x 6.0%). When the
input gas temperature is increased, the oxygen titothe gasifier must be decreased
in order to maintain the bed temperature at 981 Since char combustion plays a
major role in the conversion of fixed carbon inlddised bed gasifier (Figure 5.16),
the reduced oxygen flow results in a decrease énfitted carbon conversion and
therefore a moderate increase in the calorific ealti the gas and the gasification

efficiency as shown in Figure 5.21.
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Figure 5.21: Effect of reactant temperature on gaser performance

The major benefit derived from increasing the ingas temperature is the cost saving

as a result of the lower oxygen requirement (+ 20%ihe gasifier.

5.3.8.2 Dynamic bed height

Figure 5.22 shows the predicted fixed carbon, daowalue of the gas and
gasification efficiency that would be obtainedhitgasifier were operated at various
bed heights between 0.4 and 2.0 m. It is clear fFogire 5.22 that if the bed height
were increased by 0.8 m from 0.4 to 1.2 m, theltieguincrease in the fixed carbon
conversion would be £14%. A further 0.8 m incremsthe bed height from 1.2 m to
2 m would result in a significantly lower increage 6.5%) in the fixed carbon

conversion since at higher bed heights:

» the concentrations of CO and Hre higher, which slows down (inhibits) the
rate of the gasification reactions (equation (5.25)
* the concentrations of GOand HO are lower, which results in lower

gasification rates (equations (5.25) and (5.58)).
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+ the bubble diameter increases, which increasegdidefraction of the bed and
the rate of transfer of reactants (£&anhd HO) from the bubble phase to the
emulsion phase (equation (5.43)).

‘ =+Dry gas calorific value =®=Fixed carbon conversion Cold gas efficiency

8.00 - 100
Mid bed temperature - 981 °C

Air + O, + steam temperature - 274 °C
Oxygen in enriched air - 37 %
| Fluidising velocity - 1.87 m/s
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Dynamic bed height (m)

Figure 5.22: Effect of dynamic bed height on gasdr performance

Little benefit is therefore derived from operatiagnospheric bubbling fluidised bed
coal gasifiers at dynamic bed heights higher tha?a m since such deep beds are

known to have certain undesirable properties ssch a

» Higher particle segregation rates that can resuded de-fluidisation.
» Higher particle attrition rates.

» Higher pressure drop.

5.3.8.3 Char particle size

Figure 5.23 shows that the predicted fixed cartmversion increases by + 5% when
the char particle size is increased from 0.6 tomimd. This may appear contradictory
to what would be expected since the char combustittnexpression of La Nauze and
Jung (1982) given by equation (5.17), which is usgdhe model, calculates lower
char combustion rates (mol/s) for larger char pesi The two-phase hydrodynamic
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model of Davidson and Harrison, however, calculatdsgher solids fraction (lower
voidage) in the active zone of the bed (bottom 26004he bed where oxygen is
present) for larger char particles, and an ovdrglher combustion rate of char is
calculated in the active zone, producing a slightigher overall fixed carbon

conversion.
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Figure 5.23: Effect of char particle size on gagdr performance

54 Summary of fluidised bed gasifier modelling

Based on a review of models reported in the litesasince 1980, a fluidised bed coal
gasifier model was developed. The model is basedutmmodels and correlations
that describe the various rate processes thatpiake in the gasifier, which include
fluidised bed hydrodynamics, rates of chemical tiea¢c coal devolatilisation,

interphase mass transfer and heat transfer.

The model formulation is based on 16 first-ordetimary differential equations that
were derived by carrying out incremental mass aretgy balances over the fluidised
bed. The equations were solved using the MATECA®e45 differential equation
solver. The solution of the equations gives theceatration of the gas species and

temperatures in the fluidised bed as a functiobneaf height.
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Parameters associated with the gasification reztamd the devolatilisation process
for New Vaal and Grootegeluk coals were obtainedr®ans of bench-scale tests
described in Chapter 3. The heat losses from thdigawere estimated by means of
heat loss calculations described in Appendix E.2.8.

The results of the fluidised bed gasification tes{sorted in Chapter 4 were used to
evaluate the predictive capability of the modeldoynparing the difference between
the measured and predicted performance variables.aVerage difference between
the experimental and predicted temperature, fixathan and gas calorific value of
the gas is less than 10%. The over-prediction ef @O, H and CH could be

attributed to the assumption of plug flow of gageghe emulsion phase and the
exclusion of hydrogen and carbon-containing gasispesuch as Nl HCN, GHg

and tar from the model formulation. It was concldidieat the model has satisfactory
predictive capability for its intended use, namélg design, optimisation and scale-up

of fluidised bed gasifiers.

The advantage of rate models is that in additiomdmg able to predict the fixed
carbon conversion they predict gas component caratems and rates of chemical
reactions as a function of bed height in the gasifand therefore provide useful
insights into and understanding of coal gasificatio a fluidised bed. Simulations

using Grootegeluk coal show that:

» Char and gas combustion reactions are dominaiheitoiver 20% of the bed,
resulting in a rapid decrease in thgdd@ncentration and a rapid increase in the

CO, concentration.

* Due to the high rate of the combustion reactiornthénlower part of the bed, a
high-temperature zone exists in this part of the, behich is + 180°C higher
than the mid-bed temperature. This indicates tliabagh the temperature in
the middle of the bed could be below the ash-softetemperature of the
coal, it is not always a guarantee that bed agglamo® and clinkering will

not occur.
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In the upper 80% of the bed the char gasificatieactions are dominant,
resulting in an increase of the CO anglddncentrations and a decrease in the

CO, and HO concentrations.

Due to the high rate of the combustion reactior$88f the fixed carbon is
converted in the lower 20% of the bed. This ex@aahy increasing the bed
height often has little effect on the fixed carlmamversion.

In a fluidised bed gasifier a significant percemtad the inlet oxygen (£ 30%)
is consumed by the gas combustion reactions, wimsha negative effect on

the gas calorific value and the fixed carbon cosieerthat can be achieved.

The water-gas shift reaction occurs in both thevéwd and reverse directions
and is seldom at equilibrium at the gasifier outlBhis explains why rate
models have superior predictive capability compavét equilibrium models

which assume that the water-gas shift is at equiliv at the gasifier exit.

The model was used to predict the effect of vamriin reactant temperature,

dynamic bed height and char particle size on théopaance of the fluidised bed

gasifier. The sensitivity analysis showed that:

Increasing the reactant gas (air, oxygen and stéamperature from 250 °C
to 550 °C results in a relatively low increase he talorific value of the gas
(£ 9.3%) and the gasification efficiency (x 6.0%hce the fixed carbon
conversion decreases due to the lower oxygen irgmuired to maintain a

constant bed temperature.

Increasing the dynamic bed height results in ativelly low increase in the
fixed carbon conversion since at higher bed heigiis CO and kK
concentrations are higher, which inhibits the Gftéhe gasification reactions,

and the bed voidage is higher due to the largebleutiameter.
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* Although increasing the char particle size redutes rate of the char
combustion reaction, it results in a higher bedsigr(lower void fraction) in
the active zone (lower 20% of the bed), producinigher overall fixed
carbon conversion in the gasifier for a constardarctesidence time (bed

pressure drop).
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5.6 Chapter 5 and Appendix E nomenclature

a

AcH4

Aex
Ain
A

Aqd

Am

bCH4

bco

Bi
bi
B
B

Cash
Cehar
Co
Crixed
&
o
(o
Cpair
Cob

CoBC

decay constant for freeboard solids concentratio
devolatilisation yield coefficient for methane
devolatilisation yield coefficient for carbon monde
external surface area of gasifier bed section
internal surface area of gasifier bed section
devolatilisation yield coefficient

gasifier bed area

distributor area

gas property calculation coefficient of gas compume
logarithmic mean surface area

bed char particle size estimation coefficient

solids specific surface area

devolatilisation yield coefficient for methane
devolatilisation yield coefficient for carbon monde
fractional bed expansion

devolatilisation yield coefficient

gas property calculation coefficient of gas compume

bubble phase flow of increment |
bubble phase flow of increment | before net flow

bed char particle size estimation coefficient
gas concentration
ash in coal
carbon in char
drag coefficient
fixed carbon in coal
concentration of gas component i
concentration of gas component i in the bubblesph
concentration of gas component i in the emulpioase
heat capacity of air
heat capacity of the bubble gas
heat capacity of the bed char
heat capacity of the emulsion gas
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mol.st

mol’m
wt.%

wt.%

wt.%
mol.m

mol.ri?

mol.m
J.ng™

J&d
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Cpsteam

CVcc
dp
Dso
Dem

Eco2

En2o

fwgs

Hp
Hyc
Hoe
Hee
Hq

heat capacity of gas mixture

heat capacity of gas component i

heat capacity of solids mixture

heat capacity of steam

calorific value of the carbon in char

bubble diameter

minimum bubble diameter

maximum bubble diameter

equivalent gasifier bed diameter

gas diffusivity

char particle diameter/coal particle diameter
gasifier bed diameter

Arrhenius activation energy

surface emissivity

Arrhenius activation energy of the char-O®action
Arrhenius activation energy of the®kchar reaction

emulsion phase flow of increment |
emulsion phase flow of increment | before newflo

convergence criteria for solids temperature
convergence criteria for fixed carbon conversion
flowrate of bubble phase gas

flowrate of emulsion phase gas

flowrate of gas component i in the bubble phase
flowrate of gas component i in the emulsion phase
relative reactivity factor in the Johnson rateatgpn
parameter for the catalytic water-gas shift rieact
gravitational constant

dynamic bed height

bubble to cloud heat transfer coefficient

bubble to emulsion heat transfer coefficient
cloud to emulsion heat transfer coefficient

heat transfer through the distributor plate

heat transfer coefficient through the distribyitate
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st

mm

kJ.mol

kJ.met
kJ.mol
mdl.s
mol.s*

°C

mol.s

mol.s
l.gho

mol.s?

rt.s

J.mistic?

J.m’sic?t
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Hum bed height at minimum fluidisation conditions m

hp particle-to-emulsion gas heat transfer coefficien Jtstc?
Hw heat transfer through the furnace wall V¥.m

hw furnace wall heat transfer coefficient WK

[ gas component number -

j reaction number -

kocoz pre-exponential factor of the char-g@action atnis™t
Kom2 adsorption constant for hydrogen ash

Ky rate constant of Johnson char-steam rate equation ~ min*

Ko rate constant of Johnson char-hydrogen rate iequat ~ min*

Kbe interchange coefficient between bubble and emulgas  m(m)°s?
kco rate constant of carbon monoxide combustion mol’m®s*
Kcoai LH rate constant for char-G@asification atms™

Kq external diffusion rate of carbon combustion mol.m%satm*
Keq1 equilibrium constant in Johnson rate equation 1 -

Keg2 equilibrium constant in Johnson rate equation 2 -

Kep emulsion-to-particle mass transfer coefficient m.g

Kg thermal conductivity of gas mixture mis'c?
Ky thermal conductivity of pure gas component i it
Ko rate constant of carbon hydrogen combustion mol“m®s?
Kn2oi LH rate constants of char-steam gasification “athn
K, rate constant of Johnson char-steam rate equation ~ s*

K rate constant of Johnson char-hydrogen rate iequat s’

Ko pre-exponential factor Pa’
koz rate constant of carbon combustion makhatmi*
Ks external diffusion rate of carbon combustion mol.m%satm*
Kwgs equilibrium constant of the water-gas shift react -

Komz20 pre-exponential factor of the,B-char reaction atits*
Kugsb rate constant of the water-gas shift reactiomfbeiphase) mdim’s™
Kuwgse rate constant of the catalytic water-gas shiftieac mol.m’s*atm*
kw; thermal conductivity of thermal insulation Wha?
m reaction order -

M gaf dry ash-free coal feedrate k§.h
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M; devolatilisation yield of gas component i Kg.h

n reaction order -

N number of experiments -

Ny number of orifices in the distributor -

NF, net flow of increment | mol’s

n; interphase transfer rate of gas component i .t
nQ dry molar gas flowrate mol.h
NQ dry gas flowrate Nth*

0] number of performance variables -

P partial pressure of gas component i in the gas a P

pi partial pressure of gas component i in the gas atm
Po2 partial pressure of oxygen Pa

Qq heat transfer through the gasifier distributor W

Q gasifier energy input MJI*h

Q gasifier energy losses M3.h
Qw heat transfer through the gasifier wall W

O heat transfer from bed to freeboard w

R universal gas constant J.itot
Re particle Reynolds number -

rcHa combustion rate of methane mofsi
reo combustion rate of carbon monoxide molsh
M2 combustion rate of hydrogen mofst
g rate of reaction j based on gas volume mosm
N rate of reaction j based on solids surface area |.miis™
N rate of reaction j based on solids volume md&m
ro2 char combustion rate mol3s'
Fwgs rate of the water-gas shift reaction in the baliilase mol.is*
Fwgsc rate of the water-gas shift reaction in the einalphase  mol.fis?
T gas temperature K

Ta ambient temperature °C

T bubble temperature °C

T bed temperature °C

Tyq outside temperature of the distributor plate K
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TDH transport disengaging height m
T® emulsion temperature °C

T freeboard temperature °C

Ty gas temperature °C

Tp pretreatment temperature of char K

T, temperature of reactants °C
TS solids temperature °C

U superficial gas velocity mot's
Up bubble velocity mol’s
Unnt minimum fluidising velocity m5
Ui overall heat transfer coefficient Wt
Us slug velocity m5

Uy terminal falling velocity of particle m’s
Vi bubble volume n

VA gi molar flow of gas component i due to coal devdkstion mol.8
Vg interstitial gas velocity s

Vij stoichiometric coefficient of component i in reactij -
WNQyas wet gas flowrate NPt
X fractional conversion of fixed carbon in coal -

dXx . : o 1
(Ejj fractional char conversion rate by reaction | S
Xi mass fraction of gas component i in the volatiles -

Xmv mass fraction volatiles in the coal -
Xon_ measured performance variable o for the n-th ex@at -

Xon predicted performance variable o for the n-thezxpent -
XW; thickness of thermal insulation -
Xtars mass fraction tars in volatiles -
Yec mass fraction dry ash-free carbon in coal -
Yi mole fraction of gas component i -
z height above distributor m
Z objective function for model parameter estimatio -

Z parameter in Darton equation m
Vs solids concentration of the freeboard kg.m
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Emf

Pchar
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solids concentration at the top of the bed

latent heat of water evaporation at°25

adsorption enthalpy of hydrogen

heat of reaction |

sensible heat of gas component i in the bubbleghas
sensible heat of gas component i in the emulsi@s@h
height of an incremental bed section

parameter in structural factor of Johnson rateagqgn
grain model structural parameter

bed voidage at minimum fluidisation conditions
net flow calculation parameter

char density

gas density

gas viscosity

viscosity of gas component i

combustion product distribution coefficient
bubble slug fraction of the bed

random pore model structural parameter
mean temperature difference

Stefan-Boltzmann constant

Acronyms/Abbreviations

CFD
Cv
CPFD
CSTR
FBG
FBC
GG

Computational fluid dynamics
Calorific value

Computational particle fluid dynamics
Continuously stirred tank reactor
Fluidised bed gasifier

Fluidised bed combustor

Grootegeluk
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K§.m
MJ.kg"
KJ.thol
J.mbl
J.mof*

J.mot
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KTGF Kinetic theory of granular flow
LH Langmuir-Hinshelwood

N/R Not reported

NV New Vaal

ODE Ordinary differential equation
RHS Right-hand side

TFM Two fluid model
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CHAPTER 6 GENERAL CONCLUSIONS AND
RECOMMENDATIONS

This thesis presents results of the characterisatiench-scale kinetic evaluation and
pilot-scale fluidised bed gasification of two higeh South African coals. The
development of a fluidised bed coal gasificationdeids described, together with the
evaluation of the predictive capability of the mbbdg comparing the model outputs
with the results from a pilot-scale fluidised beakijier at the CSIR.

6.1 Conclusions

The conclusions drawn from this investigation &e= following:

6.1.1 Coal characterisation

* Due to the relatively high-ash contents and lovoifit values of New Vaal
and Grootegeluk coals, they are classified as Gbadeals. Based on the rank
classification system using vitrinite reflectantieg rank of New Vaal coal is
medium-rank bituminous (D) and the rank of Grooleigecoal is medium-
rank bituminous (C). The grade and rank of New \éaal Grootegeluk coals
are similar to those of other selected high-ashscadlised by Sasol and

Eskom for power generation.

e Comparison of the petrographic analysis of New \éaal Grootegeluk coals
with other South African coals show that New Vaadlchas a notably lower
vitrinite reflectance, indicating a higher gasifica reactivity. Grootegeluk

coal has relatively higher vitrinite and volatilatter contents.
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6.1.2

6.1.3

Bench-scale coal gasification and devol@ation experiments

Char-steam gasification experiments carried outainthermogravimetric
analyser found that the relative reactivity fadff) in the Johnson char-steam
rate equation is 8.65 and 1.91 for New Vaal and o@&geluk coals
respectively. This indicates that New Vaal coal aasgnificantly higher char-
steam gasification reactivity than Grootegeluk céalrthermore, the results
indicate that thermogravimetric analyser data @guired to estimate the
value of f for high-ash South African coals since the -cotreta
recommended by Johnson, which is based on thediiryrae carbon content
of the coal (%), results in a significant under-prediction @fif the case of

New Vaal coal.

Char-CQ gasificationTGA data was applied to obtain parameters for &-fir
order char-C@ rate equation. From the results it can be condutiat the

char-CQ gasification rate is higher (205 times) for New Vaal coal
compared to Grootegeluk coal and that the charrstgasification rate is
higher (5-10 times) than the char-G@asification rate for both coals.

Coal devolatilisation tests carried out in a benchle fluidised bed reactor
shows that Grootegeluk coal produces higher coretgms of CH and lower
concentrations of CO, +and CQ than New Vaal coal. This can be attributed
to the higher vitrinite and volatile matter contefGrootegeluk coal.

Pilot-scale fluidised bed gasification tests

Stable gasification of two high-ash, low-grade $o@ffrican coals with a
particle size of 0.5 to 4 mm was achieved in a RMOpilot-scale atmospheric
pressure bubbling fluidised bed gasifier operatihtemperatures between 880
and 98C°C.

The fixed carbon conversion and gasification effwy obtained in the
gasifier increases with bed temperature, char eesil time, coal reactivity

and steam concentration in the gasifier. The mamimfixed carbon
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6.1.4

conversion achievable using Grootegeluk and Newl ¢aals is, however,
limited to + 88% due to thermal fragmentation anttiteon of coal in the

gasifier. The fines generated in the gasifier drgriated to the freeboard
region where the conversion rate is low due to dahsence of oxygen, the
presence of high concentrations of CO andwfich inhibit the gasification
reactions, and the lower temperatures and residemzs of char particles

compared with the bed.

Enrichment of the oxygen concentration of the geedifon air from 21 vol.%
to 36 vol.% by means of oxygen addition producsegaificant increase in the
calorific value of the gas (3.0 to 5.5 MJ/RmThis can be attributed to the
reduced dilution effect of nitrogen and the higheram concentrations in the
gasifier when oxygen-enriched air and steam arel @&se the gasification

agents.

The high-ash content of the coals tested resultsa imeduction of the
gasification efficiency due to the sensible heaslin the ash. In terms of
gasifier operation, the advantage of high-ash csailsat the the drainage rate
of bed ash is higher, which reduces the accumulatiacoarse particles on the
distributor, and thereby prevents hotspot forma#ind clinkering of the bed.

Fluidised bed gasifier modelling

A fluidised bed gasifier model was developed whichased on the two-phase
theory of fluidisation, chemical reaction ratesalcdevolatilisation, interphase
mass transfer and heat transfer. Parameters fomtuel were obtained by
means of thermogravimetric analyser experiments, nclibascale
devolatilisation experiments and heat loss calmrat The predictive
capability of the model was evaluated by comparmadel predictions with
the results of the pilot-scale gasification testied out on Grootegeluk and
New Vaal coals. It is concluded that the agreembehiveen experimental and
predicted results is satisfactory considering thmmexity of the fluidised bed

coal gasification process.
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6.2

The advantage of models that are based on redgtietics is that in addition

to being able to predict the fixed carbon conversithey predict gas

component concentrations and chemical reactiors rasea function of bed
height in the gasifier and therefore provide usefslghts and understanding
of coal gasification in a fluidised bed.

Furthermore, the model is useful for analysing effect of major operating
variables such as reactant temperature, bed hanghtoal particle size on the
performance of the gasifier and can therefore leel fisr design, optimisation

and scale-up of fluidised bed coal gasifiers.

Contribution to coal science and technology

The following outputs from this research can bensa® contributions to the current

knowledge base on the fluidised bed gasificatioooal:

Determination of parameters for the Johnson clearstrate equation for two
high-ash South African coals by means of thermagratric analyser tests.
The rate equation and associated parameters dadreorated into fluidised
bed coal gasifier models that are based on theptvase theory of fluidisation
and gasifier models that use computational fluidashgic (CFD) techniques to
describe the hydrodynamics in the gasifier.

Generation of a comprehensive set of experimerdé dn the pilot-scale
atmospheric fluidised bed gasification of two hmgh South African coals
using oxygen-enriched air-steam, oxygen-steam argteam mixtures as the
gasification agents. These data can be used fammer estimation and
validation of fluidised bed coal gasifier models.

Development of a fluidised bed coal gasifier ratedel based on the two-
phase theory of fluidisation, accounting for coavalatilisation, chemical

reactions, transfer processes and attrition of.dResposal for an alternative
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sub-model to predict the products of coal devasatiion and incorporation of
the sub-model into the fluidised bed coal gasifiedel.

This study has shown that a fluidised bed coalfigagnodel, using parameter
values obtained by means of bench-scale experinments/o high-ash South
African coals, gives satisfactory agreement betwewdel predictions and
pilot-scale fluidised bed gasification test resghsried out on these two coals.
A reasonable estimation of the performance of cotiler than New Vaal and
Grootegeluk coals in fluidised bed coal gasifieem ¢therefore be made by
using the model with parameters obtained from besoele tests on these
other coals and estimating the value of the gadiiat losses (Q) by means of

a heat loss calculation.

Recommendations for future investigations

The following recommendations are proposed forhierrtinvestigation, which could

contribute to the expansion of knowledge of thésaion of high-ash South African

coal in fluidised bed gasifiers:

This investigation has shown that the use of a entional bubbling fluidised
bed gasifier design for the gasification of higlh-&outh African coals results
in low fixed carbon conversions, which leads to Igasification efficiencies.

To increase the fixed carbon conversion it is reoemded that a high-
velocity circulating fluidised bed design of thepé&yshown in Figure 1.6 be
investigated. Initial investigations could be liedt to bench-scale,
thermogravimetric analyser and modelling studiesgudNew Vaal coal. If

these are promising, a pressurised pilot-scaldigasould be considered.

Although agglomeration and defluidisation of thed beas not experienced
during the atmospheric pilot-scale bubbling fluetisbed gasification tests
carried out on high-ash South African coals, therditure suggests that at
higher pressures (> 0.5 MPa), higher temperatimegenerated in the lower

part of the bed which could increase the tenderidy@ bed to agglomerate
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and defluidise. To address bed agglomeration ahenigoressures it is
recommended that the suitability of the U-GA&sh-agglomerating fluidised
bed gasifier (Figure 1.5) be evaluated for the fgadion of high-ash South

African coals.

* The following improvements to the model are recomdegl to improve its

predictive capability and to expand its range qflaation:

0 Include reactions involving sulphur and nitrogeea@ps to predict the
emission of pollutants such as$ COS, S@ NO, NG, N,O, HCN
and NH;,

0 include the formation of §H¢ in the devolatilisation sub-model,

0 upgrade all sub-models to allow simulation to beried out at
pressures up to 3 MPa

o and expand the hydrodynamic model to include thgh-helocity

circulating fluidised bed regime.

* One option for addressing the low fixed carbon @wswn problem of
fluidised bed coal gasifiers is to utilise the higdrbon char that is produced
by the gasifier in a secondary pulverised fuelloidfsed bed combustor for
steam generation and pre-heating of reactantseaydsifier. It is therefore
recommended that the combustion characteristi¢eotyclone and bed char
produced by the pilot-scale gasifier at the CSIR imeestigated using a

thermogravimetric analyser and bench-scale reactors
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APPENDIX A: GENERAL INTRODUCTION

Appendix A.1: Coal utilised by gasification in South Africa to 2036

Table A.1 shows an estimation of the amount of toal was utilised by gasification
between 2006 and 2012 and the amount of coal thiabevutilised by gasification
between 2012 and 2036.

Table A.1: Domestic primary energy supply and coalitilisation by gasification

Coal . .
Total primary | contribution Primary Tot_a_l coal | Coal utilised
. energy utilised by
Year energy supply| to primary : : el
(EJ/a) energy supplied by | domestically gasmcatllon
mix (%6) coal (EJ/a) (Mt/a) (Mt/a)
2006 5.64 74.1 4.18 171 30
2007 5.72 73.6 4.21 172 30
2008 5.81 73.1 4.25 174 30
2009 5.90 72.6 4.28 175 31
2010 5.99 72.0 4.31 176 31
2011 6.08 71.5 4.35 178 31
2012 6.17 71.0 4.38 179 31
2013 6.32 70.5 4.46 182 32
2014 6.48 70.1 4.54 186 33
2015 6.64 69.6 4.62 189 33
2016 6.81 69.2 4,71 193 34
2017 6.98 68.7 4,79 196 34
2018 7.15 68.3 4.88 200 35
2019 7.33 67.8 4.97 203 36
2020 7.51 67.3 5.06 207 36
2021 7.70 66.9 5.15 211 37
2022 7.89 66.4 5.24 215 38
2023 8.09 66.0 5.34 218 38
2024 8.29 65.5 5.43 222 39
2025 8.50 65.0 5.53 226 40
2026 8.71 64.6 5.63 230 40
2027 8.93 64.1 5.73 234 41
2028 9.15 63.7 5.83 239 42
2029 9.38 63.2 5.93 243 43
2030 9.62 62.8 6.04 247 43
2031 9.86 62.3 6.14 251 44
2032 10.11 61.8 6.25 256 45
2033 10.36 61.4 6.36 260 46
2034 10.62 60.9 6.47 265 46
2035 10.88 60.5 6.58 269 47
2036 11.15 60.0 6.69 274 48

lFigure 1.3 in Chapter 1 shows that Sasol utilisedM/a coal for synfuel production in 2006.
This consisted of 30 Mt/a by means of gasificafiorasol FBDB gasifiers and 10 Mt/a by

means of PF combustion
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The estimation given in Table A.1 is based on tieWing assumptions:

2006 to 2012
* Primary energy supply increased by 1.5% per annum.
« Contribution of coal to primary mix decreased frégf1% to 71.0%.

» Coal utilised by gasification accounted for 17.5Palblocally utilised coal.

2012 to 2036
* Primary energy supply will increase by 2.5% peruann
» Contribution of coal to primary mix will decreagerin 71% to 60%.

» Coal utilised by gasification will account for 1%%of all locally utilised coal.
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APPENDIX B: COAL CHARACTERISATION

Appendix B.1: Calculation of coal particle density

The bulk density of low-porosity coals.fx < 5%) can be measured using the water
displacement method (Engelbrecht, 2007).

Appendix B.2: Calculation of BET coal porosity

For cylindrical pores the porosity of coal can lkadcualated using equation (2.3).
Equation (2.3) was derived using surface area ahagme calculations (Engelbrecht,
2007).

o = S @3
Where:

€coal porosity of coal (%)
dpore average pore diameter by BET analysis nm
SeeT surface area of coal by BET analysis g
Pcoal coal particle density kgim
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APPENDIX C:

BENCH-SCALE GASIFICATION AND

DEVOLATILISATION EXPERIMENTS

Appendix C.1: Effect of temperature on char-steam gsification rate

The effect of temperature on the char-steam gasidic rate using reacting gas mix
one (20 vol.% HO, 5 vol.% H, 5 vol.% CO, 70 vol.% B is given in Figure C.la.
These are tests NV1, NV4, NV7, GG1, GG4 and GGémgin Table 3.2 (Chapter 3).
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Figure C.1a: Effect of temperature on char gasifiation rate at 87.5 kPa

The effect of temperature on the char-steam gasidic rate using reacting gas mix
two (30 vol.% HO, 10 vol.% H, 10 vol.% CO, 50 vol.% } is given in Figure C.1b.
These are tests NV2, NV5, NV8, GG2, GG5 and GG8mgin Table 3.2 (Chapter3).
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Figure C.1b: Effect of temperature on char gasifiation rate at 87.5 kPa
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Appendix C.2: Effect of steam concentration on thehar-steam gasification rate

The effect of steam concentration on the char-stgasification rate at 850 °C (New
Vaal char) and 880 °C (Grootegeluk char) is giverFigure C.2a. These tests are
NV1, NV2, NV3, GG1, GG2 and GG3 given in Table @hapter 3).

New Vaal char Grootegeluk char

1.0 7 A:“MAM o 1.0 [ d M“ ‘%ww‘ ot
—_ AAMA‘MA ~ ' Mo
008 = 7008 ! 4w
g g 4
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Figure C.2a: Effect of steam concentration on chagasification rate at 87.5 kPa

The effect of steam concentration on the char-stgasification rate at 900 °C (New
Vaal char) and 920 °C (Grootegeluk char) is giverFigure C.2b. These tests are
NV4, NV5, NV6, GG4, GG5 and GG6 given in Table Ehapter 3).
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Figure C.2b: Effect of steam concentration on chagasification rate at 87.5 kPa
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Appendix C.3: Coal devolatilisation sub-model develpment

Equations are derived that calculate the rate ofution of CO, CQ, H,, CH,, HO
and N as a result of coal devolatilisation. The equatiare based on elemental mass
balances and are therefore consistent with theiriaie and ultimate analysis of the
coal and the coal feedrate to the gasifier, thengtoywiding a basis for an overall

gasifier elemental mass balance closure.

The devolatilisation sub-model of the fluidised lwe@l gasifier model is based on the

following assumptions:

The volatile yield is equal to volatile matter cent of the coal as determined

by the SABS ISO 562:1998 method.

« Due to the rapid devolatilisation rate and high alatilisation temperature
(900 — 980° C) the formation of ethylene)k), ethane (€He), light oils and
tar are not included in the devolatilisation model.

* The volatiles and inherent moisture in the coaldpoe CO, CQ H,, CH,,
H.O and N during the devolatilisation stage.

» The difference between the total and fixed carbornhie coal produces the
carbon for the CO, C£and CH in the volatile gases.

* The hydrogen in the 5ICH,; and HO originates from the hydrogen in the coal
(ultimate analysis) and the hydrogen in the inhenmmoisture (proximate
analysis).

* The oxygen in the CO, GOand HO in the volatiles originates from the
oxygen in the coal (ultimate analysis) and the iehemoisture in the coal.

« The N in the volatiles originates from the nitrogen imetcoal (ultimate
analysis). The evolution of NbHHHCN and NQ has not been included in the
model.

* The reactions of CQand HO (produced during devolatilisation) with char

have not been included in the devolatilisation nhode
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Appendix C.3.1: Elemental mass balance equations
Based on the above assumptions, elemental masscbaladan be carried out for

carbon, hydrogen and oxygen.
Carbon balance

{Carbon from coal} = {Carbon in gas}

In symbols and using units of mol/h

10
Gcoal (C - Cfixed )(Ej = nQ(VCO2 + Vco + VCH4) (C31)
Hydrogen balance
{Hydrogen from coal} = {Hydrogen in gas}

In symbols and using units of mol/h

Gcoa,(H + (1_28le 2O}10= NQ(2Vy, +2V, o +4V, ) (C.3.2)

Oxygen balance

{Oxygen from coal} = {Oxygen in gas}

In symbols and using units of mol/h

16 10
Gcoa(o + (1—8le ZOJ'(EJ = nQ(ZVCOZ +Vo+ Veo) (C.3.3)
Where:
Veo * VH2 + VCH4 + Vco2 + VHZO =100 (C.3.4)

The above mass balance produces four equationsl(€.8.3.4) with six unknowns
(Vco, V2, Vera Veoa Vizoand nQ).
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If values of \&o and \tn4 are obtained from the bench-scale fluidised bedtos
tests, four equations and four unknowns resultr afé@rrangement of equations

(C.3.1) to (C.3.4), which can be represented bpgles matrix equation (C.3.5).

010 av_VHz | dv
2 0 2 bv||Veo, | _|ev (C.35)
021 cv|Vyo fv o
1110 (nQ)'l Qv
Vu, | To 1 0 av][dv
\Y
—s co, |_ 2 0 2 bv ev (C.3.6)
Vio 0 2 1 vcv| |fv
(nQ)‘l 111 O gv
In equation C.3.6:
1000
av=-G_,\C-C
coal( fixed )( 12 j
2
bv=-G_,|H+ —jIHZO 1000
18
cV= —Gcoal(O + (EJIH 20)(@]
18 16 (C.3.7)
dv=V., =V,
ev=-4V,
1EVZ_V(:O

gv=100- (V. + VCHA)

The solution of equation (C.3.6) gives the valué¥/@, Vcoz V2o and nQ. The
values of \tys and o in equation (C.3.7) are on a wet basis. Sincevtiees in
Table 3.8 are on a dry basis, the values on a a&@s lhave to be initially guessed to
allow the dry-based values to be calculated. Araiien procedure is used until the

calculated dry-based values oM and \&o are equal to the values in Table 3.8,
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Figure 3.12 and Figure 3.13. These values are doyehnear equations (C.3.8) —
(C.3.11).

New Vaal
Vs = 0.046T -17.9 (C.3.8)
Vio = -0.033T + 35.8 (C.3.9)

Grootegeluk
Vs = -0.116T + 131 (C.3.10)
Vio = 0.053T - 27.5 (C.3.11)

The molar evolution rates of COpHCH,, H,O, CO, and N into the emulsion phase
of the fluidised bed coal gasifier as a result o&lcdevolatilisation are given by
equation (C.3.12).

Vf o = (NQ.V50)/3600

Vf g, =(nQ.V,, )/3600

Vf e, = (NQV4, )/3600

Vf .0 = (NQV,, 5)/3600 (C.3.12)
Vf o, = (NQV4,, )/3600

10
Vg, = (GcoalN(z—J)/sﬁoo
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APPENDIX D: PILOT-SCALE FLUIDISED BED COAL
GASIFICATION

NOTE: Symbols used in Appendix D are defined in tioenenclature at the end of
Chapter 4.

Appendix D.1: Pilot-scale fluidised bed gasifier

Appendix D.1.1: Coal feeding

Fluidised bed gasifier coal feeding system

Furnace wall (400 mm)

Coal screw feeder

v Solenoid valve Actuating current
~ Q

& .
Coal feed chute (50 mm @) Air accumulator

Compressed air (4 bar)

Blast air pipe (10 mm Q)

Fluidised bed level

Figure D.1.1: Coal feed screw and coal feed chute
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Appendix D.1.2: Steam generation

Figure D.1.2: Electrode boiler rated at 60 kg/h darated steam at 600 kPa

pressure

Appendix D.1.3: Bed char extraction

Figure D.1.3: Water-cooled bed char extraction s@w conveyor
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Appendix D.1.4: Hot gas cyclone

Cyclone dimensions:

Cyclone inlet: 200 mm x 80 mm
Barrel diameter: 400 mm

Barrel height: 300 mm

Cone height: 650 mm

Bottom outlet diameter: 80 mm
\ortex finder diameter: 150 mm

Figure D.1.4: Hot gas cyclone for capture of elutated char
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Appendix D.1.5: Gas cooling and cleaning

Scrubber dimensions:

Inlet diameter: 400 mm
Scrubber diameter: 1000 mm
Scrubber height: 5000 mm
Outlet diameter: 200 mm

Figure D.1.5: Gas quench scrubber
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Appendix D.1.6: Flaring of gas

Figure D.1.6: Flare for low-CV gas
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Appendix D.1.7: Calculated values of  as a function of char particle size

2
Char density
800 kg/m3 Gas temperature (°C) - 925
s ] | ik e (0 - s
= 1200 kg/m3 g :
“» _ 5, 150(1-e_ng -
é 1. sSPg Umf - TmU of = (pchar ~Pg )gdpsl‘;lf
~ 1
E
=
0.5 1
0 -.. ‘ | | |

Char particle size (mm)

Figure D.1.7: Uy as a function of char particle size for various car densities
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Appendix D.1.8: FBG distributor plate

T
Ty
3 L 3 ol o

Figure D.1.8: FBG distributor plate removed from the furnace

Appendix D.1.9: Distributor pressure drop

5
= 45
% 4 - i 2
o ) I
£ 351 ApD=[pTg!{‘_l _—

<) Cd,) + Measured

o 3
=
B 2.5 —Cd =0.675
&
S 2]
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%) Air pressure - 92 kPa
z
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Airflow (Nm?/h)

Figure D.1.9: Distributor pressure drop as a fundbon of airflow
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Appendix D.1.10: Coal feeder calibration and calcwtion formulae

50

451 4 Newvaal  y=24151x°%%
—
% 40 Grootegeluk y =1.5639x"%%
< 35-
)
© 30
D
q‘) 25’
S
g 201 Feeder diameter (mm) - 50
© 151 Pitch of flights (mm) - 40

10 1

5 ‘ ‘ ‘
Screw speed (RPN

Figure D.1.10: Coal feedrate as a function of screrotational speed
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Appendix D.1.11: Airflow measurement

Figure D.1.11: Airflow orifice plate and manometer

Appendix D.1.12: Airflow calculation

90

w0 | o 445 [OISEPP
air 273+T

70 A

= Q,;= Air flow (Nm’/h)
o 60 {AP= Orifice pressure drop (kPa)
= 50 | P = Absolute pressure (kPa)
£ T = Temperature (°C) T
% 40
£ 30 —
< // Pipe diameter (mm) -50
20 o Orifice diameter (mm) - 20
10 / Air temperature (°C) - 45
Air pressure (kPa) - 96
0 . - .

0 0.5 1 1.5 2 2.5 3 35 4 4.5 5
Orifice plate pressurre drop(kPa)

Figure D.1.12: Oirifice plate calibration and calcuation formulae
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Appendix D.1.13: Steam flow measurement

Figure D.1.13: Rotameter for steam flow measuremen

Appendix D.1.14: Steam flow calculation

/S
v i
7] 1 ///’ Gauge
2 1e / %7 / . pressure
= of steam
o d
2 15 / By
14 ——0 kPa
5 13 /| /;r /
= 4 / —8-25 kPa
E 12 /)\/ ‘ ’;///
g 11 / ‘Jr /,// 50 kPa
n 10 - i 75 kPa
9 -
8 —%—100 kPa
7
6
5 T T
10 15 20 25 30 35 40 45 50

Rotameter reading (%0)

Figure D.1.14: Steam flow calibration graph
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Appendix D.1.15: Oxygen flow measurement

Figure D.1.15: Rotameter for oxygen flow measurenm

Appendix D.1.16: Oxygen flow calculation

10
9 //
8 / /
an v
&
% ] . /
=
e
4/
4
3
20 25 30 35 40
Rotameter reading (%)

Figure D.1.16: Oxygen flow calibration graph
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Appendix D.1.17: Analysis of CO, CH and CO,

Figure D.1.17: Servomex infrared gas analyser

Appendix D.1.18: Analysis of H

Figure D.1.18: Servomex thermal conductivity analger
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Appendix D.1.19: Analysis of Q

Figure D.1.19: Hartman and Braun paramagnetic analser
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Appendix D.2: Fluidised bed gasification test rest and calculations

Appendix D.2.1: Temperature and gas concentration qofiles for Grootegeluk

coal
Grootegeluk: Test 3 Date: 27/01/2010
1100
1050 - Test period
1000 - //:w +
= n p 5 =N
950 - V/./:—:V -
[ =
g 900 1 S
% 850
8 ] | ———x———
5 800
5,
2 750
£ 700 |
= 650 - —-T1 - Thermocouple at + 30 mm
=-T3 - Thermocouple at + 130 mm
600 TS - Thermocouple at + 270 mm
550 T8 - Thermocouple at +3000 mm
500 ——T9 - Thermocouple at + 3800 mm
15:00:00 17:00:00 19:00:00 21:00:00 23:00:00
Time (h)

Figure D.2.1a: Gasifier temperature profile for Grootegeluk coal (Test 3)

Grootegeluk: Test 3 Date: 27/01/2010

30
S 25
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3 " e > * o o |y pe . 4 —-+-CO2
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= 15 . = CH4
= o
o) - .
o 10 1 . Test period
<
O

5 .

0 : : : :

15:00:00 17:00:00 19:00:00 21:00:00 23:00:00
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Figure D.2.1b: Gasifier gas concentration profildor Grootegeluk coal (Test 3)
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Appendix D.2.2: Calculation of bed char residencerne

For the purposes of this study the average resadénee of char particles in the

gasifier ) is defined as:

T (min) = (mass of char in the bed (kg)/char feezl(kt/h)).60 (D.2.2a)

Note: Since the volatiles are released from the coésa than 0.5 min (Ross, 2000)
after entering the gasifier, the char feedrate (asfixed carbon) is used in the

calculation of the char residence time and notctad feedrate.

In order to calculate the mass of char in the gasifthe mass of char above the lower
pressure probe, which is located 130 mm above iteilaitor plate, is calculated
using the measured pressure drop. The mass ofbetaw the probe is calculated
using the height of this section (130 mm), the aharsity and the bed voidage.

Bed pressure drop (Pa)APs = P1-P2 (see Figure 4.5, Tables 4.9 and 4.10)

AP, - M9 (D.2.2b)
Ag

Where:

M, = bed mass above pressure probe (kg) (above P1)

g = gravitational constant (nfjs= 9.81

Ag = bed area (f) = 0.04

v = OPsAs _ AP,
! g 2455

(D.2.2c)
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Bed mass below pressure probe =(kkelow P1)

M =AQL-8)ppH, (D.2.2d)
Where:
€ = bed voidage at bed velocity0.80 (bed velocity > 5 x )
(voidage below the probe)
Pchar = char density (kg/f) — function of carbon in bed char (Figures 4.18 an
4.19)
Hp = distance from distributor to pressure probe P1 = 0.130 m
Total bed mass (kg) = MM; + M, = 2A4285 + A (1-6)PyraH (D.2.2¢)

Residence time of char (min)y=—= —X 60 (D.2.2f)
char

6. - Gwa.(cfggcﬁxed) 0229

Where:

Geoal = coal feedrate (kg/h)

Cash = ash in coal (wt.%)

Ciixed = fixed carbon in coal (wt.%)

The accuracy of the calculated char residence ¢tjnie associated mainly with errors
in the measurement afPs and Goa Using the tolerances given in Section 4.3.3 and
equations (D.2.2a) to (D.2.2f), the accuracy of thaéulated residence time) (is

estimated to be + 3 min.
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Appendix D.2.3: Calculation of the concentration obxygen in the enriched air

and in the total inlet flow

The following measured values are used to calculaeconcentration of oxygen in

the enriched air (E\r) and in the total inlet flow (R.eT):

Airflow (Nm?h) = Qur
Oxygen flow (kg/h) =G,
Steam flow (kg/h) = Geam

.
Total molar flow of oxygen (mol/h) = nG= Q,, .(4464).(021) +—G°2:§2000
G,,.(100
Total molar flow of air and oxygen (mol/h) = nEARQ,, .(44.64).+—°23(2 9

G,,.(100Q G 100
Total inlet flow (mol/h) = nINLET =Q,, .(@4464).+—2 (1009 | Gsear (1009
32 18
Oxygen concentration of enriched air (vol.%pz, . = % 100 (D.2.33a)
n
Oxygen concentration of total inlet flow (vol.%0)G r = H:TOIZET 100 (D.2.3b)
n

The accuracy of the calculated concentration ofyeryin the enriched air ¢ar) and

in the total inlet flow (G eT) is associated mainly with errors in the measurgré

Qair, Gozand GeeamUsing the tolerances given in Section 3.3.3 anctgps (D.2.3a)
to (D.2.3b), the accuracy of the calculated valole®©gar and Qyer IS estimated to
be + 1%.
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Appendix D.2.4: Calculation of Stoichiometric, andsteam:carbon molar ratios

The following measured values are used to calculaestoichiometric ®yr) and

steam:carbon (30:Cyr) molar ratios:

Airflow (Nm¥h) = Q Oxygen flow (kg/h) = G,
Steam flow (kg/h) = Geam Coal feedrate (kg/h) =&
Carbon in coal (wt.%) = C Hydrogen in coal (wt.&oH
Sulphur in coal (Wt.%) = S Oxygen in coal (wt.%D=

Total molar flow of oxygen (O) (mol/h) = nO €, .(4464).(021) +%)2 (D.2.4a)
Total molar flow of steam (mol/h) = nB = Gm%élooo (D.2.4b)
C
coal (ﬁ)-(looo
Total molar flow of carbon in the coal (mol/h) = rG 1 (D.2.4c)
Total molar flow of hydrogen (H) in the coal (mdlfanH = G, .(%)j.(looq (D.2.4d)
coal (100) (1000
Total molar flow of sulphur (S) in the coal (molAanS = 2 (D.2.4¢)
Gcoal (1 ) (100()
Total molar flow of oxygen (O) in the coal (molfANOC = 16 (D.2.4f)
- . . nO
Stoichiometric molar ratio Pz = o . (D.2.4q)
2(nC) +7 +2(nS) -n0OC
H,O
Steam:carbon molar ratio H,0: Cyg = nné (D.2.4h)

The accuracy of the calculated the stoichiometbigg) and steam:carbon (B:Cygr)
molar ratios is associated mainly with errors ia theasurement of £ Goz, Gsteam
Geoas C, H, O, and S. Using the tolerances given inti®&ec3.3.3 and Equations
(D.2.4a) to (D.2.4b), the accuracy of the calcWatalues ofdyr and HO:Cyr is

estimated to be + 1%.
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Appendix D.2.5: Calculation of fluidising velocity (U)

The fluidising velocity is calculated based on ¢fasifier inlet flow of air, oxygen and
steam and the bed temperature (T4) and pressgre 4P kPa) at 200 mm above the
distributor plate. The actual velocity at this piasi in the bed will be slightly higher
(= 10%) since the gas volume increases due to ds#ication reactions taking place

in the gasifier.

Note:
* Normal (N) conditions are 101.325 kPa and 273 °C

« 1 Nn? contains 44.64 gmoles of an ideal gas

Qar = air flow (Nn/h)

Goz = oxygen flow (kg/h)

Gsteam = steam flow (kg/h)

Ps = bed pressure (kPa)

Ts = bed temperature (°C) = T4
Ag = bed area (A)

Giear 1000 Go,-1000
(18)(4464) (32).(44649)

NQotal = QAir + 124$steam+ 0'7602

Total gas flow to bed (NP#h) = NQota = Q,, +

Ty +273
Total flow to bed at bed conditions {n) = Qota = NQom[lOlSZSJ( B j

P, 273

(Qur + 124565+ 0.7G02)(101325J(TB + 273)

Qtotal — PB 273

U(m/s) = =
3600A, 3600A,

(D.2.5)
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The accuracy of the calculated fluidising veloditj) is associated with errors in the
measurement of £ Gseam Te and RB. Using the tolerances given in Section 3.3.3
and equation (D.2.5), the accuracy of the calcdlates estimated to be + 0.1 m/s.

The equation to calculate the minimum fluidisindgoegty (Uny) is given in Appendix
E.1.1.1.

Appendix D.2.6: Calculation of dry gas calorific vdue (CVyag

The gross calorific value of the gas is the gresat lof combustion of:

CO+¥»%Q=>C0O AHe0s = -283.1 kd/mol = -12.639 MJ/Nm
Hy + % G => H,0 AHe0s = -286.0 kd/mol = -12.766 MJ/Nm
CHs+ 2G,=>C0O, +2H0 AHe0s = -890.8 kd/mol = -39.765 MJ/Nm
H.S + 1%2 Q =>SG + H,0 AHe0s = -519.0 kd/mol = -23.179 MJ/Nm

=>  |CV,.(MJ/NNT) = 012630/, + 012766/, +0.39768/, +02317%,,

(D.2.6)
Where:
Vo = CO concentration of the gas (vol.%)
Vi, = H, concentration of the gas (vol.%)
Vew, = CH, concentration of the gas (vol.%)
Vis = H.S concentration of the gas (vol.%)
Vs is calculated based on the assumption that aButghur in the coal forms4S:

Vie = O.IZIGMS
Qyas
Where:
Geoal = coal feedrate to the gasifier (kg/h)
S = sulphur in the coal (wt.%)
NQgas = dry gas flow (NrYh) — (Appendix D.2.7)
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The accuracy of the calculated calorific value (gMs associated with errors in the
measurement of 36, Vi, Vcus, S and Goae Using the tolerances given in Section
4.3.3 and equation (D.2.6), the accuracy of theuwaled CV is estimated to be
+0.15 MJ/Nm.

Appendix D.2.7: Calculation of dry gas flowrate (NQay

Accurate measurement of the dry gas flowrate wagpossible since the gas after the
scrubber contained an unknown and variable amotimassture. The dry syngas
flowrate (NQa9 Was therefore calculated using a nitrogen balametod.

The following measured values were used to caleula dry gas flowrate:

Qar = airflow (Nm*h)

Vo = CO concentration of the gas (vol.%)

Vg, = H, concentration of the gas (vol.%)

Ven, = CH, concentration of the gas (vol.%)

Veo, = CQO, concentration of the gas (vol.%)

Vo, = O, concentration of the gas (vol.%)

OTH = HS, COS, S@ NHs;, HCN and G' = 0.4 vol.%

NQ "Ry (D.2.7a)

gas — [100— (\/Co +VH2 +VCH4 +VC02 +VOz +o-|-|_|)]

For the tests using oxygen and steam as the gdmficagents, a carbon balance

method was used to calculate the dry gas flowfd@y{9:

G C:TOTALCONC:

N ans - coal

= (D.2.7b)
5357.(V,, + Cen, +Vco2)

Where:
Geoal = coal feedrate (kg/h)
CrotaLcon = total fixed carbon conversion (%)
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C

total carbon in coal (wt.%)

Appendix D.2.8: Calculation of dynamic bed height

The dynamic bed height ¢His defined as the expanded height of the flutlised
when it is fluidised at the operating fluidisingoeaty.

= = M, (D.2.8)
As (1) Penar

where:
Hp = dynamic bed height (m)
M = total bed mass (kg) (Appendix D.2.2, equatior2(Ed))
Ag = area of bed = 0.04m
€e = voidage of the expanded bed (0.83 - 0.87 — caledlusing model)
Pchar = char density (kg/M — function of carbon in bed char (Figures 4.18 an

4.19)

Appendix D.2.9: Calculation of char elutriated to he cyclone, fixed carbon

conversion and total carbon conversion

Calculation of the total and fixed carbon convarsi® based on the assumption that
the char produced by the gasifier does not cora@ynvolatile matter. The char would
contain small amounts of volatile matter sincedhar produced by the gasifier has a
relatively wide residence time distribution. Thdatde matter content would be less
than + 1% due to the high average residence tinpadicles in the gasifier (16 — 49

min).

The following measured values are used to calculaefixed carbon conversion
(Crixencon), total carbon conversion {€raLcon) and percentage char elutriated)A

Coal feedrate (kg/h) =&u=a (measured)
Fixed carbon in coal (Wt.%) =feq=b (measured)
Total carbon in coal (Wt.%) =C =3b (measured)
Ash in coal (wt.%) =Gnh=C (measured)

Bed char flowrate (kg/h) =gz=d (measured)
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Carbon in bed char (wt.%) =gc=¢€ (measured)

Carbon in elutriated char (wt.%) =€=f (measured)

The elutriated char flowratecould not be accurately measured since a certain
percentage by-passes the cyclone and cannot leeteall The elutriated char flowrate

is therefore determined by means of an ash balance.

Elutriated char flowrate (kg/h) =de=g¢ (calculated)

ac = d(100-e) +g.(100-f)  (ash balance) (D.2.9.a)

> = 26-0(00-¢€) (D.2.9.b)
100- f

The percentage elutriated char is calculated fitoerbed and elutriated char flowrates.

Percentage elutriated char (%)  Ah (calculated)
= 9100 (D.2.9.c)
d+g

The fixed carbon conversiaos calculated by means of a carbon balance:

Fixed carbon conversion (%) Zf&epcon = | (calculated)

- (ab, - (ed+ fg)).100
= b

(D.2.9.d)

The total carbon conversida calculated by means of a carbon balance:

Total carbon conversion (%) =r&raLcon = | (calculated)
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. (ab, —(ed+ fg)).100
J =
ab,

The accuracies of the calculated fixed carbon c@mwe (Gixepcon) and total carbon

(D.2.9.€)

conversion (GotaLcon) are associated mainly with errors in the measargrof Goa,
Ggc, Cgc and Gc. Using the tolerances given in Section 3.3.3 aquhgons (D.2.9a)
to (D.2.9e), the accuracy of the calculated fixatbon conversion is estimated to be
+ 2.5%.

Appendix D.2.10: Calculation of the cold gas effieincyfce)

The cold gas efficiencyntg) is defined as the energy in the cold clean gasléd to

25°C) as a percentage of the energy in the coal.

Energy in cold gas (MJ/h) = N CVyas

Energy in coal ( MJ/h) = Ga. CVcoal

— 9% 100 (D.2.10)

Appendix D.2.11: Particle size distributions (New ¥al coal tests)
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Figure D.2.11a: Particle size distribution of New/aal coal
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Figure D.2.11b: Particle size distribution of becchar
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Figure D.2.11c: Particle size distribution of cyane char
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Appendix D.2.12: Particle size distributions (Grooggeluk coal tests)
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Figure D.2.12a: Particle size distribution of Grotegeluk coal
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Figure D.2.12b: Particle size distribution of becchar

252



APPENDIX D PILOT-SCALE FLUIDISED BED GASIFICATION
100 —
;\g 90
= 80
<
= 70
2
A [ ——Test 1
% 50
= -=-Test 2
N
= 30 Test 3
=
%’ B 1/ Test 4
ST ——Test 5
50 100 150 200 250 300 350 400
Particle size(um)

Figure D.2.12c: Particle size distribution of cyane char

Appendix D.2.13: Particle size distributions (oxygn and steam tests)
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Figure D.2.13a: Particle size distribution of coal
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Figure D.2.13b: Particle size distribution of becchar
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Figure D.2.13c: Particle size distribution of cy@ne char
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Appendix D.2.14: Gasifier temperature variation fo Grootegeluk coal
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Figure D.2.14: FBG temperature as a function of hight for Grootegeluk coal
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Appendix D.2.15: Proximate and ultimate analyses dflew Vaal and Grootegeluk

coal

Table D.2.1: Proximate and ultimate analysis of N\and GG coal

New Vaal Grootegeluk
Test condition Standard | Oxygen, air | Oxygen, air | Oxygen | Oxygen and
and steam | and steam | and steam
(Tests1-4) | (Test5) steam
Proximate analysis
Ash content (%) ISO 1171 37.50 40.70 40.40 32.60
Inherent moisture (%) SABS 925 5.91 5.70 5.80 1.90
Volatile matter (%) ISO 562 20.74 20.50 19.20 29.40
Fixed carbon (%) By diff. 35.85 33.10 34.60 35.70
Ultimate analysis
Carbon (%) ISO 12902| 44.07 39.26 42.58 52.60
Hydrogen (%) ISO 12902| 3.54 3.45 2.19 3.96
Nitrogen (%) ISO 12902 0.98 0.90 0.89 0.86
Sulphur (%) ISO 19759 0.66 0.84 0.69 1.48
Oxygen (%) By diff. 7.34 9.16 7.46 6.60
Calorific value
Calorific value (MJ/kg) | 1SO 1928 17.71 15.76 15.56 | 21.20

(All percentages are given as wt.%)
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APPENDIX E: FLUIDISED BED COAL GASIFIER MODELLING

NOTE: Symbols used in Appendix E are defined in tlbenenclature at the end of
Chapter 5.

Appendix E.1: Fluidised bed gasifier modelling liteature survey
Appendix E.1.1: Hydrodynamics

Appendix E.1.1 1: Minimum fluidising velocity

The correlation of Geldart (1986) is given by etqua(E.1.1.1a).

150(1-¢
d

p

i J
1'75)gumf2 + f : Umf = (pchar _pg)gdpgiwf (Ellla)

The correlation of Sit and Grace (1981) is giverefjyation (E.1.1.1b).

1% - 25.25) (E.1.1.1b)

0.0651d° _
U, = (%){[6384_ q Pg (pchar pg)g

ppg Hg

Appendix E.1.1.2: Bubble diameter

The correlation of Darton et al. (1977) is givendgation (E.1.1.2).
d, =0.54(U-U_)*%(z+2,)°°g™? (E.1.1.2)

Where zis found by making z = 0, replacing @ith Dgo, which is calculated by the
equation of Mori and Wen (1975) (equation (4.1Cmapter 4) and solving fogp.z

Appendix E.1.2: Devolatilisation

Appendix E.1.2 1: Correlation of Leeer a/. (1998)

Coefficients obtained for an Australian sub-bitumia coal are given in Table
E.1.2.1.
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M.
—=A,+B,T
M daf
Table E.1.2.1: Coefficients for an Australian sulBituminous coal
) Parameters
Species
Ai Bi

CO -0.102 2.168E-04
H, -0.073 8.233E-04
CH, 0.011 2.561E-04
CO, 0.039 2.999E-06

Appendix E.1.2 2: Correlation of Ma ef &/. (1988)

M _ A +BT
daf
Table E.1.2.2: Coefficients for New Mexico sub-hitminous coal
Parameters

Species

A Bi
CcoO -0.625 6.52E-04
H, -4.93E-02 5.02E-05
CH, -0.325 3.43E-04
CGo, -9.95E-02 1.43E-04
H,S -2.28E-02 2.29E-05
COoSs -2.79E-02 3.16E-06
Tar 0.1175 0
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Appendix E.1.2.3: Data of Yeboahet a/. (1980)

Table E.1.2.3: Data for lllinois No. 6 coal

Gas composition (vol.%) Temperature (K)

873 923 973 1033 1073
CcoO 12,5 141 15.5 17.0 17.9
CGO, 15.0 13.7 13.0 12.0 17.9
H, 37.1 39.8 41.6 42.8 43.6
CH, 21.8 20.5 19.1 17.5 16.8
CoHe 4.1 3.8 3.3 2.9 2.6
CsHe 3.6 3.5 3.0 2.8 2.3

Appendix E.1.3: Heterogeneous reactions

Appendix E.1.3.1: Char-steam gasification reaction

The structural factor is F(X) in equation (4.25)ieh is given by equations (E.1.3.1a)
and (E.1.3.1b).

F(X) = (1- X)*expEaX?) (E.1.3.1a)

_ 525p, 052147 puo

o= (E.1.3.1b)
1+54.3p, 1+0.707p, +0.5p)°p,, o

The term k in equation (4.25) is given by equations (E.1.8.1&.1.3.1d) and
(E.1.3.1e).

k, =L (E.1.3.1c)

259



APPENDIX E FLUIDISED BED COAL GASIFIER MODELLING

exp{9.0201— 12910] 1 PeoPr,
T pHZOKeql

kl = > (E.1.3.1d)
1+ exp{— 22.216+ 24881) 1 16357 +435Pc0
T Pr,0 H,0 Pr,0

7070 (E.1.3.1¢)

IogloKeql = 7.49—T

Appendix E.1.3.2: Hydrogen-char gasification

The structural factor is F(X) in equation (4.30pigh is given by equations (E.1.3.1a)
and (E.1.3.1b).

The term G(T, pu2 in equation (4.30) is given by equations (E.1.8.8a.1.3.2b) and
(E.1.3.20).

K =& (E.1.3.2a)
] 60
Ph, exp(2.6741— 13672) 1- f M
— T szKqu
k, = (E.1.3.2b)

[1+ Py, exp{— 10452+ 11097)}

log, K g, = —5.373+%23 (E.1.3.2c)

Appendix E.1.4: Homogeneous reactions

Appendix E.1.4.1: Water gas-shift reaction

The rate expression of Chenhal (1987) is given by equation (E.1.4.1).
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k

_ wgsb P P
Mwgs = ﬁl:Pcoszo - Tsjvg:z} (E.1.4.2)

-1510.7
kWgsb = 2.780E06ep( j

Koags = 0.0265ex;€3985'5j
Appendix E.1.5: Interphase heat and mass transfer

Appendix E.1.5.1: Interphase mass transfer

The mass interchange coefficient derived by Kund &evenspiel (1969) is given by
equations (E.1.5.1a), (E.1.5.1b) and (E.1.5.1c).

D 0.5_0.25
pﬂm:4{UWJ+53 o 9 (E.1.5.1a)
d, d.*

D u 0.5
€
Ke =678 722 (E.1.5.1b)
dy
t 1,1 (E.1.5.1c)
K be K bc K ce

The mass interchange coefficient derived by WenFard(1975) is given by equation
(E.1.5.1d).

Kpe = (E.1.5.1d)
d,
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Appendix E.1.6: Fines generation and elutriation

The terminal falling velocity of char particles cha calculated using the correlation

of Geldart (1986) given in equations (E.1.6a) &adl.§b).

0.5
_ (4dp(pchar_pg)gJ
u, =

3ngD
24
For 0 <Rg<0.4 C.=-—--
6< > Re,
For 0.4 <Rg<500 Co =1—005
(Re,)”
For 0<Rg<0.4 C, =043

Rep - pcharutdp
Hg

Appendix E.2: Fluidised bed coal gasifier modelling

Appendix E.2.1: Conversion of reaction rate units

To convert %)j in (%) to rj in (mol.ni’s™?)

dX . 1N - .. C p
——)iin (sY) is multiplied by| —charchar
(dt )iin(s7) p Y[ = j

C.
Cehar — carbon in char (Wt.%)[=¢j100
fixed ash
Clixed — fixed carbon in coal (wt.%)
Cash - ash in coal (wt.%)
pehar —  char density (kg.i)
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Appendix E.2.2: Net flow calculation

Figure E.2.2 shows a schematic diagram which raes the origin of net flow gas.
Due to char combustion, char gasification, gas astibn and coal devolatilisation,
the molar gas flow in the emulsion phase increaBased on the two-phase theory of
fluidisation, all gas in excess of that required n@intain incipient fluidisation
condition passes through the bed in the bubblegh&serefore the output emulsion
and bubble phase molar flow rates of an incremdyeélsection must be adjusted in
order to maintain incipient fluidisation conditions the emulsion phase as required

by the two-phase model of fluidisation.

, Emulsion Bubble
!
llphase : phase !
1
I ]T?)
E; <=
! t : Net flow
t t
br 1]
Char combustion (B0 [ (B, AZ,
Char gasification * Gas combustion
(Jas combustion —l Inter-phase mass
Coal devolatilisation 1 transfer
T t |
'l B, |
r=--r----- i
1 1 |
1 1 1

Figure E.2.2: Schematic representation of the twphase model of fluidisation

According to the two-phase theory of fluidisatidhe outlet gases therefore have to

satisfy equation (E.2.2a).

B _Yw_, (E.2.2a)
E +B, U

Conservation of mass requires:
E, +B, =E™ +B™ (E.2.2b)
Substituting equation (E.2.2b) into (E.2.2a) gives:
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E, =ME™ +BM™) (E.2.2¢)
Since the net flow is the gas which flows from #raulsion to the bubble phase, it
can be represented by equation (E.2.2d):

NF =EM™ -E, (E.2.2d)
Substituting equation (E.2.2c) into equation (Ed2.8ives the final equation to

calculate the net flow of an incremental bed sectio
NF = (1—7M)E|bnf —xBf’“f (E.2.2e)
In differential form equation (E.2.2e) becomes:

dA df;.  d/ df
=] f = [ -[-2].f) —[=2]A E.2.2f
g R b e b L P ( )

_dNF _ dff
dz dz

NF;

Appendix E.2.3: Gasifier overall carbon balance

The calculation of the overall gasifier carbon bakand selection of a new value of

fixed carbon conversion (X) for the next iterationp is shown below.

Input data

The guessed value of fixed carbon conversion (X&P.800

Coal flow (Goay= 19.6 kg/h

Total carbon in coal (C) = 52.93 wt.%

Fixed carbon in coal (fxeq) = 38.1 wt.%

Based on the above: Total carbon input = 0.240 snéiXed carbon input = 0.173

mol/s.

Molar gasifier output flows of the gas componentsaalculated by the model using a
fixed carbon conversion of 0.800.

fgco2 = 0.100 mol/s

fgco = 0.086 mol/s

fgcha = 0.013 mol/s
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fgn2 = 0.107 mol/s
fgn2 = 0.207 mol/s

The output carbon flow is therefore:
(0.100 + 0.086 + 0.013) = 0.198 mol/s

The calculated fixed carbon conversion is therefore
X(calc) = 0.756

The new guessed value of the fixed carbon conversiacalculated by taking the

average between the previous guessed value amdltheated value.

(X(k) + X(calc)

X(k +1) = =0.779 (E.2.3a)

The above procedure is repeated until:

X(k+1) — X(K) < & (E.2.3b)

Where g is the convergence criteria for fixed carbon cosion.

Appendix E.2.4: Gasifier overall energy balance

In order to calculate the rates of heterogeneoesnatal reactions and the yield of
volatiles, it is required initially to guess a valtor the solids temperaturesTOnce
the fixed carbon conversion has been obtained lyngopthe inner loop calculations
as given above, an overall energy balance is caoug over the bed to obtain a new
solids temperature. The energy balance for Tesh 4Smotegeluk coal is given in

Table E.2.2 as an example.

Input flows are:

Coal flow: 19.6 kg/h

Steam flow: 15 kg/h

Oxygen flow: 7.6 kg/h

Air flow: 26.9 Nnv/h

Reactant temperature (steam + oxygen + air): °Zr4
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Table E.2.1: Gasifier heat inputs

Energy input (MJ/h)

Calculation (MJ/h)

Calculated
value (MJ/h)

Potential energy in coal & CVeoal 420.2
Sensible energy in oxygen o081 000/32)6oAT-25)/1E-06 1.8
Sensible energy in air £&21 000/28.84)g.i(T,-25)/1E-06 7.0
Sensible energy in steam st&a(1 000/18)gsteam(T-25)/1E-06 7.3
Latent energy in steam S@mAHOevap 36.7
Total 472.9

The gasifier heat outputs are based on the follgwuriput values:

Dry gas calorific value
Dry gas flow

Wet gas flow

Char flow

Carbon in char

Calorific value of carbon in char

Heat losses
Heat capacity of bed char

Heat capacity of wet gas

Table E.2.2: Gasifier energy outputs

5.80 MJ/Nim
41.3 Nrith
58.9 Nith
8.02 kg/h
22.5 wt.%
30 MJ/kg
44.2 MJ/h

1.19 kJ/(kg.°C)
1.618 kJ/(\i@)

Energy input (MJ/h) Calculation (MJ/h) Vgﬁlgléﬁf]e/ﬂ)
Potential energy in gas NEQCVyas 239.6
Potential energy in bed char 8&X(Cehal100).CVec 54.3
Sensible energy in bed char sd@ec(Ts25) /1 000 9.1
Sensible energy in gas WNRQC,(Ts-25)/1 000 91.1
Latent energy in water in gas (WNQ Nans)(44.64)(0.01£’z)‘H°evap 34.6
Energy losses Q 44.2
Total 472.9
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Since the solids temperature and the gas temperatarequal at the top of the bed

the solids temperature can be obtained by solviugigon (E.2.4a).

Ql _(NansCVgas-'-GBC(icohngVCC + (WNQaS_ NQQaS) @4619 (CD]'SA Hg"ap-i- J

GBCCpBC + WNQas Cpg
100( 100(

+28

T,(calc)=

(E.2.4a)

Using the above values giveg(dalc) = 980 °C. The guessed value @fiff Tg(l) =
970. The new guessed value gfsTgiven by equation (E.2.4b):

T (1+1)= (21.0) +3TS(Ca'C) =973.1 (E.2.4b)

Equation (E.2.4b) shows that the new guessed a&lie 1)) is weighted towards the
previous guessed valued(l)) in order to prevent the new guessed value flming
too high or too low and thus being outside thediliof the kinetic equations and

resulting in numeric overflows or underflows.

The above procedure is repeated until:

Ts(I+1) — ToK) < ers (E.2.4c)

Where g is the convergence criteria for the solids temipeea

Appendix E.2.5: Transport and thermodynamic propertes

Appendix E.2.5.1: Gas viscosity

The correlation of Rohsenow and Hartnett (1973) wsed to estimate the pure gas

component viscosities and is given by equation.fa)y
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M =3 +B R (Ty) (E.2.5a)

The viscosity of a gas mixture is estimated from plure gas component viscosities
using equation (E.2.5b). Equation (E.2.5b) is apéiied version of the rigorous
estimation method of Wilke (1950). The difference the estimated gas mixture

viscosities using the simplified and rigorous methe less than 2%.
7
= z u;y;

yi - mole fraction of gas component i in the gas nmtu

(E.2.5b)

The coefficients ab, and K{Tg) in equation (E.2.5a) are given in Table E.2.3.

Table E.2.3: Coefficients used in estimating pureomponent viscosities

Components 3 bi Fi(To) Range(:) (f:)v alidity
0, 150.3 0.3265 F273) 500 — 1 350
N, 0.0 5.950 (+273P°% 500 — 1 350
CO, 131.5 0.2611 F273) 500 — 1 350
H,O 0.0 0.4465 (F-273) %> 500 — 1 350
H, 60.6 0.1415 (F-273) 500 — 1 000
CO 0.0 6.868 (F-273)°% 500 — 1 350
CH, -613.2 127.8 Ln(F273) 500 — 1 000

Viscocity (kg.ni's

Appendix E.2.5.2: Gas thermal conductivity

The data of Rohsenow and Hartnett (1973) were usedstimate the pure gas

~—

component viscosities and are given by equatio?.%E).

kgi =a, +b F(T)) (E.2.5¢)
The viscosity of a gas mixture is given by:

7
Ky = Zkgiyi (E.2.5d)

yiis the mole fraction of gas component i in the magure.
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The coefficients @b, and F{Tg) in equation (E.2.5c) are given in Table E.2.4.

Table E.2.4: Coefficients used in estimating ga®mponent thermal

conductivities*
Components ax 10 b x 10° Fi(Ty) Range(:)é)validity

O, 1.77 5.346 (]+273) 427 -1 227

N, 2.028 4.254 (a'+273) 427 -1 227

co, 1.814 4873 F273) 827 — 1350

H,0 71.949 10.84 F273) 427 - 1027

H, 8.588 34.24 (a'+273) 427 - 923

CO 1.640 4.814 (q'ﬁ-273) 427 -1 227

CH, -5531 22.40 (a'+273) <773

Thermal conductivity (J.is K™

Appendix E.2.5.3 Gas heat capacity

The mean gas heat capacities were obtained fronelatbons given by Reiét al

(1977) and are expressed by equation (E.2.5e).
Coi =& +BF(T,) (E.2.5e)

The mean gas heat capacity of a gas mixture isidgye
7
Cogi = Zcpgiyi (E.2.5f)

yi - mole fraction of gas component i in the gas nmmxtu

The coefficientsiab and KTg) in equation (E.2.5e) are given in Table E.2.5.
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Table E.2.5: Coefficients used in estimating ga®mponent heat capacities

Components 2 b x 10° Fi(Ty) Range of validity
(°C)
0, 31.34 1.360 (F273) 900 — 1 100
N, 28.83 1.920 (F+273) 900 -1 100
CGo, 39.64 8.102 (F+273) 900 -1 250
H,O 31.33 5.746 (d+273) 900 -1 250
H, 26.83 2.440 (§+273) 900 -1 100
CcoO 29.30 1.820 (F273) 900 -1 100
CH, 35.40 19.99 (F273) 900 — 1 250

! Mean gas heat capacity (J.migl

~—

The mean specific heat capacity is an integratedaaye of specific heat between any
given temperature and the base temperature@5Multiplying the mean specific
heat capacity by the temperature difference betveagngiven temperature and the
base temperature gives the amount of heat reqtoredise the temperature of one
mole of gas from the base temperature to the spddémperature.

Appendix E.2.5.4 Solids heat capacity

The mean solids heat capacities were obtained [itay and Gambill (1980).

Cosk = & + b F(Ty) (E.2.50)

ps

The mean gas heat capacity of a solids mixturezendoy:
2

Cps = D, CogMy (E.2.5h)
k

Mk - mass fraction of solid component k in the sohdsture.

The coefficients @ b and k(Ts) in equation (E.2.5g) are given in Table E.2.6.
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Table E.2.6: Coefficients used in estimating solidomponent heat capacitie’s

3 Range of validity
Components ax 10 b Fu(Ts) .
(°C)
Fixed carbon -0.844 343.7 LT 200 -1 093
Ash 0.915 0.294 g 200 -1 093

'Mean solid heat capacity (J:Kg™)

The mean solids heat capacity is an integratedageeof specific heat between any
given temperature and the base temperature @5Multiplying the mean specific
heat capacity by the temperature difference betveagngiven temperature and the
base temperature gives the amount of heat reqtaresdse the temperature of 1 kg of
solid from the base temperature to the specifiegperature.

Appendix E.2.5.5 Heats of reaction

Heats of reaction were obtained from Liley and Geéinit©80) and are given in Table
E.2.7.

Table E.2.7: Heats of reaction

Reaction _
Equation ‘ ‘ AHY;

number Reaction equation

_ number (J/mol)

)

1 (4.13) | C+0, > 2(1-9)CO+ (29 -1)CO, 2(1-¢)(111500)

. - + -
o2 ? ? L2 ¢ -1)(393500)

2 @14) | C+HO >  CcO+h 131 300

3 @15 | C+CO > 2co0 172 000

4 @.16) | C+ 21 >  CH, 74 800

5 @31 | CO+tH0 > CO+h 41 200

6 432) | CO+%O >  CO -283 000

7 @33 | B+%0 >  HO 241 800

8 434) | CH+20, >  2R0+CO -802 000

0] Combustion product distribution coefficient (& < 1)
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Appendix E.2.6: Reactions for the formation of sydhur and nitrogen-containing

species in the gas

S+H > H.S (E.2.6a)
S+0 > SO (E.2.6b)
H)S+CQ >  COS+HO (E.2.6¢)
HS+3Q > 2SO +2H0 (E.2.6d)
N, + O, >  2NO (E.2.6€)
NO +3/2HO >  NHs + 5/4G (E.2.6)

N,+32Hh >  NHs (E.2.69)

Pintoet. al (2012).

Appendix E.2.7: Deviations between predicted and easured gasifier

performance variables

40
35
30

20
15

10

Sum of T, X and CV deviations (%)

25 -

——Grootegeluk coal -=-New Vaal coal

AN /

15 25 35 45 55 65 75
Heat losses - Q (MJ/h)

Figure E.2.7: Effect of Q on sum of performance w@ables deviation
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Appendix E.2.8: Estimation of fluidised bed heat lseses

As shown in Figure E.2.8 heat losses from the ibaid bed consist of:

» Heat transfer through the furnace wall
* Heat transfer through the distributor plate

* Heat transfer from the bed to the freeboard

Heat transfer to
xwy, = 0.175m, kw;=2.5W/mK freeboard
xw3 = 0.175m, kw;=0.8 W/mK

xws = 0.05m kws = 0.2 W/mK

Castable refractory

Fluidised bed Insulating refractory
Insulation board
D ——
Heat transfer through Heat transfer through

furnace wall furnace wall

Heat transfer through
distributor plate

Figure E.2.8: Diagrammatic representation of fluidsed bed heat losses

Heat transfer through the furnace wall

Heat transfer through the refractory furnace watl@inters five thermal resistances:

Forced convection from the fluidised bed to thedesvall of the gasifier.
Conduction through the castable refractory layer.

Conduction through the insulating refractory layer.

P w0 nd P

Conduction through the insulation board.
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5. Radiation from the outside wall of the gasifiethe surrounding air.
The heat transfer coefficient for each thermal stesice, the temperature at the
interface of the resistances and the heat traesfehrough each resistance is given in

Table E.2.8.

Table E.2.8: Heat transfer through the wall of thegasifier

Heat Thermal Heat Inside Outside Heat
transfer | conductivity | transfer temperature | temperature | transferred
resistance] (W.m*K™® | coefficient | (°C) (°C) (W.m™>)
(W.m23K™)

1 - 90.0 945 930 1425

2 2.5 14.3 930 831 1425

3 0.8 4.6 831 519 1425

4 0.2 4.0 519 163 1425

5 - 10.7 163 30 1425

The forced convection heat transfer coefficientweetn the fluidised bed and the
furnace wall (90.0 WiiK™) is given in Geldart (1986).

The heat transfer coefficient of the refractory amsllating board layers (resistances
2 to 4) were calculated using equation (E.2.8apmiin Coulson and Richardson
(1977).

h,,; = Swi (E.2.8a)

Xwi
Fori=2, 3 and 4.

The thermal conductivity and thickness of the rettvey and board layers are given in
Figure E.2.8 above. The thermal conductivities westmated using the Vereeniging
Refractories Technical Data Book (2013) for typicaktable, insulation and board
products. The Vereeniging Refractories Technicabh®ook was used since records
of the products used by the contractor in 1995 wtienfurnace was constructed
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could not be found. The radiative heat transferffwent (resistance 5) was
calculated using the Stefan-Boltzmann equation .8B)2 given in Coulson and
Richardson (1977).

hy,s = ge(Tt —TF) (E.2.8b)
o - Stefan-Boltzmann constant (5.67E-08)

e - Furnace wall emissivity (0.9)

Tw ) Temperature of the furnace wall (436 K)

Ta ] Ambient temperature (303 K)

In order to calculate the heat transferred throtighgasifier wall as given in Table
E.2.8 (1 425 W), an energy balance is carried out by equatinghéat transferred
through each of the five thermal resistances. Téat bbalance produces five linear
equations with the unknowns in the equations béivegtemperatures between the
thermal resistances. Solution of the equationssgilie interface temperatures which
allow calculation of the heat transferred usingagiun (E.2.8c).

Hy = hyi(T; — Tg_p) = 1425 W.nif (E.2.8¢)

The total heat transfer through the wall of theifgasis calculated using equation
(E.2.8d).

Qw = H,A,, =4700W (E.2.8d)
Am - logarithmic mean surface area

Ay, =2t (E.2.8¢€)
Ain = internal surface area of gasifier bed section

Aex = external surface area of gasifier bed section

A = 4[AgH, (E.2.8f)
Ag = gasifier area in the bed section =0.04 m
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Aex = 8(XW2 + XW3 + xW4)—\/ABHb (EZSg)
Hp = average dynamic bed height =1.46 m

Xwz, 3.4 =  thickness of refractory and board layers (see EiguR.8)

Heat transfer through the distributor plate

Heat transfer through the distributor plate of thenace encounters three thermal
resistances.
1. Forced convection from the fluidised bed to theidaswall of the
distributor plate.
2. Conduction through the stainless steel distribptate (10 mm thickness).
3. Radiation from the outside walls of the distribyptate to the surrounding
air.

The heat transfer coefficient for each thermal stasice, the temperature at the
interface of the resistances and the heat traesfenrough each resistance is given in
Table E.2.9.

Table E.2.9: Heat transfer through the distributor plate of the gasifier

Heat Thermal Heat Inside Outside Heat

transfer | conductivity | transfer temperature | temperature | transferred

resistance| (W.m™K™) | coefficient | (°C) (°C) (W.m™>)
(W.m?K™

1 - 90.0 945 614 30 200

2 45 4500 624 607 30 200

3 - 10.63 607 30 30 200

The convective heat transfer coefficient betweenfllndised bed and the distributor
plate (90.0 W.iK) is given in Geldart (1986).

The heat transfer coefficient of the distributoatpl was calculated using equation
(E.2.8h), (Coulson and Richardson, 1977).
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hy, = Kaz =35WmTKT 4500 Witk ! (E.2.8h)
X4z 0.01m
Ko = Thermal conductivity of the distributor plates(4v.m*K™)

Xd2 Thickness of the distributor plate (0.01 m)
The radiative heat transfer coefficient (resistaBtavas calculated using equation
(E.2.8i).

hgs = oe(T; — T2 (E.2.8i)
Tyq Outside temperature of the distributor plg&80 K)
Ta Ambient temperature (303 K)

The heat transferred through the distributor piatgiven by equations (E.2.8j) and
(E.2.36).

Hy = Hy(T; — Tg_p) = 30200 W.ri (E.2.8))
Qu=HAs = 3800W (E.2.8K)

Heat transfer from the bed to the freeboard

Heat transfer from the bed to the freeboard ofgtsfier consists of thermal radiation
from the bed to the freeboard and was calculatedywesjuation (E.2.8l). It is assumed
that the bed and the freeboard are parallel sisfaeparated by a distance of two

metres and that the area factof)(i5 equal to 0.8 (Hsu, 1962).

Qsp = AgFaoe(Ty —T7,) = 1700 W (E.2.8I)

Th = average bed temperatufE218 K)

Th = average freeboard tempeeatur(1033 K)

Ag = bed area at the top of the bed (EnH%

Fa = area factor for radiative heahsfer between parallel surfaces (0.8)
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Using equations (E.2.8a) — (E.2.8l), the heat tmsaponents and the total heat losses

can be calculated and are given in Table E.2.10.

Table E.2.10: Fluidised bed gasifier heat losses

Heat Effective | Heat transferred
Heat loss component transfer area (m) | kw MJ.h?

coefficient

(W.m?)
Heat transfer through the furnace wall 1400 3.24 7 4|17.0
Heat transfer through distributor plate 30 200 0.1 3.8 13.8
Heat transfer from the bed to the freeboard 54 000 | 0.032 1.7 6.2
Total fluidised bed heat losses 10.3 | 37.0

Due to the uncertainties associated with the vabfidise thermal conductivities of the
refractories used in the furnace and the arearfdotathe calculation of the bed to
freeboard radiation heat losses, the estimated emrdhe heat loss calculation is
+25%.The estimated total heat loss from the fl@dibed is therefore:

Qw+04+0¢p).36
Q = (Qw+Qa+Qp) = 37.0+9.0 MJh
10000
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